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ABSTRACT

Computer simulations have shown that membrane separation processes can be used

effectively to remove CO2 from exhaled air in an underwater breathing apparatus. Membrane

separation processes are based on the selective permeation of the components of a gas mixture

through nonporous polymer membranes.

A pevmeator module provided with membranes in the form of asymmetric or "composite"

hollow fibers is best suited for CO2 removal from exhaled air. The operation of such a

permeator, designed to reduce the CO2 conc.:ntration in exhaled air from about 4 mole-% to

1 mole-%, has been simulated in order to determine its optimum dimensions and membrane area

requirement. The exhaled air will flow in such a permeator in an axial direction irside the

hollow fibers, while the external surface of the fibers will be in contact with sea water. The

fraction of the exhaled air permeating through the hollow fibers (the "permeate") will be

enriched iu CO 2 which will be dissipated in the sea water.
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SUMMRY

omputer simulations have shown that membrane. separation processes can be

used effectively to remove, CO 2from exhaled air in an underwater breathing

apparatus. Membrane separatioil processes are based on the selective permeation

of the components of a gas mixture through nonporous polymer membranes,

"IAA permeator module provided with membranes in the form of asymmetric or

"composite" hollow fibers is best suited for COQ removal from exhaled air. The
2

operation of such a permeator, designed to reduce the CO2 concentration in
2

ext-aled air from about 4 mole-Z to i mole-%, has been simulated in order to

det ;rmine its optimum dimensions and membrane area requirement. The exhaled

air will flow in such a permeator in an axial direction inside the hollow

fibers, while the external surface of the fibers will be in contact with sea

water. The fraction of the exhaled air permeating through the hollow fibers

(the "permeate") will be enriched in CO'2 which will be dissipated in the sea

WYater. 2

It was assumed that the hollow fiber membranes will ýe mad' from either

ethyl cellulose or an acrylonitrile/butadiene copolymer, and that their /
effective thickness will be 1000 A. For an exhaled air rate of 60 ltr(STP)/

Virjf (corresponding to a medium diver work'-load), the required membrane

area will be only about 14 ft2 if the membrane is made of ethyl cellulose.

2 3
Assuming a conservative fiber-packing density of 1000 ft /ft , this membrane

area can be housed in a cylindrical permeator only 1.75" (4.44 cm) in diame-

ter and 9.6" (24.4 cm) long. The dimensions of the hollow fibers will be

0.0275" (0.07 cm) I.D. and 0.0315" (0.08 cm) O.D. The pressure drop in the

permeator will be less than 4cm-H 2 0.

Hence, hollow-fiber permeator modules will be much more compact and

lighter than the soda-lime canisters used at present for CO2 removal.
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I. INTRODUCTION

The general objective of this project is to develop a membrane separation

process for the removal of CO2 from exhaled air in an underwater breathing

apparatus (UBA). Membrane separation processes are based on the selective

permeation of components of a gas mixture through nonporous membranes, which

are commonly made of polymeric materials. The process under consideration in

this study is required to reduce the CO2 concentration in exhaled air from

4 mole-% to less than I mole-L. The CO2 removal is to be performed in a

permeator module using "asymmetric" hollow-fiber membranes as separation

barriers, because a very large membrane area can be packed per unit volume in

such modules. A simplified diagram of the CO2 removal process is shown in

Figure 1. The feasibility of the process has been investigated by means of

different computer simulations.

The following studies have been performed since the previous progress

report was filed:

I. A computer program has been developed to simulate the removal of CO2

from exhaled air in a hollow-fiber permeator operating under realistic "cross-

flow" conditions. In this permeator, exhaled air (the "feed") is taIen to flow

inside the hollow fibers, whereas the permeated gas emerges from the hollow

fibers in a direction perpendicular to the feed flow (see Appendix I). The

permeated gas, enriched in CO2 # is dispersed in sea water, which will be in

contact with the external surfaces of the hollow fibers. The pressure drop

occurring inside the hollow fibers has also been computed.

The simulation described in the previous report aBBsued flat-sheet



membranes, simplified "perfect-mixing" condit.ions in the feed and permeate

streams, and negligible pressure drop in the permeator.

2. More realiable values of membrane permeability and selectivity to C02,

02 and N2 were used in the new study. In earlier studies the membrane was

assumed to be made from cellulose acetate, and the values of the permeability
coefficients for CO., 02, and N2 in This polymer were taken from the Polymer

Handbook (1), a well-known reference text. However, an examination of the

literature and discussions vith an industrial organization indicated that the

selectivity of cellulose acetate toward Co2 relative to 02 and N2 was lower

than indicated in the above Handbook. Therefore, membranes made of polymers

other than cellulose acetate were considered for CO2 separation.

3. The effects of diving depth on the membrane area requirement were

investigated. The rates of gas permeation of the components of exhaled air

depend strongly on this parameter. Depths from S to 100 FSW were assumed in

the computations, A depth of 10 FSW was taken for the calculations of membrane

area requirements and of 02 loss.

4. The concentrations of CO2 , 02 and N2 dissolved in sea water, and

their effects on the CO2 separation process, were taken into consideration in

the new process simulations.

The results of this study are discussed below.

II. DESXGNI OF PERMiEATOR flODULE

A. Qqneral Consldgrat~ioqgs

Excess CO2 will be removed from %*.:,, •.•.•led air in a hollovfiber

pormeator mdule. A diagram of such a permeator is shown in Figure 2. The

permeator, as rodifled for the present application, will consist of a light-

weight cylindrical vessel containing a bundle of hollow fiber membranes. Both
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ends of the hollow fibers will be "potted" (encased) in tube sheets, or

"headers", made of epoxy resin. The section of the cylindrical vessel between

the tube sheets will be perforated in order to allow sea water to contact and

circulate around the hollow fibers.

Exhaled air (the "feed") will enter one end of the permeator module as

shown in Figure 2, and will flow inside the hollow fibers in an axial

direction. A fraction of the feed gas will permeate through the walls of the

hollow fibers and dissolve in the sea water surrounding the fibers. The

permeated gas (or "permeate") will be enriched in CO2, because the

permeability of the hollow fibers to CO2 will be higher than to the other

components of exhaled air, i.e., mainly 02 and N2. The unpermeated gas

remaining inside the hollow fibers (sometimes called the "retentate") will be

depleted in CO2, the partial pressure of CO2 decreasing from the inlet to

the outlet of tte permeator. The permeate can be visualized as flowing in a

direction perpendicular to thK feed flow, as is shown in Figure 3. This flow

pattern is known as "cross-flow."

The amount of CO2 removed from the exhaled air by selective permeation

through tht hollow fibers will depend on the following factors (see Appendix

S~II):

i. The composition of the feed (i.e.. of the exhaled air).

2. The nature of the polymer from which the hollow fibers are made.

3. The concentration of CO2 inside and outside the hollow fibers;

the difference in these concentrations is the driving force

for peimeation.

4. The temperatire.

B. Description of Hol lw-Fiber fte branes

The hollow-fiber membranes will be awvmLgetriS (anisotropic) in a
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direction perpendicular to their surfaces. Asymmetric membranes consist of a

highly porous substrate which is 3-6 mul (76.2-IS2.4 ;im) thick and is provided

with a very thin nonporous surface layer, or "skin", cf. Appendix IL. The gas

separation process occurs almost entirely in the nonporous skin, whose

thickness can be reduced to as little as 2 to 6 x i- mil (500 - ISO0 A).

The porous substrate serves as a support for the denser skin. Hence, the

mechanical properties of an asymmetric membrane are essentially those of its

substrate, whereas its gas separation properties (gas selectivity and

permeability) are determined by the skin. The presence of pores or pinholes

in the dense skin is undesirable because they greatly decrease the membrane

selectivity toward different gases.

In some types of asymmetric membranes, the skin is an integral part of

the substrate layer, e.g., in cellulosic membranes. In other types of

asymmetric membranes, known as "composite membranes", the akin and its

substrate are made from different polymers. The gas separation and mechanical

properties of such membranes can be optimized separately (see Appendix I1).

The use of membranes in the form of as-ymmetric hollow fibers (FWures 4a

and 4b) has two important advantages:

1. The rate of gas permeation through a nonporous membrane is inversely

proportional to its effective thickness, as is shown below. Since the

,,ffe.tive thickness of an asymmetric membrane is that of Its dense skin, which

ýs very thin, the rate of permeation per unit membrane 4rea can be large.

2. The fact that asymmetric membranes can be produced in the form of

small-bore hollow fibers makes it possible to pack very large membrane areas

2 3in U=11 volumes (3000 to 8000 ft /ft , depending on the fiber diameter and

packing density). Hence, hollow-fiber perneators are very compact.

The dense skin is usually formed on the feed-side of the hollow fibers.
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Hence, in the present application the skin will be on the internal surface of

the hollow fibers, cf. Figure Ab.

C. Mechanism of Gas Permeation

Gases permeate through nonporous membranes by a "solution-diffusion"

mechanism, which has been discussed elsewhere (2,3) and is also described in

Appendix II.

The permeation of a gas through a nonpv.rous membrane can be generally des-

cribed by Fick's laws (2,3). The steady-state rate of gas permeation, Qs

through a long hollow cylinder, such as a hollow-fiber membrane, is then given

by the isothermal expression:

2v L(c -c

Qs D -iRoRI 2 l

0~ D- 2 1. Ij

where D is the mutual diffusion c)efficient for the Rae/membrane system of

interest; L Is the length of the hollow fiber:. R0 and RI are the outer and

inner radii of the hollow iiber, respectively; cN and cM (<cM) are the

penetrant gas concentrations of the outer and inner surfaces of the hollou

fiber, respectively. D is asRed here to be independent of the penetrant

concentration•, and superscript M refers to the hollov-fiber membrane.

U.hen the hollow fiber is asymmetric, as vill be the case in the present

application, the radii of interest are those of the dense sXin. Since this

s¶kin is very thin, i.e., 1/R I, the denominator in eqn. (1) can be expanded

in series:

-=RI +[vR1-s3- .. 2)

where 6(=R- - Ri) il the thickness of the dense skin. Equations (M) and (2)

then v'ield:
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" 2R1RL N N DA
08 V.,D = (e-c _ C)= DA -(ell _cl) (3)

where A(=2s RIL) is the inner surface area of the dense skin.

In the present application the penetrant gas will be exhaled air (the

feed) which will flow inside the hollow fibers in an axial direction. As

mentioned earlier, the dense skin will be formed on the inner surface of the

hollow fibers. Let the local concentration of any component i of exhaled air

(0 2 N2 , or CO2 ) dissolved in the skin at the feed-side interface be denoted

Mf
CFi, cf. Figure S. Let also the local partial pressure of component i in the

exhaled air be p,'xi, where p. is the total local pressure of the axhaled air

inside the hollow fibers, and xi is the local mole-fraction of component i in

the exhaled air. If solution equilibrium is established between component i in

the exhaled air and in solution In the dense skin at the feed/skin interface,

one can write the isothermal relation:

H
C F,1 (Sip.xi), (4)

where Si is a solubility coefficient which depends only on the nature of

component I and the dense akin, and on temperature.

The outer surface of the hollov-fiber membranes will be in contact with

uoa water, which will also impregnate the porous substrate of the hollow

fibers. Consequently, the outer surface of the dense skin will also be in

contact with sea water. It shoild be noted that this wwrface is also the

interface between the skin and its porons substrate. Let the concentrations

of component I dissolved in the dense skin and in sea water at the skin/sea-
N a~d SW

water interface be denoted CH, and c respectively. One can then write

the equilibrium relation, cf. Figure 5:

H K SW (S)
Pi I pt'
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where Ki is a partition coefficient. KI will also depend on the nature of com-

ponent i anO, of the skin, and in temperature. Equations (3)-(S) then yield:

2iiR LD S SW Mn LD S

Q (S2P K P - WR SW) (6)

S~SW

The concentration CpVo cannot be measured, particularly since the dense

skin of an asymmetric membrane may not have a distinct interface with its

SWporous substrate. Therefore, it will be assumed that cp,, will he identical

with the concentration of component i in bulk sea water, cf. Figure S. Hence,
SW

cpSW will depei4d on the solubility of component I in sea water, on its partial

pressure in the atmosphere, on the temperature of sea water, on the salinity

of the water. and on depth. Therefore, it is possible to assume the relation,

cf. Figure 5:

SWcp,i I iPatm.YI'Aatm

where pata is the atmospheric pressure; y IAtm is the sole-fraction of

component I in the atmosphere, and HI is a suitable soltaility coef.icient.

The solubility of i (02* N2. CO2 ) in sea water probably will be within

Henry's law limit. Equations (G) and (1) theoo yield

1"PRIL _. ()

SSi " i a 'p -iiPatmyi.yatz''

where PI(RD IS) is a permeability coefficient. and K1 HiKI/S,

Let component I be CO It is evident that the rate of CCL permeation

through hollow fiber membranes will be large if:

a) DCO2 a SCO2. and hence PCy . are large.

b) RC02 and KC0O2, and hence Ký02, are smel.

0 The de:se skin is very thin, I.e., 6 is very small.

Horeover. the skin substrate must be highly porous irn order to permit
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easy circulation of the sea vater to 4nd from the permeate-side of the dense

skin. rhis could besc be achieved with "composite" hollow fibers.

III. SELECTION OF MEMBRANE MATRIQAL

In a previous simulation of a membrane process for the removal of CO2

from exhaled air it was assumed that the membranes will be made from cellulose

acetate (4). T1.e Pclymer Handbook (1) cites the following values of the per-

meability coefficients for CO2, 02, and N2 in cellulose acetate at 30°C:
-- 10 3 2.

PC0 2 = 22.7 x 10 cm (STP)-cm/(s-cm 2cmlg)

PO2 = 0.78x0' 0  "

PN2  = 0.28 x 10-10

The selectivity of cellulose acetate toward CO relative to O and N2 N.2'

respectively, is then given by the respective ideal separation factors:

C(0 2 / 2 O / PCO2/P0 2 - 29.1

&'(CO 2IN 2) P.oP'2 - 81.1

However, an examination of the literature has indicated that the- above

selectivities are too high because the permeability coefficient for CO2 was

not obtained with the same type of cellulose acetate as the per•eability

coefficients for 02 and N2 (S). gore recent publications indicate that

xO(C0 2 •0 2  7.3 and a91CO2IN2) = 21.7 for an unspecified type of cellulose

acetate at 2SC. These lover selectivities were confirmtd by an industrial

manufacturer of cellulose acetate membranes.

The literature also shows that the following polymer membranes have

selectivities toward CO2 , reiative to 02 and N., comparable to those of

cellulose acetate, but have much higher gas permeabilities:
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Permeability Coefficient,
x Po e1 "x EM3(SP)cm/(s-cm2.cmHg)]

Ethyl cellulose (ethoxy 49.5%) (6) 113.0 14.7 4.43

Acrylonitrile/butadiene block 30.9 3.84 1.1
copolymer (7)

The above data are for a temperature of 250C. The corresponding

selectivities are:

Polymer xsiCA) •(C02 1N2o )

Ethyl cellulose (ethoxy 49.S%) 7.7 25.5

Acrylonitrill'/butadiene block 8.0 28.1
copolymer

The above two polymers have been considered in the following calculations

as materials for the preparation of composite hollow fibers for CO2 removal

from exhaled air. It should be noted that ethyl cellulose is a glassy polymer

at ambient temperature, whereas the A/B block copolymer is in the "rubbery"

state. Therefore, these two materials have significantly different mechanical

properties.

IV. PROCESS SI.MULATIONS

A. Objectives

The objectives of the process simulations were as follows:

i. To determine the membrane area required to reduce the CO2 content in

exhaled air from about 4 mole-% (more exactly 3.93 mole-1) to I mole-Z in a

permeator module with asymmetric or "composite" hollow fiber membranes.

2. To determine the dimensions of the permeator module required to

perform the above separation.

3. To determine the loss of oxygen in the permeator module.
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4. To determine the inner ditmeter ff the Yallow fibers necessary to

reduce the axial pressure drop across the permeacor module to required

specifications. (4 cm-H2 0 medium load) (8).

B. Basis of Calculations

The composition of exhaled air at the inlet of the permeater module, i.e,

in the feed, was taken to be as follows (8):

Component Hole-fraction, y!

CO2  0.0393

02 0.1675

N2  0.7763

H20 vaone- O.0177

1.0000

The feed is assumed to be so'-urated with water vapor at 2S°C. Since the

permeate-side of the hollow fihers will be in contact with sea water, the

activity o, .- k will be. approximately the same on the two sides of the hollow

fibers. Consequently, no significant transfer of H2 0 is expected to take place

from the permeate-side to the feed-side of the hollow fibers or vice versa.

The concentrations of CO2, 02, and N2 in sea water at a depth of 10 FSW

were calculated to be as follows (in terms of mole-fractions and partial

pressures):

Component Mole-fraction Partial Pressure (bars)

CO2  5.85 x i0-4 7.78 x 10-4

02 2.28 x 10-S 3.04 x 10-5

N2  1.025 x 10-5 1.36 x iO5

It is seen that the concentration of the above gases in sea water is

negligibly small comoared to that in exhaled air.

It was assumed thet the CO2 concentration in the exhaled air at the



outlet of the permeator module is reduced to I mole-Z. The air is theu

recycled to the diver. The flow rate of exhaled air into the permeator was

taken to be 1,000 cm3 (STP)/s, and the effective membrane thickness, i.e., the

thickness of the dense skin, was taken to be 1000 A.

V. DISCUSSION OF RESULTS

A. Process Simulations

The results of the process simulations are presented graphically in

Figures 6 to 18. The results obtained for ethyl cellulose membranes are

presented first in Figures 6 to 12, which are discussed below.

Figure 6 shows the membrane area required to reduce the CO2 content of

exhaled air from about x0  0.04, or 4 mole-%, to lower values; xo is theC02  C02
mole-fraction of CO2 at the permeator outlet. The membrane area is seen to

increase sharply as the CO2' concentration remaining in the exhaled air is

decreased. However, due to the high rate of CO2 permesition through asymmetric

hollow fibers made of ethyl cellulose, only about 14 ft2 will be required to

reduce the CO2 concentration to xo0  0.01, or I mole-Z. This membrane area

can be packed, as will be shown below, in a very small permeator module.

Oxygen and nitrogen will permeate through the hollow fibers together with

CO2, albeit at a much slower rate, cf. Section III. Consequently, some of the

02 in the exhaled air will be lost in the permeate. Figure 7 shows the -O2

,,ort as the concentration of CO2 in the exhaled air is decreased. For example,

when the CO concentration at the permeator outlet is reduced to x0  0.02,
2 C 02

or 2 mole-Z, the 02 loss will be about 8.22. The 02 concentration in the

exhaled air will then be reduced from xI = 0.167S at the permeator inlet to
02

0.S42 at the outlet, When the CO2 content is reduced to xC0  0.01,
22C 2

or I mole-Z, about 17Z of 02 will be lost. This loss will have to be
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compensated with stored oxygen. The loss of oxygen could be reduced by using

hollow-fiber membranes made from polymers which exhibit a higher selectivity

for CO2 relative to 02? as is shown in a following section.

Figure 8 shows the concentration of CO2 in the exhaled air at the

permeator outlet (xc0  ) as a function of the "stage cut", i.e., the fraction
C02

of the exhaled air (feed) permeating through the hollow fibers. It is seen

that a stage cut of about 0.10 is required to reduce the CO2 concentration to

X0 0.01.

Figures 9, 10, and 11 show the concentrations of 02, N2, and H 0 vapor,

respectively, at the permeator outlet as a function of stage cut. It is seen

that the concentrations of N2 and H20 vapor increase from the inlet to the

outlet of the permeator, whereas the concentrations of CO2 and 0, decrease.

"•iguies ". to 17 present similar data for hollow fibers made from the

r. crylonitrlle/Butadiene Block copolymer and can be interpreted in a similar

way.

B. Pressure Drop Calculaticos

The pressure drop inside hollow fibers was calculated from eqn. (1-26) in

Appendix I. In order to keep the pressure drop below a required value of 4 cm-

=O1120 as well as to reduce the CO2 content in exhaled air to 1 tmole-%, the

dimensions of tht hollow fibers will have to be as follows:

Farameters Hollow Fibers

Ethyl Cel_]u'.oe A/B Block Copolymer

I.D. 0.027S"(0.07ca) 0.0236"(0.06cm)

O.D. v.035"(0.08cm) 0. 0315" (0.0-)

Length 0.80 ft(24.38cm) 0.80 ft(24.3acm)

No. of Hollow Fibers 2,081 8,932
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C. Dimensions of Permeator Module

On the basis of the above data, and assuming conservatively a low fiber-

packing density of 1,000 ft 2 /ft 3 , cylindrical permeator modules for CO2 removal

from exhaled air will have the following dimensions.

Ethyl cellulose: Length: 9.6" (24.384 cm), O.D. = i.7S" (4.44 cm)

A/B Block Copolymer: Length: 9.6" (24.384 cm), O.D. = 3.35" (8.Si cm)

Hence, if the assumptions made in the calculations are confirmed by

experiment, the permeator module will be both compact and light in weight.

VI. CONCLUSIONS AND PERSPECTIVE

The present study indicates that it is possible to build an efficient

permeator module for the removal of CO2 from exhaled air in an underwater

breathing apparatus. If the assumptions made in the computer simulations are

validated by experiment, the permeator module will be much more compact and

much lighter than the soda-lime canisters used at present for CO2 removal.

The use of soda-lime canisters limits the time a diver can spend under-

water to a few hours. By contrast, permeator modules are inexhaustible, but

are subject to some 02 loss in the permeate. This loss must be compensated

with fresh 02, which increases somewhat the volume of 02 to be carried by the

diver. The magnitude of this loss is illustrated in Figure 7 for ethyl

cellulose membranes and in Figure 13 for membranes made from A/B block

copolymers.

The oxygen loss in the permeate can be greatly reduced by the use of

membranes which exhibit a higher selectivity to CO2 relative to 02 than the

membranes considered in the present study. This is evident from Figure 18,

which shows the decrease in 02 loss with increasing C02/02 selectivity at a

constant permeability. It is seen that an increase in selectivity from
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X*(C0 2/02) 2 7 (as used in this study). to x1(C 2/02) = 30 would reduce the 02

loss to less than 20% of that reported in the previous section.

More highly selective membranes of the "facilitated transport" type (cf.

Appendix I1D are already available. For example, Tajar and Miller (9) have

obtained a value of a*(CO 2/02) = 30.4 at 30°C and 100% relative humidity with a

4-component membrane system consisting of polyethylenimine-polyvinylbutyral-

epoxy-water. More recently, Meldon, Paboojian, and Ranjagam (10) have reported

that a composite membrane consisting of polyethylene gly'col/alkanolamine mix-

tures immobilized in microporous polypropylene had a selectivity .(CO 2/02 ) =

40 at 2S°C. In an early study of facilitated transport, Ward and Robb (1i)

developed a membrane with *(C0 2/0 2) = 4100 and a very high permeability to

CO2. The use of such membranes in the present application has not been studied.

The facilitated transport membrones described in the literature are relatively

thick, but methods of decreasing their effective thickness are being Investi-

gated.

Last, but not least, the removal of CO2 from exhaled air by means of a

permeator module is much safer than by using soda-lime canisters, because no

chemical reaction takes place in the former device.
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Figure i: Flow diagram of membrane process of CO2 removal from
exhaled air in an underwater breathing apparatus
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Figure 3: Diagram of permeator module showing the feed, permeate
and retentate gas streasm. The feed is exhaled air.



Figure 4&. Cross-section of an asymmetric hollow fiber
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Figure 4bz Enlarged section of a single &symmetric hollow fiber
showing the dense skin and porous substrate
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Figure S: Enlarged section of a hollov fiber showing the coneen-
trations of feed and permeate couponents within and
outide the fiber
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APPENDIX I

TITLE: SIHULATION OF PERIEATOR MODULE OPERATING IN CROSS-FLOW MODE

Process simulations were performed using the "cross-flow' model, which

was described earlier, cf. Figure 3. It was desired to calculate the membrane

area required and the oxygen lost in the permeate when different amount of. CO2

are removed from exhaled air, which is then recycled to the breathlng mixture.

The membrane area required for the desired CO2 separation th-.n determines the

size of the permeator module for CO2 removal to be attached to the UBA.

The known and unknown quantities in this model are listed below.

(Known quantities:

i. Feed flow rate,

2. Kole-fraction of each component In the feed (exhaled air),

3. Kole-fraction of CO2 it, the treated air stream at the permeator

outlet, and

4. Permeability of membraric to each coWmpoent of permeating gab

mixxture.

UnknomB qgtntities:

1. Mtembrane area required for the desired rimoval of CO 2 ,

2. Pressure drop in hollow fibers, and

3. Oxygen lost in permeate to the sea water.

In order to calculate the unknown quantities listed above, it Js

necessary to formulate a aystem of relations comprising material balances and

transport equations pertinent to cross-fluw conditiona in a permator module.

Assuming a constant density for all gas streams, an overall mass balance

over the permeator yields, cf. Figure 31

FI . F0 + 0I-
F -mni(-i
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Similarly, a component mass balance yields:S•-II 00 O00

F xI = F x0 + V y0 (1-2)

where:

FI = flow rate of exhaled air (the "feed") at permeator inlet,

F0 = flow rate of treaited air at the permeator outlet,

V0  = net flow rate of perm-ate gas (the "permeate"),

I
x, = mole fraction of component I in exhaled air at permeator inlet,

x0 = mole fraction of component I in treated air at permeator outlet,
i
0

Yi = mole fraction of component i in permeate.

At any point in the permeator, the net flow of gas througl. the wall of an

element of length dL of a hollow fiber is given by the relation, cf. Figure 19%

dq, = id dL (1) (c.i P- iM (1-3)

where:

dq volume in cm 3stp) of compornert i permeated per unit time,

M
CF±i concentration of component i at any point in membrane

at the amebrane/feed interface,

c H vconcentration of component i in membrane at the sea water/
P.1 t membrane interface,

4 r outer wall diameter of the hollow fiber membrane
0 effective dense skin thickness,

__ I e mean mutual diffusion coefficient of component i inI.polywr membrane (assumed constant),

dL = element of length of hollow fiber menbratte.

The concentration of component I dissolved in the membrane at the feed/

wmbrane interface is given by the expression-

C Fi S(Ph-xi) (1-4)

where-

SI solubility coefficient of component I in the memr-ane
(asstmed constant),
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Ph =pressure of exhaled air on the feed side of the permeator
mddule, i.e., inside the hollow fibers,

X = mole fraction of component i at any point in the feed
(exhaled air),,

Ph-:i parti&l pressure of compenent i at any point in the feed.

The concentration of component i dissolved in the membrane at the sea

water/membrane interface is controlled by two factors:

a. The solubiiity of component i in sea water, and

h. The partition coefficient of component i between the membrane
and sea water.

If ci is the concentration of component I in sea water, it is possible
S~SW

to express cp S at the sea/atmosphere interface as a function of p,, the

partial pressure of component i in the atmosphere

SWp,= Hi P Hi(Patm'Yi,atm) (1-5)

where:

Patm = atmospheric pressure,

Yl,atm = mole fraction of component i in ambient air,

Hi = solubility coefficient within the Henry's law limit.

Equation (l-S) describes the equilibrium between ambient air and sea

water. In order to calculate the concentration of each -pecies in the membrane

at the sea water/membrane interface, it ý.s necessary to consider the

equiltbrium of each component between the membrane and the sea water. This

equilibrium can be expressed in terms of a partition coefficient of the

component betteen the membrane and sva water. Thus, one can write,

- SW. cp = c , (1-6)
p i i P,i

"where:

Ki = partition coefficient of component i between sea wat(cr and membrane.
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Substituting eqn. (1-S) into eqn. (I-6), one obtains,

cp i = K i" i(atm" i',atm) 1 7

Also, substituting eqns. (1-5) and (1-6) into eqn. (1-3), we obtain:

Di
dqi ido d (T[Sphxi -sidiP tL, at,,] (1-8)

The above equation can be rearranged to the form:

D iS Y, iH
dq = (,d0 dL)([-h) PXti - S Patm'Yiatu " (1-9)

In eqn. (1-9), d0 dL = dA = incremental area of membrane through which

permeation occurs. Substituting the above relation in eqn. (Q-9), one gets,

dq Pi K iH
-,= =di (- h - S Patm'Y,at (Iia)S• dA 6(hl..ltm aat

Pi = mean permeability coefficient of component i in the membrane = DiS V

In eqn. (I-iOa), the second term within the bracket represents the concen-

tration of component i in the membrane "skin" in terms of pressure units. This

canl be rewritten in a more simple form by substituting:

Si S -

Substituting eqn. (I-iOb) in eqn. (1-1Oa), one obtains,

dq1 i ip ia 1ic
,, (-"1 [,-x -K,' at-moo

where:

Ph'Xi = partial pressure of component i on the feed side.

The "stage cut" is the fraction of the feed permeating through tt

membrane and is defined by the relation:

""=V/FI (=-il)

where:
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FI = flow rate of feed at the inlet af permeator module

V = total permeated product at any distance L aloug the hollow
fiber membranes frov the inlet of the permeator module.

A mass balance over an increment of membrane area dA yields, cf. Figure

19"

-d(Fxi) = JidA ('-M2)

A summation for all i components in the feed yields, from eqn. (1-12),

-d(Fdx +x 2÷+... )) (J +J2 +.... )dA, (I-1M)

where x , x2, x3 .... are the mole-fractions of the i components at any

distance L from the inlet of the permeator module, and JI, J 2 ' J 3 "-" are the

fluxes of each of the I components at the same distance L from the inlet.

The sum of the mole fractions of all the components in the feed at any

distance L from the inlet must always be equal to unity, i.e.,

xi + x 2 +. =1 (1-14)

Rewriting eqn. (1-13) we obtain:

-dF = J idA (Q-IS)

Rewriting the term d(Fx i) in the form:

dlFxi) = x dF + Fdx1 , (Q-16)

and substituting eqn. (1-12) and (I-IS) into eqn. Q1-16), one further obtains

dxi (-_J + xi.Ji )
-- = (I-il)

dA F

Equation (1-IS) can be rearranged in the form:

dF/dA =J 1 (E-J8)

Dividing eqn. iI-17) by eqn. (1-18):

dxl = (JU -"x Ji)

dF (FZj)

-. m "I
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Dividing the denominator of eqn, (Q-19) by FI and substituting eqn.

(I-it), one obtains the relation:

dxi = -(Ji - x iJ i) (-20)-'-'-- i (I -)dii '

and from eqn. (I-I1), one obtains

dA _ __

-A F (1-21)de ZJI

Equations (Q-19) and (IQ20) are the two differential equations which must

be solved simultaneously to obtain the membrane area and the concentratiors of

each component in the treated air at the outlet of the membrane permeator

module. The boundary conditions are as follows:

The following conditions prevail at the inlet of the permeator module:

V = 0 and the "stage cut" 0 = zero, cf. eqn. (I-il). The membrane area is also

zero at the inlet of the module, and the concentration of each component is

equal to that in the feed (exhaled air), thus.

0 =0,

A= 0, and

F
X, x i

Equations (Q-20) and (1-21) were solved using a 3rd order Runge-Kutta

algorithm and the boundary conditions described above.

The other important design consideration is the pressure drop across the

hollow fibers in the permeator. The pressure drop was calculated by means of

the Hagen-Poiseuille equation (12). For the present calculations it was

assumed that the flow rate of the feed was constant at all points from the

inlet to the outlet of the permeator, and equal to that at the inlet of the

permeator. However, in the actual case, the feed flow rate decreases along

the permeator as permeation occurs. This implies that the pressure drop will



be lower than that calculated using this simplified equation. The temperature

of sea water was assumed to be 2S°C.

According to the Hagen-Poiseuille equation:

An- = 32 L v (1-22)
di

where

Ap = pressure drop in hollow fibers,

v = average velocity of feed in hollow fibers,

P = viscosity of feed at sea water temperature,

-L = length of hollow fibers,

di = internal diameter of hollow fibers.

The average velocity of the feed can be calculated as follows

• FI4
v = flow rate/cross-sectional area - F 4(-23)

(¶Td.N) (-3
i

The membrane area requirement is fixed by the desired separation:

Membrane area required = A = lid LiN . (1-24)m o

Rearranging eqn. (1-23), one obtains

N -Lo- (I-25)
nd L

0

Substituting eqns. (1-23) and (1-25) into eqn. (1-22), one obtains

i2

128 4Lo (dynes/cm ) . (1-26)

The pressure drop units can be converted to cms. of water by multiplying

by 0.00102289. The viscosity of the feed was estimated to be 1.75 x 0-4

poise.
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APPENDIX II

From "Synthetic N&mbranes", M. B. Chenoweth, Ed., limI Press
Symposium Series, Vol. 5, Harwood Academic Publishers,

New York, 1986, pp. I-37



New Developments in Membrane Processes for
Gas Separations

S. ALEXANDER S1 ,.ERN
Development of Chemical Engineering and Materials Science Syracuse
University, Syracuse. NY 13210

Mcmbrane separation is now a well.established technology. particulorly bec'zic of the
variety of applications of reverse osmosis and membrane utlrahi-ttition. Some of !hose
applications arC on a substantial scale, such as in (he desalination of btackih and sea water.
Membrane separation has become economically competitive in te,:w areas becau.%u of the
development of high-flux asymmetric membranes and the ability to .bricatc such membrancs
in the form of hollow fibers. In recent years. further progress in membrane science has
resulted in the successful application of membrane technology to the ,cparmtion of ga.ses of
industrial interest. A number of large-scale membrane plants fo; the separation o( hydrogen
from various industrial gas streams and for the rccovry c, cirhon dioxiuc in extended oil
recovery are presently in operation. These membrane pr~cr'.scs are con.p•titive with con.
ventional gas separation techniques. The scpration of s'cral other imnpoirtant g[•as by
selective mnitbiiane permcatiun. such as of ox)Scn from air. is be;ii studied in many
laboratories. It is anticipated that. in a not ,Ino diok.mnt future. competitive membrane
procciows will become available alw for the separation oti liquid mtxtures, such as atOtroipcs
and mixtures or organic compounds. The dieussion will outline the engineering and,
economic factors affecting the development of mcmhrane prwess-es for the %.paeraltto of
both Sasw and liquids. and will summarize the itt-e.an in tht.w argal.

I. INTRODUCTION

"The development of memfbrane pzocesscs for the separation of gas
mixtures has made rurarkablk prv ress during the last two decades. The
basic concept underlying this tchnology. namel', the selective per.
mention of gases through !tonporous palnmer membranes, appears to
have first been prorosed b- Graham (1) :s early as 1866. A full century
later, in the eodly 196G's, me "'rane processes tor gas separations were
still being studied largely on a lborowty scale.

Today, over I00 tnci.'rane separation plants ar. in operation in the
Uni'cd Statai. as well as in Europe and in Japnn. Most of these plants are
for the sep-ration of H,. trom various industrial gas streams. such as in
NH 3 an! (•H3OH synthats, in pctrolem r-fining. and in petrochemical

I



I .

2 S. ALEXANDER STERN

operations. However, a number of membrane plants separate CO2 in
enhanced oil recovery (EOR), from natural gas, and from landfill gas,
while a few plants separate air to produce 96% N2 for the "inerting"
(blanketing) of fuel tanks. The largest membrane separation plant, which
was designed to separate CO 2 from mixtures with hydrocarbons in OER,
has been reported to process 50 x 106 cu. ft. (1.4 x 106 M3 ) of feed gas/
day (2). Many other membrane processes for the separation of gas
mixtures are being studied at present both on a laboratory and pilot-plant
scale, as can be seen from Table I. It has been estimated that the total
available market for membrane separation proccsscs couid reach $500
million between now and 1990.

The great interest in membrane separation technology is due mainly to
the fact that it is potentially energy-efficient. In addition, the required
proccss equipment is simple, compact. and rclatively easy to operate and
control. Moreover, this equipment is modular and can be easily scaled up
or operated by reduced capacity if necessary. Membrane separation
became economically competitive in 1961, when Loeb and Sourirajan (3)
developed their high-flux. asymmctric membranes of cellulose acctate for
water desalination by reverse osmosis. Asymmetiic membranes can now
be made from many types of polymers, and are being employed for the
separation of gases both in sheet form and in the form of composite
hollow fibers. However, the greatest impetus to the development of
membrane separation technology was given by the encrgy crisis of 1973.
which occured just at the time when this technology had reached a
significant degree of maturity.

The objective of the present paper is to summarize some of the charac-

TABLE I

Membrane processes (or the sx-paration of &Ia mixtures

"HI from ammonia synthesis purge jas
Hxt from methanol synthesis purge gas
H, from hydro'eutfurixtr purge gas
Ha from hydrorenator purge $as
H3 from petrochemical syntlttis gu
O. and NJ from air
CO, separation in enhanced oil rtcovery
CH., from biomass. tandfltl, coil rrine, and oil Aild gates
Cl-I from low O'tU (CO1- and Nl-rieh) "tural &as

He ctoover, from natural gas
CO, and HIS scimbbing of acid &%so
Dehydration of natural gas and of Industrial ;Se.i
Separation of Kr and Xe from nuclear reactor itm•stphetes
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teristics of membrane processes for the separation of gas mixtures, and to
highlight new and promising developments in this field.

11. MECHANISM OF GAS PERMEATION

It is generally accepted that gases permeate through nonporous polymer
membranes by a "solution-diffusion" mechanism (4-8). This mechanism
can be described with reference to Figure 1, which shows a cross-section
through a planar membrane. Application of gas pressure at one interface
of such a membrane results in the following sequence of events: (1)
solution (absorption) of the gas into the membrane at that interface. (2)
molecular diffusion of the gas in and through the membrane, and (3)
release of the gas from solution (desorption) at the opposite interface.
The term permeation is accordingly used to describe thc overall mass
transport of- !FA~pe of "penetrant" gas across the membrane. whereas
the term diffusion refers only to the movement of gas molecules inside
the polymer matrix.

In most cases of interest in membrane separations, molecular diffusion
is the slowest and. hence the rate-determining step in the permeation
process. By contrast, the absorption and desorption steps are so fast that
solution equilibrium is usually established at the membrane interfaces.
Diffusion of a gas in and through a polymer membrane can usually be
described by Fick's two laws. By solving Fick's laws for the desired
physical conditions, i.e., for the appropriate initial and boundary con-
ditions, it is possible to formulate the rate of diffusion J as well as the
penetrant concentration profile within the membrane. I is also the rate of
gas permeation through the membrane since, as mentioned above.
diffusion is rate controlling. Crank (8) and Jost (9) have described various
methods of solving Fick's equations for different menibiane geometries
and boundary conditions, for constant and variable diffusion coefficients.
and for both transient and steady-state transport.

From a practical viewpoint, it is of interest to determine the rate of gas
permeation under steady-siate conditions, J1, as well as the dependence of
this rate on pressure and temperature. Steady-state is achieved if, at a
given temperature. the constant pressures ph and p( (<ph) are maintained
at the two membrane interfaces, respectively. For example. the following
expression can be derived from Fick's first law for the steady-state rate of
gas permeation through a planar, isotropic, and homogeneous membrane
of thickness 6 (4, 5):

J. = Nph - p)/b. (1)
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FIGURE 1 "Solution-diffusion" mechanism of gas pcrmation. Ccoss-scciion of a non-
porous polymer membrane.
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where P is a mass-transfer coefficient known as the mean "permeability
coefficient" or the "permeability"; eqn. (1) refers to a specified tern-
perawure and unit area of membrane.

It can be further shown that when Ph >> P(. as is the case in membrane
separation processes, the permeability coefficient P is a product of a
mean diffusion coefficient D and a solubility coefficient Sh:

P = Df- Sh, (2)

where

JD(c)dc

(ch - C

S, = C,1Ih, (4)

and where ch and cl arc the equilibrium concentrations of penetrant
dissolved at the two membrane interfaces wh-vi the penetrant pressures az
these interfaces are p), and pl, respectively; and D(c) is the mutual
diffusion coefficient for the pcnetran/membranc syste.n In the most
general case. P depends on the nature of the penetrnnt and the polymer
membrane, on both pi, and pl. and on the ternpu[,turc.

Similarly, it can be shown that the steady-state rate of gas permeation
through a tubular membrane, such as a capillary or hollow fiber, is given
by the relation:

pl-tL(ph - pj) (5)

where Ro and R, are the effective outer and inner radii of the tube, and L
is the length of the tube.

The rate of permeation of a component of a gas mixture is also given by
eqns. (I) or (5), but the permeability coefficient P may then be a
function of composition as well, where ph and pr are then the partial
pressures of that component of the two membrane interfaces.

The selectivity of a nonporous membrane toward two different com-
ponents A and B of a permeating gas mixture is usually expressed in
terms of an ideal separation factor, a*, which is defined by the relation(s):

o'(A/B) - Pi/P (6)
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If the m'tmbrane exhibits a higher selectivity for component A than
for B (i.e. at equal partial pressurci, A permeates faster through the
membrane than B) then ccr(AIB) > 1, whereas the opposite is true if
cr(AIB) < 1. No separation car. occur, of course, when a*(AIB) = 1. The
ideal separation factor is, therefore, a separation index similar to the
relative volatility used in distillation.

Ill. PRINCIPLES OF MEMBRANE PROCESbi DESIGN

A. General Considerations

Gas mixtures are separated by selective permeation through a polymer
membrane in devices known as "pcrmeators". The permeator is the
basic rnwmbrane separation unit, or stage. and consists css'entiully of a
high .wessure vessel containing a large area of membrane. The vessel is
providcd with an inlet for the gas mixture to be separated (the "feed")
and ow lets for two or more product streams. Additionally, the permcator
is provided with the necessary piping and valving, and with instrumen-
tation for the control and measurement of flow rates, pressures. and
temperature, The compositions of thc feed and product streams are also
monitoreci.

The operation of a conventional pcrmcator is illustrated in Figure 2.
where the pernicator is represented conceptually ;is a "black box"
separated into two compartments by a plaaur memhraine. Tile feed
stream flows through one of the compatnmnts at some suitable pressure
pl,, which is usually maintained! constant. The opposite compartment is
maintained at s~.:miu lower constant pre-wire, pl. A 'tuction of the feed.
known as thc "stage cu,", is :0lowed to permeawc ;hr'ughi the, nizinbrane
into the low-pressure compartment. heli feed stream is t hereby stiparated
into two product streams: (a) a permr~ated (11ow-oressure) streamn enriched
in the faster permeating components of the feed, ind (b) in unpurmeated
(high-pressure) stream depleted in these components. Tfhe magnitude of
the stage cut will depend on the feed flow rate, the memorane area, and
the pressure ratio r - p*/(

It should be noted that the membrane iteed N~ot be plainar. or in shect
form, as is shown in Figure 2, but catn also be, and mnost often is in the
form of a bundle- of hollow fibers or capillaries. A diagramn of a hollovi
fiber. permeator is shown in Figure 3. where the high- and tow-pressure
streams are represented as flowing countercurrently to one asiotht~r. It is
seen ihat a hollow fiber perineator greatly resembtes a tubular heat
exchanger.
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Given the composition of the fecd stream. the process designer must
select a membrane with a suitable gas sclectivity and pernmeability. He
may be guided in this task by the criteria discussed in a following section.
The process destgner then wishes to determine the compositions of the
product streams and the membrane area requirement for various operating
-cnditions. The extent of sepiration achievable in a permeator (k.e. in a
single permeating stage), and hence the compositio.os of the product
streams, will depend on the foflowing factors (5. 10-12), ci. Figure 2:

Feed composition
Nature of the membrane
Pressurei ph, and pt
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Temperature
Stage cut
Flow patterns oft hc high- and low-pressure streams in the
pcrmcutor.

The flow rates of the product streams arc determined by the feed
flow rate, and by the selected stage cut and pressure ratio r(=pj,/pj). The
membrane area also depcndNs oii the abotve factors us well ats on the feed
flow rate.

The first four factors listcd atxwc are exprms~cd by the permecahility
coefficient P. whose numerical value miust be determined cxpcri-
mnirtally for the dcsired conditions or predicted. if pos-siblc front ruitahle
correlations. Tito effects of ihe last two factors arc disci-ised below,

B. Effect of Stage Cut

Consider the membrunt separation kf a bunary gas niixtu-.e( of corm-
portents A and B. where A is assumed to be the more rapidly penneating
component, The effect of the stage cut I) on the comfhniition of the
permeated product stream (the "permneate-) is illustrated iii Figure 4 for a
hypothetical separation process. The stage cqut 0 is the fraction of the feed
permeating through ithe membrane; thus, if F. P1, and P2 are the total
flow rites of the feed, unperneated. and permeated streams. respectively,
then 0' aPz F~.

It is seen from Figure 4 that. for -specified values of as1-p(A)/
P(B)l and of r(&*pA/1pt), the highest concentration of component A in
the perrwe;atc is obtained in the limit 0-0O. i.e. when an infinitesimal
fraction of the fteed permeates through the membrane. As 0 is in;irc sced,
the concentration of A in the permeate decrease. Wlito: 0 - 1, the other
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limit, no separation iL obtained because all the feed is forced through the

:• 
~membrane (P2 =F).

order to increase the concentration of component A in the permeate (at ah 

rcs einri hsfcd iha piiainpolmI

given x" and i) he must decrease 0, thereby decreasing also the permeate

flow rate, and vice versa. A: a given 0, the concentration of A in the

permeate can be increased by increasing c" oi" r, o•" toth these para-

T

arl7 /P A* F P
STAG CUT0 I

S.....

'Co 

"
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meters. The value of ca depends on the chemical composition and
morphology of the membrane. The possibility of increasing a* for a given
pair of penetrant gases depends, therefore, on the ability of polymer
chemists to synthesize more highly gas-selective membranes. The value of
the pressure ratio r is usually limited by economic considerations.

C. Effect of Flow Pattern

The extent of separation achievable in a single permeator and the
required membrane area depend also on the flow patterns of permeated
and unpermeated gas streams, relative to one another, in the permeator
(5, 10-12). Four such patterns, for "perfect mixing", cross flow,
concurrent flow, and countcrcurrent flow, are illustrated diagram-
matically in Figure 5.

In the "perfect mixing" case it is assumed that the unpermcated high-
pressure) gas stream in the permeator is mixed so rapidly that its com-

P2 P

FEE QF FEED -I P

PERFECT MIXING CRGSS FLOW

FEED P FEED P

COCURRENT FLOW COUNTERCURRENT FLOW

FIGURE 5 Flow paterns in singic ocrmvction 1t-c. P, Unpcrrnmatid Ioduct; P•-
Permeated Product.
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position at all points in the permeator is the same as that at the permeator
outlet. The same assumption is made for the permeated (low-pressure)
stream. A step-wise change in the feed composition occurs here at the
permeator inlet, as is the case in the ideal continuous stirred tank reactor
(CSTR). The other flow patterns illustrated in Figure 5 are self-explan-
atory. In these cases, the composition of both the permeated and unper-
meated streams vary continuously from the inlet to the outlet of the
permeator, both streams becoming depleted in the more rapidly pcr-
meating component(s).

The effect of the flow pattern in a permeator on the separation of a
hypothetical mixture of components A and B is shown as a function of
stage cut in Figure 6. The plot is for given values of a* and of the pressure
r, and A is again assumcd to be the more rapidly permeating component.
As is indicated in Figure 6, countcrcurrcnt flow is the most efficient flow
pattern at any given stage cut 0< 0< 1, in that it yields the highest
concentration of A in the permeate. It can also be shown that counter-
current flow requires the smallest membrane area. By contrast, "perfect
mixing" is the least efficient flow pattern in these respects. Other flow
patterns yield intermediatc results.

The difference in the effects of the above flow patterns on the extent of
separation and membrane area requirements is more pronounced the
larger the values of a' and r. However, all flow patterns yield the ,same
results in the stage-cut limits 0-0 and 0.-. 1,

The factors affecting the separation of gas mixtures by selective
permeation are now well understood. The performance of permeators can
be predicted with confidence for any desired operating conditions from
suitable mathematical models (5. 10. 13-24). if the pertinent pcrmeabilty
coefficients are known.

IV. NEW CONCEPTS IN MEMBRANE PROCESS DESIGN

A. Motivation

At the present time, the number of membrane processes for gas separ-
ations which are economically viable is very limited because of the lack
of membranes with a sufficiently high selectivity and permeability toward
a spectrum of different gases. This situation is not surprising since most
available membranes of commercial origin were developed for purposes
other than for gas separation, e.g. for packaging. Considetable work
aimed at the synthesis of more highly gas-selective membranes for a
variety of separation proceses is currently in progress in many labor-
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FIGURE 6 Effect of ".page cut" on permeate composition for dilfcrcnt flow patterns.
More permeable component: A(P^ > VI),

atories. However, the extent of separation that can be achieved in a
membrane process can also be considerably enhanced in some cases by
several process design techniques, using already available membranes.

A well-established technique of increasing the extent of separation in a
membrane process is to connect two or more permeators in series to form
a countercurrent cascade, cf. Figure 7. The permeated stream from each
permeator is recompressed and used as feed for the succeeding permeator,

r
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FIGURE 7 Countercurrent permeation~ cascade~.
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while the unpermeated stream is returned and mixed with the feed to the
preceding permeator. Large cascades using porous barriers as separation
elements are presently used in several countries for the separation of
uranium isotopes by gaseous diffusion. The principles of cascade design,
as applied to the separation of gas mixtures with nonporous polymer
membranes, have been discussed by a number of investigators (5, 25).

Economic evaluations show that, with few exceptions, permeation
cascades are not competitive with conventional separation techniques
even if only two permeators in series are required. Of course, a number
of permeators can always be connected in parallel in order to increase
product output. Two relatively new concepts in membrane process
design, which are discussed below, may prove to be more economical
than the staging of permcators in cascades. These concepts involve (I) the
use of various product recycling techniques, and (2) the use of two (or
more) different types of membrane in a permcator, each type being
selective to a different component of a feed mixture (26). A special
recycle permeator known as the "continuous membrane column" deserves
special consideration. The use of a "purge" or *swcep" gas on the
permeate side of a permeator is also discussed.

B. Recycle Permeators

A potentially efficient method of enhancing the extent of separation is to
recycle a fraction R of the permeated product stream into the feed strcam
as shown in Figure 8. The effect of product recycling isý illustrated
qualitatively in Figure 9 for a hypothetical binary mixture and membrane,
The figure shows the concentration of the more rapidly permeating com-
ponent of the mixture. A, in the permeate as a function of the overall
stage cut 0 = (1 - R)P./F and for various values of R. For R = 0. i.e., for
the case where the permeator is operated without recycle, one obtains the
usul permeation behavior described earlier: the maximum concentration
of A is obtained when 0- 0, while no separation is achieved when 0- 1.
For a given flow pattern (e.g., countercurrent), the concentration of A
will increase with increasing ideal separation factor a&* When part of the
permeated products is recycled to the feed (0< R < 1), the concen-
tration of A in the plots of Figure 9 is seen to increase with increasing R
above the values obtainable without product recycle (R = 0) for the same
u' and r. For large recycle fractions, R, the plot of concentration of
component A in the permeated product tends to develop a sharp maximum
as R is increased.

The effectiveness of recycling is illustrated quantitatively in Figure 10
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for the case of air separation. In this example, air is taken to be a binary
mixture of 20.9 mol % O and 79.1 mol % N2. It is also assumed that a
membrane with an ideal separation factor, U*(0 2 /N2 ), of 10 is used and
that the pressure ratio r is 5; the assumed value of *" cannot be obtained
with any of the solid polymer membranes available at present, but should
be achievable with some "facilitated transport" membrane. Figure 10
shows that the 02 concentration in the permeated product stream passes
through a maximum at a stage cut 0= 0.1-0.3 when Rz 0.6. and that
this maximum increases very rapidly with increasing R values. However,
the power and capital investment costs of the permeation process also
increase very rapidly with increasing R. because of the increase in the
volume of gas recycled and in membrane area requirements (see Figure
11).

C. The Continuous Membrane Column

An examination of Fig. 8 suggests that the feed stream nccd not be
introduced into the pcrmcator at the recycle end of the stage, as is shown
in that figure. The feed can be inserted anywhere bctwecn the two ends
of the permeator, either in the high-pressure or low-pressure com-
partment, as illustrated in Figure 8 (feed locations A or B). In such cases,
the permcator is transformed into a membrane separation device some-
times called a "continuou,, membrane column" (CMC), which is shown in
more detail in Figure 12a. This device was apparently first described by
Pfcfferle (27). and has been studied in recent years by lIwang and co-
workers (e.g.. (28)).

Referring to Figure 12a. the CNIC is seen to consist of an enriching
section and a stripping section, not necessarily of the same length. The
product streams can be recycled both at the top and the bottom of the
CMC. The roles of the enriching and stripping sections are the same as
those in distillation columns, namely, to obtain the maximum separation
as well as recovery of a desired component from the feed mixture.

The principle of operation of the CMC is somewhat similar to that of a
thermal diffusion column: the local separation of a gas mixture due to
permeation (or thermal diffusion) at any point in the column may be
small, but this elementary separation is multiplied many times as the gas
mixture flows axially toward the ends of the column. The more rapidly
permeating component is concentrated on the low-pressure side of the
CMC in the low-pressure gas stream.

The extent to which a gas mixture can be separated in a CMC will
depend on the recycle fraction R for a given membrane (i.e. for a given
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of*). on the pressure ratio r, and on the stage cut 0. Typical results are
shown in Figure 13 for the separation of air, assuming that o* (O/NI) =
10 and r - 5. The feed (air) is inserted on the high-pressure side of the
CMC and at column pressure, at a point where the gas in the CNIC has
the same composition as the feed.

It is seen from Figure 13 that the concentration of O in the permeated
product stream does not exhibit a maximum as was the case in th- recycle
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permeator. Rather, the concentration of 02 increases continuously at
constant R as 0 is decreased. The concentration of 02 also increases at
constant 0 as R is increased, but only at lower values of 0. Therefore, in
principle, it should be possible to separate a binary mixture in a CMC to
almost any desired extent by operating this device at a sufficiently high R
and low 0.

D. Multimembrane Permeators

Onno, Kimura, and their coworkers (29-33) have made the ingenious
suggestion that the extent of separation of a binary gas mixture by
selective permeation can be substantially enhanced by using two diffcrent
types of polymer membrane instead of a single type. Each of the two
types of membrane is chosen to be selective toward a different com-
ponent of the mixture to be separated. For example, when separating a
mixture of components A and B, one membrane (designated hereafter as
membrane A) must be more permeable to component A, while thc other
membrane (designated as membrane B) must be more permeable to
component B. A diagram of a permcator enclosing two different types of
membrane simultaneously is shown in Figure 14. As is seen from the
figure. the high-pressure cecd is separaited into dere~ nroduct streams:
a) A permeated (low-pressure) stream P,(A) produced by membrane A

and cariched in component A;
b) A permeated (low-pressure) stream P(,(B) produced by membrane B

and enriched in component B;
C) An unpcrmeated (high-pressure) stream P1. which can be cithef

enriched or dcphetcd in component A.
The extent of separation achievable in a two-mnembrane pcrmeator and

the required membrane areas depend on the samc factors as listed
previously fo- single-membrane permeatots; however, one has to con-
sider two indeplendent stage cuts 0 A and go. one for each membrane, and
(if necessary) two different pressures for the two permeated streans.

Mathematical models describing the separation of binary and multi-
component mixtures in two-membrane permeators have been developed
recently for ; variety of operating conditions (34-36). Typical results are
presented in Figure 15 for a hypothetical mixture of components A and
B, and for two hypothetical membranes A. and B with reversed selcc-
tivities for -he components ot dhe mixture jac,(AtB) - 10 and ah(A/B)
0.1, where the subscripts designate the membrne type).

Figure 15 shows the concentration of component A in the three product
streams as a function of the stage cuts 0 A and 00- 1' iS ,seen that, for any
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given value of OA. the concentration of componet A increases as On is
increased, particularly in the permeate from membrane A. This behavior
is ,oe -the tact that, as 01 increases, more component B permeates
tlh.rough membrane B. Theref ire, the unpermeated (high-pressure)
stream is enriched in component A; the permeate from membrane A is
then also enriched in that component. Figure 15 also shows that a much
higher separation can be achieved in a two-mcmbrane permeator than in
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a single-membrane pcrmeator provided with membrane A. provided that
o;(A/B), On, and rn are sufficiently large (rjj is the ratio of pressures
Ph/ P(1B) on the two sides of membrane B).

Two-mcmbrane and single-membrane permeators also differ in other
respects. For example, the most efficient mode of operating a two-
membrane permeator, i.e. the mode yielding the highest degree of gas
separation and requiring the smallest membrane area, could be either
under countercurrent flow or "perfect mixing" conditions, depending on
the relative values of the stage cuts 0 A and On (see Figure 16). By
contrast, countercurrent flow is always the most efficient mode of
operating a single-membrane permeator.

E. Permeators with Purge Streams

A concept which is not new, but which seems to have received relatively
little attention, is the use of a "purge" or "sweep" gas on th.ý permeate
(low-pressure) side of a permeator. This paocedure would decrease -he
partial pressures of the permeate components, and thus increase the rates
of permeation of these components through thk membrane, A theoretical
analysis (23) has shown that, with the proper amount of purging, the
membrane area requirement ,.ould be significantly reduced with only
insignificant dilution of the permedted pioduct. If the pernieator is
operated countercurrently, a small fraction of the feed stream cnuld be
used as purge gas. The best results are obtained by purg:ng with an easily
condensable gas: not only is the membrane area then reduced, but the
dilution of the permeated product can be prevcntcd by condensing out
the purge gas (23).

V. MEMBRANE SELECTION

A. Synthetic Polymer Membranes

The "heart" of any permeation process is the membrane that will perform
the desired separation. If the permeation process is to compete with
conventional separation techniques from an economic standpoint, the
membrane must exhibit the following properties:
1. A high permeability towards a specific component (or components) to

be separated from a gas mixture.
2. A high selectivity for this component, that is, a high permeability

relative to the other components of the mixture,
3. Chemical inertness and physical stability.
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4. Continuity, that is, absence of pinholes or other mechanical defects.
A high permeability and selectivity are required in order to minimize

capital investment and power costs (the selectivity must be sufficiently
high to yield, at least, the desired product compositions at a practical
value of the pressure ratio r). The necessity for chemical inertness and
phycieal stability is self-explanatory, Membrane continuity is required in
order to obtain the maximum selectivity characteristic of the membrane.
The presence of pores or pinholes in the membrane will greatly reduce,
and even destroy, the selectivity for the desired components, because of
Knudsen flow or other types of gas transport through such imperfections.

Unfortunately, nature is unkind to the designer of membrane separation
processes because available polymer membranes that are highly gais-
selective exhibit a low intrinsic permeability, and vice versa. This is
illustrated in Table 11, which lists permeability coefficients and ideal
separation factors for Ile. N., and Cl 14 in a numblr of membranes. An
examination of this table shows that the membranes which are highly
permeable are most often in the rubbery polymer state at the indicated
temperature. whereas the membranes which are highly selective are in
the glassy state.

The problem of producing a gas separation membrane that exhibits
botl a high permeability and a high gas-selectivity was solved in the early

TABLE 11
Permeability cocfficicnti and scparation factors for l1e, N2, and C114

in different polymers

Ideal separation factor,
Permeability a*(A/B)

Temperature, coefficient,
"Polymcr T('C) F(lic) x l0"* UcIN 2  IHeOCH,

Poly(l-trimethylsilyl-l.ptopync) 25 410(0 1.95 0.98
Silicone rubber - 30 230 1.5 0.39
Nitrile silicone rubber A 79 3.8 0.79
Ethyl cellulose (ethocel 610) 25 35.6 10.8 4.8
"Polycarbonate 30 67 15 19
Teflon FEP 30 62 25 44
Polystyrene 30 35 16 15
Viton A 30 17 55 110
Polyamide (Nylon 6) 25 2.93 98.8 -
Poly(ethylcne terephthalatc) 25 1.00 167 167

(Mylar)
Polyvinyl fluoride 25 0,97 231 171
Poly(vinylidene chloride) 25 0.066 366 263

(Aran)

"p(lie) is in uniU of cm 3 (M),cm/(s.ca .cm Hg)



28 S. ALEXANDER STERN

1960's by Loeb and Sourirajan (3). These investigators developed the
now well-known "phase inversion" method for the formation of high-flux,
asymmetric membranes (12, 37-41). While orginally intended for the
desalting of saline water by the reverse osmosis process, asymmetric
membranes are now used also for gas separations.

A cross-section through an asymmetric membrane is shown in Figure
17(a). The membrane consists of a microporous layer (100-200inm-
thick), one side of which is covered with a very thin (0.1-1.0tam),
nonporous "skin" or surface layer. The separation of gas mixtures
through an asymmetric mcmbrane occurs in its skin, while the micro-
porous substrate provides the membrane with mechanical strength. The
rate of gas permeation through such a membrane will be very high
because it is inversely proportional to the effective membrane thickness,
which is that of the nonporous skin. The gas-selectivity of an asymmetric
membrane can also be high if. as mentioned above, the membrane is in
the glassy state. Asymmetric membranes were first prepared from cellulose
acetate, but can now be made from a variety of polymeric materials.

It should be noted that asymmetric membranes may contain solvent
and water from the casting and coagulation stages in their preparation,
and therefore must be carefully dried before being used as gas separation
barriers. Otherwise, the slow removal of solvent and water from the
membranes by the permeating gases will cause a continuous increase in
the thickness of their dense skin, due to the gradual collapse of the
microporous substrate. This will result, in turn, in a corresponding
decrease in the membrane permeability. Several methods are now
available for drying asymmetric membranes without increasing their skin
thickness (42-44).

Another method of preparing an asymmetric membrane is to laminate
an ultrathin (0.05-0.1 1m), nonporous film to a much thicker (100-
2001am) microporous backing, or support layer, as is shown in Figure 17b.
The ultrathin film and backing of this composite membrane, which is
sometimes called a "thin-film laminate", have the same functions as the
skin and microporous substrate, respectively, of an asymmetric membrane
of the type described above, However, the ultrathin film and its backing
are made of different materials, whereas the skin of an asymmetric
membrane is an integral part of its substrate. As a result, the properties
and performance of a thin-film laminate can be better controlled, in
principle, than those of a "skinned" membrane. Unfortunately, the
preparation of ultrathin films is a delicate operation which cannot be
readily automated or scaled up (12, 40-41, 45-49).

A third method of preparing an asymmetric membrane is by coating a
thin nonporous film directly on the surface of a suitable microporous

t __ ..
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backing. This coated-film composite differs from a thin-film laminate in
that the coating penetrates into the pores of its backing material, as is
illustrated in Figure 17c. Consequently, the coating is strongly bonded to
its backing. A variety of techniques of preparing coated-film composites
have been described in the literature, cf. refs. (12) and (39-41). An
important advantage of coated-film composites is that these can be
prepared so that the separation of gas mixtures permeating through such
membranes occurs either in the coated film or in its backing (e.g. if the
backing is itself a "skinned" membrane).

Some asymmetric membranes, such as the -skinned- membranes and
the coated-film composites, can be produced in the form of hollow fibers
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FIGURE 17 Asymmetric membranes.
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with inner diameters varying from a few tenths to a few hundreds Irm. A
cross-section of a "skinned" asymmetric hollow fiber is presented in
Figure 18; the nonporous skin is shown on the outer surface of the hollow
fiber, but could as well be formed on its inner surface. Hollow-fiber
permeators (see Figure 3) are the most efficient membrane separation
devices because they can pack much larger membrane areas per unit
volume (>10.000m 2/m3) than permeators provided with membranes in
sheet or tubular form (-l,000m2/m3). Hollow-fiber permeators do not
require membrane supports and separators, as do permeators utilizing
sheet membranes (plate-and-frame and spiral wound permeators). More-
over, hollow fibers can withstand pressure differences as high as 100 atm.
across their walls if they are sufficiently rigid, e.g. if in the glassy state,
and if the wall thickness is adequate jO.D./I.D. -2, ref. (3)1.

NONPOROUS

i /10 30- I0O4#
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F"I•URE 18 Asymmeuic holltw fibet



NEW YEVELOPMENTS IN MEMBRANE PROCESSES 31

The composite hollow fibers used so successfully by Monsanto Company
in its PRISM permcators for the separation of 11, from various industrial
gas mixtures are "skinned" asymmetric hollow fibers of polysulfone
coated with a thin film of silicone rubber (-1I tm-thick). The polysulfone
skin, which is about 0.1 1Am-thick, is the separative element, while the
only function of the silicone rubber coating is to plug whatever micro-
pores or discontinuities may be present in the skin (12, 50-52). Poly-
sulfone has a much higher gas-selectivity than silicone rubber. A number
of other composite hollow fibers of this type have been studied, for
example, poiysulfone (1) - polyethylene (2), poly(acrylonitrile (1) -
silicone rubber (2), and poly(acrylonitrile)-polyethylene (2), where (1)
designates the "skinned" hollow fiber and (2) designates the coating
(50-52). No coati:.g is required in cases where the skin is nonporous.

B. Facilitated-Transport Membranes

The rate of permeation of a gas through a membrane can be greatly
enhanced by mcans of an auxilliary mode of transport known as "facilitated"
or "carrier-mediated" transport. This mode may be induced in sonic cases
by a reversible chemical reaction between the penctrart gas and a mobile
carrier, which is incorporateH1 in the membiane and shuttles between the
membrane interfaces (11). Facilitated-transport of a component of a
permeating mixture can substantially increase thc selectivity of the
membrane toward that component.

Conside the permeation of a mixture of components A and B through
the facilitated-transport membrane shown diagramatically in Figure 19.
such a racnmbrane consists of a microporous support which is impregnated
with a non-volatile liquid; the liquid is strongly held in the pores of the
membrane by capillary forces. A mobile carrier C which can react
reversibly with, iay, component A is dissolved in the liquid. The rever-
sible reactý:n is

A+C =AC,

where AC is a complex.
If a pressure (and concentration) gradient of A and B is 4npoaed across

the membrane, from left to iight, the forward reaction will take place at
the left interface of the membrane to form AC. A concentration gradient
of AC is therefore established in the same direction as that of A. The
complex AC ',-.!n diffuses to the right intcrface, where the reverse
reaction takes place to reform A and C. Component A is released from
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solution at the right interface of the membrane. Carrier C. being a
nonvolatile molecular or ionic species, diffuses back to the left interface,
where it reacts again with A. Thus, C shuttles back and forth between the
two membrane interfaces and facilitates the transport of A. The net
transport of C is equal to that of AC but in opposite direction.

The selectivity of the membrane is greatly enhanced by the above
process, because component A permeates through the membrane both by
factiltated transport and by "passive" transport (Fickian diffusion without
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chemical reaction), whereas component B permeates only by passive
transport. The reaction between A and C can be accelerated by addition
of a suitable catalyst.

Facilitated transport in synthetic membranes, which mimics a similar
process in biological membranes, was studied by Ward (53-57) and by
other investigators (see (12) for pertinent references]. It is beyond the
scope of this paper to discuss the mechanism of facilitated transport,
which has been reviewed elsewhere (58. 59), or the various modifications
of this process (12). Facilitated-transport membranes have been developed
for O,, C0 2, CO. H_,S, NO, and olcfins, but all suffer from a variety of
limitations (12). and therefore have not found as yet any practical
applications. The facilitated transport of 0, is particularly important in
air scpara.ion, becausc solid polymer membranes have relatively low
separation factors ['(O:/N,): 61. A facilitated.tranmport membrane for
O with a'(0,IN, = 30, yielding over 0t)% O0, has been developed
recently (60). The practical lifetime of this membrane was limited to a
few weeks at ambient temperature, or to 3 months at - 10'C., because
the carrier (a metal-organic complex) oxidized irreversibly and lost
gradually its chemical activity.

Vi. FUTURE DEVELOPMENTS

The prediction of future developments in nmembranc separation processes
is fraught with danger. bticause these developments %%ill depend as much
on uncertain ecoinomic factors, such as the cost of energy, as on techno-
logical factors. For example, who would have predicted in 1972 that the
cost of oil would quadruple in the interval of one year?

Membrane separation technology has made remarkaulc progress in the
last two .iecadcs. The principles of membrane process and equipment
design art: now well understood, and have been tested on a large scle
under field conditions. New membrane processes for the separation of
gases will undoubtedly cmerge in the coming years. However, the rate of
progress of the last 20 years will be sustained only if more highly gas-
selective and permeable membranes than available at present can be
synthesized. This will require that significant progress be made, in turn,
in our understanding of the relationships between the chemical strncture
of polymers and their gas permeability.

The prior discussion should have made it clear that the selection of a
polymer membrane for th. separation of a specific gas mixture is based at
present on rather primitive considerations. Usually, a process simulation
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coupled with a preliminary economic analysis first establishes what selec-
tivity and permeability the membrane must exhibit in order to ensure the
economic viability of the process. A search is then made in the literature,
or in whatever data base is available, for a membrane with the desired
properties. If such a membrane indeed exists it is likely to be in the glassy
polymer state because, as mentioned earlier, glassy polymers are more
gas-selective than rubbery ones (6, 7). However, glassy polymers also
exhibit, in general, a low intrinsic permeability (i.e. low values of the
permeability coefficient P). Therefore, in order to obtain the desired
rate of gas permeation. the selected membrane will have to be used in
symmetric or composite form.

it is more likely, however, that no membrane endowed with all the
required properties will be found to exist. The desired membrane must
then be synthesized by the polymer chemist. The relationships between
the chemical structure of polymers and their selectivity and permeability
to different gases is not well understood. Therefore, the structure of new
membranes with specified permeability characteristics can be found at
present only based on some qualitative observations (5, 12, 61), on some
semiempirical but useful solubility and diffusivity correlations [e.g. ref.
(6:). and on considerable trial-and-error.

Finally, it has been shown earlier that the gas-selectivity of polymer
membranes varies inversely, in general, with their intrinsic permeability.
Can polymers that exhibit both a high selectivity and a high permeability
be synthesized? Table II suggests that this might be possible. For
example, Japanese investigators (63) have recently developed an ;icetylcnic
polymer. poly[l.(trymcthylsilyl)-l-propyne)I (PMSP), that exhibits a gas
permcability (toward 02. N.,. CO 2, C,• 4, and He) that is about an order
of magnitude higher than that of silicone rubber (PDMS). It was pre-
viously thought that PDMS was the most gas-permeable polymer because
of its large free volume and the flexibility of its Si-O bond. By contrast,
PMSP is a fairly rigid polymer because its backbone contains alternating
double bonds. It is particularly interesting that the O2/Nz selectivity of
PMSP is about equal to that of PDMS, while the CQ2/CH4 selectivity is
higher.

Table III also shows that the glassy polymers poly(methylpentene) and
poly(oxydimethyl phenylene) exhibit a higher 02 permeability at 25"C
than rubbery polyethylene and butyl rubber, and as high a permeability
as that of Buna S. At the same time, the 02/N2 selectivity of the two
glassy polymers is higher than that of the three rubbery polymers. Clearly,
much remains to be learned in this field.

Significant efforts are being made at present in a number of academic
and industrial laboratories to advance the materials science of gas
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separation~ membranes. These efforts should reseif in importzknt new
developments in membrane technology for gas separations.

ADDENDUM: A detailed study of recycle perme-3ors has recently been
reported by McCandles (63).
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