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ABSTRACT

Computer simulations have shown that membrane separation processes can be used
effectively to remove CO, from exhaled air in an underwater breathing apparatus. Membrane
separation processes are based on the selective permeation of the components of a gas mixture
through nonporous polymer membranes.

A pesmeator module provided with membranes in the form of asymmetric or "composite"
hollow fibers is best suited for CO, removal from exhaled air. The operation of such a
permeator, designed to reduce the CO, concoatration in exhaled air from about 4 mole-% to
1 mole-%, has been simulated in order to determine its optimum dimensions and membrane area
requirement. The exhaled air will flow in such a permeator in an axial direction irside the
hellow fibers, while the external surface of the fibers will be in contact with sea weter. The
fraction of the exhaled air permeating *hrough the hollow fibers (the "permeate”) will be

enriched iu CO, which will be dissipated in the sea water.
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SUNMARY
omputer simulations have shown that membrane. separstion processes can be
used effectively to remove:CO?;

apparatus. Membrane separatid'ﬁ"’processes are based on the selective permeation

from exhaled air in an underwater breathing

. of the components of a gas mixture through nonporous polymer membranef.)
~"A permeator module provided with membranes in the form of asymmetric or
* “corwposite” hollow fibers is best suited for CO%7 removal from exhaled air. The
operation of such a permeator, designed to reduce the COQ concentration in
extalea air from about 4 mole-Z to 1 mole-%, has been simuiated in order to
detrmine its optimum dimensions and wmembrane area requirement. The exhaled
air will flow in such a permeator in an axial direction inside the hollow
fibers, while the external surface of the fibers will be in contact with sea
water. The fraction of the exhaled air permeating through the hollow fibers

{the "permeate") will be enriched in CO‘;\, which will be dissipated in the sea

water. KQYWO T ey membrene Se ﬁbqu.{\ou Croceess, Vivi ng, Computer.ze|

- . i . . :
Ea mauwlaxhon, Hollow ~fibey Pormentor Modules, UEAy Marive AtmsphereS
It was assumed that the hollow fiber membranes will lge made from either

ethyl cellulose or an acrylonitrile/butadiene copolymer, and that their
effective thickness will be 1000 ;‘ For an exhaled air rate of 60 1ltr(STP)/ )
?77f77 (corresponding to a medium diver work-load), the required wembrane \/SC‘)
area will be only about 14 ftz if the membrane is made of ethyl cellulose.
Assuming a conservative fiber-packing density of 1000 ftZ/ft3, this membrane
area can be housed in a cylindrical permeator only 1.7S" (4.44 cm) in diame-

* ter and 9.6" (24.4 cm) long. The dimensions of the hollow fibers will be
0.0275" (0.07 cm) I.D. and 0.0315" (0.08 c¢m) O.D. The pressure drop 'in the
permeator will be less than qcm-HZO.

Hence, hollow-fiber permeator modules will be much more compact and

lighter than the soda-lime canisters used at present for COz removal.
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DEVELOPMENT OF A MEMBRANE PROCESS FOR CARBON DIOXIDE
SEPARATION FROM DIVING ATMOSPHERES

I. INTRODUCTION
The general objective of this project is to develop a membrane separation

process for the removal of CO2

apparatus (UBA). Membrane separation processes are based on the selective
_—-—’"". .

permeation of components of a gas mixture through nonporous membranes, which

from exhaled air in an underwater breathing

are commonly made of polymeric materials. The process under consideration in

this study is required to reduce the CO, concentration in exhaled air from

2
4 mole-7 to less than 1 mole-%Z. The CO2 removal is to be performed in a
permeator module using "asymmetric" hollow-fiber wmembranes as separation
barriers, because a very large membrane area can be psacked per unit volume in

such modules. A simplified diagram of the CO, removal process is shown in

2
Figure 1. The feasibllity of the process has been investigated by means of
different computer simulations.

The following studies have been performed gince the previous progress
report was filed:

1. A computer program has been developed to simulate the removal of CO2
from exhaled air in a hollow=fiber permeator operating under realistic "cross-
flow" conditions. In this permeator, exhaled air (the "feed") is taken to flow
inside the hollow fibers, whereas the permeated gas emerges from the hollow
fibers in a directiun perpendicular to the feed flow (gee Appendix I). The

permeated gas, enriched in CO 15 dispersed in sea water, which will be in

2'
contact with the external surfaces of the hollow fibers. The pressure drop
occurring inside the hollow fibers has also been computed.

The simulation described in the previous report assumed flat-sheet




membranes, simplified "perfect-mixing". conditions in the feed and permeate
streams, and negligible pressure drop in the permeai:or.

2. More realisble values of membrane permeability and selectivity to COZ'
O2 and NZ were used in the new study. In earlier studies the wmembrane was
assumed to be made from cellulose acetate, and the wvalues of the permeability
coefficients for COZ’ 02,

Handbook (1), a well-kXnown reference text. However, an examination of the

and NZ in thigs polymer were taken frem the Polymer

literature and discussions with an industrial organization indicated thst the

selectivity of cellulose acetate toward COZ relative to 02 and NZ vas lower

than indicated in the above Handbook. Therefore, membranes made of polymers

other than cellulose scetate were considered for CO, separation.

2

3. The effects of diving depth on the membrane area requirement were
investigated. The rates of gas permeation of the components of exhaled air
depend strongly on this parameter. Depths frem 5 to 100 FSW were assumed in
the computations, A depth of 10 FSW was taken for the calculations of wembrane
area requirements and of 02 loss.

4. The concentrations of 002, G, and N, dissolved in sea water, and

2 2
their effects on the CO2 separation process, wuere taken ints conglderation in
the new process simulations.

The results of this study are discussed below.

II. DESIGN OF PERMEATOR HODULE

A. General Consideracions

Excess €O, will be removed from =<+ gxbaled air in a hellow-fiber

2
permoator medule. A diagram of such a permeator is shown in Figure 2. The

permeator, as wodified ter the present application, will consist of a light-

veight cylindrical vessel containing a bundle of hollow fiber membranes. Both




ends of the hollow fibers will be "potted" (encased) in tube sheets, or
"neaders", made of epoxy resin. The section of the cylindrical vessel between
the tube sheets willlbe perforated in order to allow sea water to contact and
circulate around the hollow fibers.

Exhaled air (the "feed") will enter one end of the permeator module as

ghown 1in Figure 2, and will flow inside the hollow fibers in an axial

direction. A fraction of the feed gas will permeate through the walls of the

hollov fibers and dissolve in the gea water surrounding the fibers. The

permeated gas f{(or ‘"permeate™) will be enriched in COZ’ because the
permeability of the hollow fibers to C.‘{)2 will be higher than to the other
compohents of exhaled air, i.e., unsinly 02 and Nz. The unpermeated gas
remaining inside the hollow fibers (sometimes called the "retentate™) will be
depleted in CO

the partisl pressure of CQO, decreaging from the inlet to

2’ 2
the outlat of the permeator. The permeate can be visualized as flowing in a
direction perpendicular toe the feed flow, as i3 shown in Figure 3. This flow
pattern is known as "cross~flow."

The amount of C()2 removed from the exhaled air by selective permeation
through the hollow fibers will depend on the following factors (see Appendix
IhH:

1. The composition of the feed (i.e., of the exhaled air}.
2. The nature of the polymsr from which the hollow fibers are made.
3. The concentration ot CC)2 inside and outside the hollow fibers;
the difference in these concentrations is the driving force
for permeation.

4. The tomperature.

B. Description of Hollow-Fiber Membranes

The thollow-fiber membranes will be asymmsetric (anisotropic) {n a




direction perpendicular to their surfaqes. Asymmetric membranes consist of a
highly porous substrate which is 3-6 mil (76.2-152.4 pm) thick and is provided
with a very thin nonporous surface layer, or "skin", cf. Appendix II. The gas
separation process occurs almost entirely 1in the nonporous skin, whose
thickness can be reduced to as little as 2 to 6 x 10--3 mil (500 - 41500 ;\).
The porous substrate serves as a support for the denser skin. Hence, the
mechanical properties of an asymmetric membrane are essentially those of its
substrate, whereas its gas separation properties (gas selectivity and
permeability) are determined by the skin. The presence of pores or pinholes
in the dense skin 1is undesirable because they greatly decrease the membrane
selectivity toward different gases.

In some types of asymmetric wmembranes, the skin is an integral part of
the subgstrate layer, e.g., in cellulosic membraness“ in other types of
asymmetric membranes, Kknown as ."composite membranes™, the skin and its
substrate are made from different polymers. The gas separation and mechanical
properties of such membranes can be optimized separately (see Appendix I1).

The use of mewbranes in the forn of asymmetric hoilow fibers {(Fizures 4a
and 4b) has two i{mportant advantages:

1. The rste of gas perumeation through a nonporous zembrsne is inversely
proportional to its effective thickness, as is shown below. Since the
sffective thickness of an asymmetric membrane ig that of its denge skin, which
‘g very thin, the rate of permeation per unii membrane ares can be large.

2. The fact that assymmetric wmembranes can be produced in the foram of
small-bore hollov fibers makes it possible to pack very large meabrane srees
in small volumes (3000 to 8000 ftZ/ftS, depending on the fiber diameter and
packing density). Hence, hollow-fiber permeators are very compact.

The dense skin i1s usually formed on the feed-side of the hollow fibers.




Hence, in the present application the skin will be on the internal surface of
the hollow fibers, cf. Figure 4b.

C. Mechanism of Gas Permeation

Gases permeate through nonporous wembranes by a "solution-diffusion”
mechanism, which has been discussed elsewhere (2,3) and is also described in
Appendix II.

The permeation of a gas through a nonpsrous membrane car be generally des-
cribed by Tick's laws (2,3). The steady-state rate of gas permeation, Qs,
through & long hollow cylinder, such as a hollow-fiber meﬁbrane, is then given

by the isothermal expression:

20 L(cH - H)

(54
Q =p 2 1

" 1)
8 ln[RO/RI]

vhere D is the mutual diffusion ¢pefficient for the gas/membrane system of
interest; L is the length of the hollow fibar; RO and RI are the oputer and
inner radii of the hollow fiber, respectively; cg and c? <<°§’ are the
penetrant gas concentrations of the outer and inner surfaces of the hollew
fiber, reapectively. D ig apsumed here to be independent of the penetrant
concentration, and superscript N rofers to the hollow-fiber meubrane.

When the hollow fiber 1is aéynmetrtc. as will be the case in the present
applicarion, the radii of interest are those of the denmse skin. Since this

skin is very thin, l.e., Rofﬁl % 1, the denominator in eqn. (1) can be expanded

in series:

. L
Ry

tntROIRx) =[(RD/RI>-1]— . (2)

vhere 6(=R0 - RI) 13 the thickness of the dengse skin. Equations (1) and (2)

then yleld:
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vhere A(=2n RIL) ig the inner surface area of the dense skin.

In the present application the penetrant gas will be exhaled air (the
feed) which will flow inside the hollow fibers in an axial direction. As
mentioned earlier, the dense skin will be formed on the inner surface or the
hollow fibers. Let the local concentration of any component 1 of exhaled air
(02. NZ' or 6023 dissolved in the skin at the feed-side interface be denoted
cg' X of. Figure 5. Let also the local partial pressure of component i in the

exhaled air be P, X vhere P, is the total local pressure of the axhaled air

1’
inside the hollow fibers, and Xy is the local mole-fraction of component i in
the exhaled air. If golution equilibirium is established between component i in
the exhaled air and in solution in the dense skin at the feed/skin interface,

one can write the isothermal relation:

N

R NERERT ()

C

where Si i8 a3 solubility coefficient which depends only on the nature of
component i and the dense skin, and on temperature.

The outer surface of the hollov-fiber wmesbranes will be in contact with

gea water, vwhich will also impregnate the porous substrate of the hollow
fibers. Consaquently, the outer surface of the dense skin will also be im
contact with gea water. It should be noted that this surface 1s also the
interface between the skin and its porous substrate. Let the concentrations
of component i dissolved in the dense skin and in sea water at the skin/ses-
respectively. One can then write

vater interface be denoted cK and cS:

P,1
the equilibrium relstion, cf. Figure 5:

A

M oW

Pt = kxcp,x . (S5




vhere Ki is a partition coefficient. Ki will also depend on the nature of com—

ponent 1 and of the skin, and on temperature. Equstions (3)=($) then yield:

¥ ) 2nR.LD

5
2aR.LD (S p,x, K. cC
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5,1 - 3 =T Sypxy - Kicpy
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The concentration cgdi cannot be measured, particularly since the dense

skin of an asymmetric membrane may net have a distinct interface with its
porous substrate. Therefore, it will be assumed that cgwi vill he identical

with the concentration of component 1 in bulk sea water, cf. Figure 5. Hence,

CSW
P.1

pressure in the atmosphere, on the temperature of sea water, on the salinity

will depeud on the solubility of component 1 in sea water, on its partiasl

of the water. and on depth. Therefore, it is possible to assuse the relation,

cf. Figure S:

SW

Pt ° Ny Psea?y,ata’ m

c

vhere Parm is the atwmospheric pressure; 1g the wole~fraction of

Yl.atm
component 1 in the atmosphere, and H1 ig a suitable solubility coef.icient.

The solubility of 1§ (02. Nz. coz) in gsea wvater probably will be within
Henry's lav limit. Equations (&) and (T) then yield

2aR.L .

1 .
Qg 4 = Py 3 PpX K Porn¥s ace’

(8}

vhere Pi‘anisi’ i3 a permeability coefficient. and al = Niki/gi‘

Let component i ba CO It i3 evident that the rate of CCA permaation

't
through hollow fiber mewbranes will be large {f:

a) Dcoz and Scoz. and hence PCOZ- are large.

b} Heo, and Kgp,. and hence Kgp,. are smell.

¢) The dense skin is very thia, i.e., § ig very small.

Horeover, the skin substrate aust be highly porous 1in ordsr to perait




easy circulsation of the sea water Lo agnd from the permeate-side of the dense

skin. This could best be achieved with "composite™ hollow fibers.

I1I. SELECTION OF MEMBRANE MATERIAL

In a previous simulation of a membrane process for the removal of CO2

from exhaled air it was assumed that the membranes will be wmade from cellulose

acetate (4). The Pclymer Handbook (1) cites the following values of the per—

meability coefficients for COZ' 02’ and Nz in cellulose acetate at 30°C:
‘;COQ = 22.7 x 10-1‘3 cmS(STP)-cm/(s-cm2~cmHg)
502 = 0.718 x 10_10 " " " "
Pr, =0.28x 10720

The selectivity of cellulose acetate toward CO2 relative to 02 and Nz,

respectively, is then given by the regpective ideal separation factors:
® 5 b P = .
a (C{)z/Oz) PCOZIPOZ 29.4

G*(CO,/H,) = Peo, /Py, = 81.1

2
Howevey, an examination of the literature has indicated that the above

gelectivities are too high becszuse the permeabilitv coef{ficient for CO, wvas

2
not obtained with the same type of cellulose acetate as the pereeability

coefficients for ()2 and Nz (5. fore recent publications indicate that

a’(COz./OZ) = 7.3 and a'(COzmz) = 24.7 for an unspecified type of celiulose

acetate at 25°C. These lover selectivities were confirmed by an industrial
wanufacturer of cellulose acetate membranes.
The 1literature also shows that the following polywmer wembranes have

selectivities toward coz. reistive to ()2 and N comparable to those of

2.
cellulose acetate, but have much higher gas permeabilities:




Permeability Coefficient,

Polymer P x 1010 [en3(STP) om/ (s cm-cmilg) 1

) co 0y N

Ethyl cellulose (ethoxy 49.5%) (6) 113.0 14.7 4.43
Acrylonitrile/butadiene block 30.9 3.84 1.1

copolymer (T)
The above data are for a temperature of 25°C. The corresponding

selectivities are:

Peiymer G*(C02/09) &* (COo/N9)
Ethyl cellulose (ethoxy 49.57) 7.1 258.5
Acrylonitrila/butadiene block 8.0 28.1

copolymer

The above two polymers have been considered in the following calculations
as materials for‘the preparation of composite hollow fibers for CO2 removal
from exhaled air. It should be noted that ethyl cellulose is a glassy polymer
at smbient temperature, whereas the A/B block copolymer is in the “rubbery"

state. Therefore, these two materials have significantly different mechanical

properties.

IV. PROCESS_SIMULATIONS

A. Objectives

The objectives of the prucess gimulations were ag follows:

1. To determine the membrane area required to reduce the CO2 content in
exhaled air from about 4 mole-2 (more exactly 3.93 mole-2) to 1 wole-%1 in a
permeator module with asymmetric or "composite" hollow fiber membranes.

2. To determine the dimensions of the permeator module required to

perform cthe adove separation.

3. To determine tie loss of oxygen in the permeator wmodule.
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4. To determine the inner disgmeter of the }roliow fibers necessary to
reduce the axial pressure drop sacross the permeavor wodule to required
specifications. (4 cm—HZO medium load) (8).

B. Basis of Calculations

The composition of exhaled air at the inlet of the permeater wmodule, i.e,

in the feed, was taken tc be as follows (8):

Component Mole-fraction, yy
CO2 0.0393
02 0.1675
NZ 0.7763
HZO vapo: 0.0177
1.0000

The feed is assumed to be ss"urated with water vapor at 25°C. 3Since the
permeate~gide of the hollouw fibers will be in contact with sea water, the

activity of 4.0 will be approximately the same on the two sides of the hollow

-~

fiberga. Consequently, no significant transfer of HZO is expected to take place
from the permeate-side to the feed-side of the hollow fibers or vice versa.

The concentrations of COZ' 0,, and Nz in sea water at a depth of 10 FSW

2'

vere calculated to be as follows (in terms of wmole-fractions and partial

pressures):
Component Mole-fraction Partial Presgure (barsg)
co, 5.85 x 10~% 7.78 x 1077
0, 2.29 x 10°8 3.04 x 10°°
N, 1.025 x 10~S 1.36 x 107°

It 1is seen that the concentration of the above gases in ses water is
negligibly small coupnared to that in exhaled air.

It was assumed that the CO, concentration in the erhaled air at the

2
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outlet of the permeator module i3 reduced to 1 mole-Z. The air is theu
recycled to the diver. The flow rate of exhaled air into the permeator was
taken to be 1,000 cma(STP)/s, and the effective membrane thickness, i.e., the

thickness of the dense skin, was tsken to be 1000 A.

V. DISCUSSION OF RESULTS

A. Process Simulations

The results of the process simulations are presented graphically in
Figures 6 to 18. The results obtained for ethyl cellulose membranes are
presented first in Figures 6 to 12, which are discussed below.

Figure & shows the membrane area required to reduce the CO2 coatent of

exhaled air from about x° = 0.04, or 4 mole-Z, to lower values; x° is the

COy Co2

mole-fraction of CO, at the permeator outlet. The membrane area is seen to

2

increase sharply as the COZ‘ concentration remaining in the exhaled air is

decreased. However, due to the high rate of CO2 permeaticn through asymmetric

hollow fibers made of ethyl cellulose, only about 14 ft2 will be required to

reduce the CO, concentration to x = 0.01, or 1 mole-Z. This membrane area

0
2 CO9

can be packed, as will be shown below, in 2 very small permeator module.
Oxygen and nitrogen will permeate through the hollow fibers together with
COZ' albeit at a much slower rate, cf., Section III. Consequently, some of the
02 in the exhaled air will be lost in the permeate. Figure 7 shows the 2—02
~oxt 88 the concentration of CO2 in the exhaled air is decreased. For example,

when the CO2 concentration at the permeator outlet is reduced to xgoz = 0.02,
or 2 mole-%, the 02 loss will be about 8.22. The O2 concentiration in the

exhaled air will then be reduced from xéz = 0.1675 at the permeator inlet to

¢ . 0.1542 st the outlet. When the <0, content is reduced to x°

1+ 2 COz
or 1 wmole-Z, sbout {71 of 02 will be loat. Thig loss will have to Le

X = (.01,




-{2~

compensated with stored oxygen. The 1993 of oxygen could be reduced by using
hollow-fiber membranes made from polymers which exhibit a higher selectivity

for COZ relative to O,, as is shown in a following section.

21
Figure 8 shows the concentration of CC)Z in the exhaled air at the
o

02

of the exhaled air (feed) permeating through the hollow fibers. It is seen

permeator outlet (x.. ) as a function of the "stage cut", i.e., the fraction

that a stage cut of about 0.10 is required to reduce the COZ concentration to

o -

XCOZ 0.01.

Figures 9, 10, and 11 show the concentrations of 02, NZ’ and HZO vapor,

respectively, at the permeator outlet as a function of stage cut. It is seen

that the concentrations of Nz and HZO vapor increase from the inlet to the

outlet of the permeator, whereas the concentrations of CO2 and 02 decrease.
Figures “2 to 17 present similar data for hollow fibers made from the

ncrylonitrile/Butadiene Block copolymer and can be interpreted in a similar

vay.

B. Pressure Drop Calculatiocns

The pressure drop inside hollow fibers was calculated from eqn. (I-26) in
Appendix I. In order to keep the pressure drop below a required value of 4 cm-
HZO as well as to reduce the (‘()2 content in exhaled air to 1 wole~Z, the

dimensions of the hollow fibers will have to be as follows:

Farameters Hollow Fiberg

Ethyl Cellulose A/B Block Copolymer

{.0. 0.027S"(0.07cn) 0.0236"(0,06cm)
0.D. v.0315"¢(0.08cm) 0.0315"(0.03.:w)
Length 0.80 ft(24.38cm) 0.80 ft(24.3%cm)

No. of Hollow Fibers 2,087 8,932
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C. Dimensions of Permeator Module

On the basis of the above data, and a'ssﬁming-conservatively a low fiber-

packing density of 1,000 ftZ/ftS, cylindrical permestor modules for C()2 removal

from exhaled air will have the following dimensions.

1]

Ethyl cellulose: Length: 9.6" (24.384 cm), 0Q.D. = 1.75" {(4.44 cm)

A/B Block Copolymer: Length: 9.6" (24.384 cm), 0.D. 3.38" (8.51 cm)

H

Hence, if the assumptions made in the calculations are confirmed by

experiment, the permeator module will be both compact and light in weight.

Vi. CONCLUSIONS AND PERSPECTIVE

The present study indicates that it is possible to build an efficient
permeator module for the removal of COZ from exhaled air in an underwater
breathing apparatus. If the assumptions made in the computer simulations are
validated by experiment, the permeator module will be much more compact and
much lighter than the soda-lime canisters used at present for CO2 removal.

The use of soda~lime canisters limits the time a diver can spend under-
vater to a few hours. By contrast, permeator modules are inexhaustible, but

are subject to some O, loss in the permeate. This loss must be compensated

2

with fresh 0Q,, which increases somewhat the volume of Q, to be carried by the

2 2
diver. The magnitudé of this less is illustrated in Figure T for ethyl
cellulose membranes and in Figure 13 for membranes made from A/B block
copolymers,

The oxygen loss in the permeate can be greatly reduced by the use of
membranes which exhibit a higher selectivity to CO2 relative to 02 than the
membranes considered in the present study. This is evident from Figure 18,
which shows the decrease in OZ loss with increasing 002/02 selectivity at a

congtant permeability. It is seen that an increase in gelectivity from
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a‘(COZ/OZ) % 7 (as used in this study) to a‘(COZ/O ) = 30 would reduce the 02

loss to less than 202 of that reported in the brevious section,

More highly selective membranes of the "facilitated transport" type (cf.
Appendix II) are already availsble. For example, Tajar and Miller (9) have
obtained a value of (x*(COZIOZ) = 30.4 at 30°C and 1007 relative humidity with a
a~component membrane system consisting of polyethylenimine-polyvinylbutyral- .
epoxy-water. More recently, HMeldon, Paboojian, and Ranjagam (10) have reported
that a composite membrane consisting of polyethylene glvcol/alkanolamine mix-—
tures immobilized in microporous polypropylene had a selectivity a‘(COZ/OZ) =
40 at 25°C. In an early study of facilitated transpor:t, Ward and Robb (11)
developed a membrane with a‘(COZ/OZ) = 4100 and a very high permeability to
COZ' The use of such membranes in the present application has not been studied.
The facilitated transport membranes described in the literature are relatively
thick, but methods of decreasing their effective thicknegs are being investi-
gated.

Last, but not least, the removal of CO2 from exhaled air by means of a

permeator module is much safer than by using soda~lime canisters, because no

chemical reaction takes place in the former device,




e

10.

11.
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Figure 4a: Cross—-gection of an asymmetric hollow fiber
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APFEIDIX 1

TITLE: SIMULATION OF PERMEATOR MODULE OPERATING IN CROSS-FLOW MODE

Process simulations were performed using the "“cross-flow" model, which
was described earlier, cf. Figure 3. It wvas desired to calculate the membrane
. area required and the oxygen lost in the permeate when different amount of CO2
are removed from exhaled air, which is then recycled to the breathiug mixture.
The membrane area required for the desired CO2 geparation thn datermines the
size of the permeator module for CO2 removal to be attached to the UBA.

The known and unknown quantities in this model asre listed below.

Known quantities:

1. Feed flow rate,

2. MNole-fraction of each component in tha feed (exhaled air),

3. HNHole~fraction of CO2 in the treated air stroam at the permeator
oytiet, and

4. Permweability of sembrane to each component of permeating gas

aixture.
Upknoun guantities:
1. Yembrane srea required for the desired reeoval of COZ.
2. Pressure drop in hollow fibers, and
3. Oxygen lost in permeate to the sea water.
. In order to calculate the unknown quantities listed asbove, it is

neceasary to formulate a system of relations comprising msterial balances and

transport equutions pertinent to cross-fluw conditions in a petweator module.
Assuning a constant density for all gas streams, an overall mas2 balance
over the permeator yilelds, c¢f. Figure 3:

el o= 0 40 (1-1)




Similarly, a component mass balance yields:

Flx) = F%0 + %) ' (1-2)

where:

FI = flow rate of exhaled air (the “feed") at permeator inlet,

FO = flow rate of treated air at the permeator outlet,

VO = net flow rate of perm-ate gas (the "permeate"),

xi = mole fraction of component i in exhaled air at permeator inlet,

xg = mole fraction of component i in treated air at permeator outlet,

yg = mole fraction of component i in permeate.

At any point in the permeator, the net flow ¢f gas through the wall of an
element of length dl. of a hollow fiber is given by the relation, cf. Figure 1$:

D
dq, = ™ dL (5h (c;."1 - cg’i) (1-3)

dqi = volume in cmsistp) of component i poermested per unit time,

cg " concentration of component i1 at any point in wembrane
! at the swabrane/feed interface,
cg concentiration of component 1 in membrane at the sea water/
' mezbrane interface,
do 2 outer wvall diameter of the hollow fiber mesbrane
affective dense gkin thickuness,
D1 = seanh Butual diffusion coefficient of component i in

polyuer membrane {assumed constant),
dL = elemant 0f length of hollow fiber membrane.
The concentration of component i dissolved in the membrane at the feed/

wezbrane interface i{s given by the expression:

N " . -
CF.i bl(ph xi) (1-4)
vhere:
Si = golubility coefficient of component 1 in the membrane

(assumed constant?,
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Py = pregsure of exhaled air on the feed side of the permeator
. module, i.e., inside the hollow fibers, -
Xy = mole fraction of component i at any point in the feed

{exhaled air?}.

{

ph'xi = partial pressure of compcnent i at any point in the feed.

The concentration of component i dissolved in the membrane at the sea
water/membrane interface is controlled by two factors:
a. The solubiiity of component i in sea water, and

h. The partition coefficient of component i between the membrane
and sea water,

CSW
P,1

to express C

If is the concentration of component i in sea water, it is possible
gwi at the sea/atmosphere interface as a function of pi, the
?

partial pressure of component i in the atmosphere

SW
p,y “Hy Py = HiPuenYy st (1-5)
where:
Patm - atmospheric pressure,
Vi atm = mole fraction of component i in ambient air,
Hi = solubility coefficient within the Henry's law limit.

Equation (I-85) describes the equilibrium between ambient air and sea
water. In srder to calculate the concentration of each species in the membrane
at the sea water/membrane interface, 1t 38 necessary to consider the
equilibrium of each component between the membrane and the sea water. This

equilibrium can be expressed in terms of a partition coefficient of the

component between the membrane and sva water. Thus, one can wurite,
ol W
cp,1 = Yi cp'1 R (I-6)
where:

Ki = partition coefficient of compouent 1 between sea watcr and mewbrane.




~38-

Subgtituting eqn. (I-5) into eqn. (I-6), one obtains,

e

cp,i =K

. . -
i l‘"x.(pat:m yi,atm) (-1

Also, substituting eqns. (I-5) and (I~-6) into eqn. (I-3), we obtain:
Di
dq = nd, dL (Ts"){siphxi - KiHipatm'yi,atm] y (1-8
The above equation can be rearranged to the form:

Disi 4 Hi

dq1 = ('ndo dL)(*-E;---)[phx1 - —§;* patm'yi,atnl' (I-9

In eqn. (I-9), dodL = dA = incremental area of membrane through which
permeation occurs. Substituting the above relation in eqn. (I-9), one gets,

da, P, K, H

R R § R N § . .
I & "5’[%"1 5, patmyi,atm] (I~10a)

Pi = mean permeability coefficient of component i1 in the membrane = DiSi'
In eqn. (I-10a), the second term within the bracket represents the concen-
tration of component i in the membrane "skin" in terms of pressure units. This
canl be rewritten in a more simple form by substituting:
. KH
K = 3 (I~10b)

i Si

Substituting eqn. (I-10b) in eqn. (I-~10a), one obtains,

do, p

W &R ‘T’[ph"‘i - Ky patm'yi.atm] (1-10c)

where:

Pp'Xy = partial pressure of component 1 on the feed side.

The "stage cut" 18 the fraction of the feed permeating through tt
mettbrane and is defined by the relation:
@ = V/FI ' (I-11)

where:




"
1t

flow rate of feed at the inlet of permeator module

total permeated product at any distance L aloug the hollow
fiber wembranes frop the inlet of the permeator module.

3
L

A mass balance over an increment of membrane area dA yields, cf. Figure

i3:
-d(in) = JidA (X-12)
A summation for all i components in the feed yields, from eqn. (I-12),
-d(r{x1+xz*...}) = (J1+JZ+....)dA, (I-13)
where xi, xz, Xg eeen are the mole~fractions of the 1 components at any

distance L from the inlet of the permeator module, and Ji' Jz, J3 ... are the
fluxes of each of the i components at the same distance L froi the inlet.
The sum of the mole fractions of all the components in the feed at any
distance L from the inlet must always be equal to unity, i.e.,
Xyt X+ ... 1 (I-14)
Rewriting eqn. (1-13) we obtain:
-dF = XJidA {1I-15)
Reuwriting the term d(in) in the form:

d(in) = x,dF + Fdxi, (1-16)

4
and substituting eqn. (I-12) and (I-15) into eqn., (I-16), one further obtains

?;-x—i = oy Uy (I-11)
dA F

Equation (I-15) can be rearranged in the form:
dF/dA = mi (I-18)
Dividing eqn. +I=17) by eqn. (I1-18):
dx, = (J1 - xiiJi)

4 -
aF (FLI) (I-13)
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I

Dividing the denominator of eqn.-' (1;19) by F° and substituting egn.

(1-11), oﬁé obtaing the relation:

gfl = °(Ji - xiXJi) (I-20)

ae (1-—9)2.!1 ’

and from eqn. (I-14), one obtains

I
a _ F -
@ "3, - (1-21)

Equations (I-19) and (I-20) are the two differential equations which must
be solved simultsnesusly to obtain the membresne area and the concentratiors of
each component in the treated air at the outlet of the membrane permeator
module. The boundary conditions are as follows:

The following conditions prevail at the inlet of the permeator module:
V = 0 and the "stage cut" 8 = zero, cf. eqn. {I-11). The membrane area iz also
zero at the inlet of the module, and the ceoncentration of each component is

equal to that in the feed (exhaled air), thus:

6 =0,

A =0, and
X, = xF

i i

Equations (I-20) and (I-21) were solved using a 3rd order Runge-Kutta
algorithm and the boundary conditions described above.

The other important design consideration is the pressure drop across the
hollow fibers in the permeator. The pressure drop was calculated by means of
the Hagen-Poiseuille equation (12). For the present c¢alculations it was
assumed that the flow rate of the feed was constant at all points from the
inlet to the outlet of the permeator, and egual to that at the inlet of the
permeator. However, in the actual case, the feed flow rate decréasas along

the permeator as permeation occurs. This implies that the pressure drop will
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be lower than that calculated using this simplified equation. The temperature
of sea water was assumed to be 25°C. -

According to the Hagen—Poiseuille equation:

ap

g © 32 ul

(1~-22)

(¥
- Nl<

where

W

Aps presasure drop in hollow fipers,

v = average velocity of feed in hollow fibers,
y = vigcogity of feed at sea water temperature,
L = length of hollow fibers,

d1 = internal diameter of hollow fibers.

The average velocity "of the feed can be calculated as follows

I

v = flow rate/cross-gectional aresa = Fi (I-23)
(nd2)
i
The membrane area requirement is fixed by the desired separation:
Membrane area required = Am = HdOLN . (I-24)
Rearranging eqn. (I~23), one obtains .
A
— -
N = wdoL (I-25)

Substituting eqns. (I-23) and (I-25) into egn. (I-~22), one obtains

128 w7 ! 2
Aps == (dynes/cm™) . (I-26)
Dy Ay
The pressure drop units can be converted to cms. of water by multiplying

by 0.00102289. The viscosity of the feed was estimated to be 1.75_x 10-4

poise.
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APPENDIX II

From "Synthetic Mombranes"”, M. B. Chenoweth, Ed., MMI Press
Symposium Series, Vol. 5, Harwood Academic Publishers,
New York, 1986, pp. 1-37




New Developments in Membrane Processas for
Gas Separations

S. ALEXANDER S1.:RN

Development of Chemical Engineering and Materials Science Syracuse
University, Syracuse, NY 13210

Mcmbrane separation is now a well-established technology. particularly beezse of the
varicty of applications of rcverse osmosis and membrane utlrafiitiation. Some of these
applications are on a substantial scale, such as in thie desalination of brackish an: sca water.
Mecmbrane separation has become economically competitive in these ateas because of the
development of high-fux asymmetric membranes and the ability to ¢ <hricate such membranes
in the form of hollow- fibers, In recent years, further progress in membrane scicnce has
resulted in the successful application of membrane technology to the separation of pases of
industrial interest. A number of large-scale membrane plants fo: the sepazation of hydrogen
from various industrial gas streams and for the recovery ¢ carbon dioxiue in extended oil
recovery are presently in operation. These membrane progesses are competitive with con-
venlienal gas separation techniques. The separation of several ather impartant gases by
selective membrane permeation, such as of oxygen from ate. is beiag studied in many
laboratoties. 1t is amigipated that. in 3 not Yoo distant future, competitive membrane
processes will hecome avaituble also for the separationr of ligud mextures, such as aceotropes
and mixtures ur organic composnds. The discussion will outline the engineering and
cconomic factors affecting the develupment of mewhrane proveswes fur the weparatios of
buth gases amd tiguids, and will summarize the sate-of-theant @ thew ateas.

{. INTRODUCTION

The development of membrane processes {or the separation of gas
mixtures has made remarkable progress during the last two decades. The
Lusi¢ concept underiying this technology. namely, the sclective per-
meation of gases nrough nonporous pol mer membrancs, appeurs to
have first been pro;osed b Graham (1) 4s carly as 1886. A full century
later, in the eavly 196(G's, me ~hrane processes for gas separations were
still being studied largely on a laboratery scale.

Today, over 100 mei Yrane separation plants are in operation in the
United State ¢ as well as in Europe and in Japan. Most of these plaats are

for the sepavation of Hy from various industrial gas streams, such as in-

NH; and THyOH syathesss, in petrolem mfining. and in petrochemical
1
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operations. However, a number of membrane plants separate CO, in
enhanced oil recovery (EOR), from natural gas, and from landfill gas,
while a few plants separate air t» produce 96% N, for the “inerting”
(blanketing) of fuel tanks. The largest membrane separation plant, which
was designed to separate CQ, from mixtures with hydrocarbons in OER,
has been reported to process SO x 10° cu. ft. (1.4 x 10°m?) of feed gas/
day (2). Many other membrane processes for the separation of gas
mixtures are being studied at present both on a laboratory and pilot-plant
scale, as can be seen from Table I. It has been estimated that the total
available market for membranc scparation processes couid reach $500
million between now and 1990.

The great interest in membrane separation technology is due mainly to
the fact that it is potentially energy-efficient. In addition, the required
process equipment is simple, compact, and relatively casy to operate and
control. Moreover, this equipment is modular and can be easily scaled up
or operated by reduced capacity if necessary. Membrane scparation
became sconomically competitive in 1961, when Loeb and Sourirajan (3)
developed their high-flux, asymmetric membranes of ceflulose acctate for
water desalination by reverse osmosis. Asymmetvic membrines can now
be made from many types of polymers, and are being emploved or the
scparation of gases both in sheet form and in the form of compaosite
hotiow fibers. However, the greatest impetus to the development of
membranc separation technology was given by the encrgy crisis of 1973,
which accured just at the time when this technology had reached a
significant degree of maturity.

The objective of the present paper is to summarize some of the chasac.

TABLE 1
Membrane processes {or the separation of gas mtixtures

H; from ammaonia synthesis purge gas

H; from methanol synthesis purge gas

H, from hydredesulfunizer purge gas

Hy from hydrogenatar purge gas

H, from peteoctiemical syathesis gas

Oy and Ny from air

COQ, separation in enhanced ol recovery

CH, from biomass. tandhll, coal mine, and o ficld gases
CH, fromi tow BTU (COy- and Ny-nich) oatural gas

He recovery from natural gas

CO, and H,S scrubbing af acid gases

Dechydration of natural gas and of indunnial gases
Separation of Kr 2nd Xe from nuclear reactor stmarpheres
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teristics of membrane processes for the separation of gas mixtures, and to
highlight new and promising developments in this field.

Il. MECHANISM OF GAS PERMEATION

It is generally accepted that gases permeate through nonporous polymer
membranes by a “solution-diffusion” mechanism (4—8). This mechanism
can be described with reference to Figure 1, which shows a cross-section
through a planar membranc. Application of gas pressure at one interface
of such a membrane results in the following sequence of events: (1)
solution (absorption) of the gas into the membrane at that interface, (2)
molecular diffusion of the gas in and through the membrane, and (3)
release of the gas from solution (desorption) at the opposite interface.
The term permeation is accordingly used to describe the overall mass
transport of-transport of “‘penctrant™ gas across the membrane. whercas
the term diffusion refers only to the movement of gus molecules inside
the polymer matrix.

In most cases of interest in membrance separations, molecular diffusion
is the slowcest and. hence the rate-determining step in the permeation
process. By contrast, the absorption and duesorption steps are so fast tha
solution cquilibrium is usually established ut the membrane inteefaces.
Diffusion of a guas in and through a polymer membrane can usually be
described by Fick's two laws. By solving Fick's laws for the desired
physical cenditions, i.c., for the appropriate initial and boundary con-
ditions, it is possible to formulate the rate of diffusion J as weil as the
penetrant concentration profile within the membrane. J is also the rate of
gas permeation through the membranc since. as mentioned above,
diffusion is rate controfling. Crank (8) and Jost (9) have described various
methods of solving Fick's equations for different membrune geometrics
and boundary conditions, for constant and variable diffusion coefficicnts.
and for both transicnt and steady-state transport.

From a practical viewpoint, it is of interest to determine the rate of gas
permeation under steady-state conditions, J,, as well as the dependence of
this rate on pressure and temperature. Steady-state is achieved if, at a
given temperature, the constant pressures p, and pe (<p,) are maintained
at the two membrane interfaces, respectively. For example. the following
expression can be derived from Fick's first law for the steady-state rate of
gas permeation through a planar, isotropic, and homogeneous membrane
of thickness d (4, 5):

J, = P(pa = pold. (1)
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where P is a mass-transfer coefficient known as the mean “permeability
coefficient” or the “permeability”; eqn. (1) refers to a specified tem-
perature and unit area of membrane.

It can be further shown that when p, » py. as is the case in membrane
separation processes, the permeability coeificient P is a product of a
mean diffusion cocfficient D and a soiubility coefficient S,:

P=D-s,, (2)
where
I_ D{(c)de
| A N—
{cn — <)
S‘h = Ch/ph\ (‘;)

and where ¢, and ¢, are the cquilibsium concentrations of pcnclrzim
dissolved at the two membrane interfaces whan the penctrunt pressures a?
these interfaces are p,, and py, respectively: and D{c) is the mutual
diffusion coefficient for the penctrans/miembrane systemd. In the most
general case, P depends on the natare of the penetrant and the polymer
membrane, on both p, und p,. and on the temperature,

Similarly, it can be shown that the stcady-state rate of gas permeation
through a tubular membrane, such as a capillary or hollow fiber, is given
by the relation:

= p&alips = po)
= PR ®

where Ry and R are the effective outer and inner radii of the tube, and L
is the length of the tube.

The rate of permeation of a component of a gas mixture is also given by
eqns. (1) or (5), but the permeability cocfficient P may then be a
function of composition as well, where p, and pc are then the partial
pressures of that component of the two membrane interfaces.

The selectivity of a nonporous membrane toward two different com-
ponents A and B of a permeating gas mixture is usually expressed in
terms of an ideal separation factor, a”, which is defined by the relation(s):

«’(A/B) = PA/PO (6)
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If the membrane exhibits a higher selectivity for component A than
for B (i.e. at equal partial pressurcs, A permeates faster through the
membrane than B) then «"(A/B)> 1, whereas the opposite is true if
a*(A/B) < 1. No separaiion car: occur, of course, when a*(A/B) = 1. The
ideal separation factor is, therefore, a separation index similar to the
relative volatility used in distillation.

. PRINCIPLES OF MEMBRANE PROCESS DESIGN
A. General Considerations

Gas mixtures are scparated by selective permeation through a polymer
membrane in devices known as “permeators”, The permeator is the
basic membrane separation unit, or stage. and consists cssentially of &
high peessure vessel containing a large area of membrane. The vessel is
provided with an inlet for the gas mixiuvte fo be separated (the “feed™)
and ouzlets for two or more product streams. Additionally, the permeator
is provided with the nccessary piping and valving, and with instrumen-
tation for the control and measurement of flow rates, pressures, and
temperature. The compaositions of the feed and product streams are also
moritared.

The operation of & coaventional permeator is illustrated in Figure 2,
where the permcator is represented conceptually as o “black box™
separated into (wo compartments by u plasar membrane. The feed
stream flows through one of the compatiments at some suitable pressure
Pa. which is usually maintained constant. The opposite compartment is
maintaincd at sume lower constant pressiare, pe. A fraction of the feed,
known as the “stage cui”, is allowed te permeatz threugh tlic membrane
into the low-pressure compartment. ‘vhe {ecd sircum is thereby separates
into two product streams: (a) a permeated (low-pressure) stream cnriched
in the faster permeating components of the fecd, and (b) un unpermested
(highpressure) stream depleted in these components. ‘ihe magnitude of
the stage cut will depend on the feed flow rate, the memorane area, and
the pressure ratio £ = pa/p;.

It should be noted that the membrare need not be planar, or in shaet
form, as is shown in Figure 2, but can also be, and most often is in the
form of a bundle of hollow fibers or capillaries. A diagram of a hollow
fiber permestor is shown in Figure 3, where the high- and low-pressure
streams are represented as flowing countercurreatly to one another. It is
seen that a hollow fiber permcator greatly resembles a tubular heat
exchanger.
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Given the composition of the {ecd stream, the process designer must
sclect o membrang with a suitable gas sclectivity and permeability. He
may be guided in this task by the cnitens discussed in a following section.
The process designer then wishes to determine the composiitons of the
product streams and the membrane area requirement {or various operating
conditions. The extent of separation achievable in a permeator (i.e. in a
single permeating stage), and hence the compositions of the product
streams, will depend on the following factors (5, 10~12), o, Figuse 2!

Feed composition
Natute of the membrane
Pressures p, and py
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The flaw rates of the product streams are determined by the feed
flow rate, and by the scleeted stage cut and pressure ratio r{=p,/py). The
membrane arca also depenas on the above factors as well as on the fecd
flow rate.

The first four fuctors listed above are expressed by the permeability
cocfficient P, whose numerical value must be determined  experi-
meatally for the desired conditions or predicted. if possible {from =uituble
corrclations. The cffects of the fust two factors are discessed below,

B. Etiect of Stage Cut

Consider the membrune scparation of a binary gas nuxtuie of com-
ponents A and B, where A is assumed to be the more rapidly permeating
component. The cffect of the stage cut 8 on the compusition of the
permicated product stroam (the “permeate™) is Hlustrated in Figure 4 for a
hypothetical separation process. The stage cut 8 is the {raction of the feed
permeating through the membrane; thus, if £, Py, and P; are the total
flow rates of the {ced, unpermeated, and permeated streams, respectively,
then 6= P,/F. -

It is seen from Figure 4 that, for specified values of o [=p(A)Y
F(B)) and of r(wpa/pe), the highest concentration of component A in
the permsate is obtained in the limit 8~ 0, i.e. when an infinitesimal
fraction of the fecd permeates through the membrane. As 0 is invreased,
the concentration of A in the permeate decreases. When 6 = 1, the other
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limit, no separation i obtained because all the feed is forced through the
membrane (P;=F),

The process designer is thus faced with an optimization problem. In
order to increase the concentration of component A in the permeate (at a
given o° and 1) he must decresse 8, thereby decreasing also the permeate
flow rate, and vice versa. Af a given 6, the concentration of A in the
permeate can be increased by increasing a” or r, Oc Loth these para-
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meters. The value of «" depends on the chemical composition and
morphology of the membrane. The possibility of increasing a” for a given
pair of penetrant gases depends, therefore, on the ability of polymer
chemists to synthesize more highly gas-selective membranes. The value of
the pressure ratio r is usually limited by economic considerations.

C. Efiect of Flow Pattern

The extent of scparation achicvable in a single permecator and the
required membranc arca depend also on the flow patterns of permeated
and unpermeated gas streams, relative 1o one another, in the permeator
(5, 10-12). Four such patterns, for “perfect mixing”, cross flow,
concurrent flow, and countercurrent flow, are illustrated diagram-
matically in Figure 5.

In the perfect mixing™ case it is assumed (hat the unpermeated high-
pressurc) gas stream in the permeator is mixed so rapidly that its com-

P P,

L/ I
HEERR

P;-YO «

FEEQ P FEED Py
Oh o "\ —
L
N .
PERFECT MIXING CRGSS FLOW
Py Fy
I T D ]
FED) . . P e N J__"_l
COCURRENT FLOW COUNTERCURRENT FLOW

FIGURE 5 Flow patterns in single peemcation stige. P = Unpermested Product: Pyw
Permeated Product.
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position at all points in the permeator is the same as that at the permeator
outlet. The same assumption is made for the permeated (low-pressure)
stream. A step-wise change in the feed composition occurs here at the
permeator inlet, as is the case in the ideal continuous stirred tank reactor
(CSTR). The other flow pattecns illustrated in Figure S are self-explan-
atory. In these cases, the composition of both the permeated and unper-
meated streams vary continuously from the inlet to the outlet of the
permeator, both streams becoming depleted in the more rapidly per-
meating component(s).

The effect of the flow pattern in a permeator on the scparation of a
hypothetical mixture of components A and B is shown as a function of
stage cut in Figure 6. The plot is for given values of a* and of the pressure
r, and A is agitin assumcd to be the more rapidly permeating component,
As is indicated in Figure 6, countercurrent flow is the most cfficient flow
pattern at any given stage cut 0<6<1, in that it yiclds the highest
concentration of A in the permcate. It can also be shown that couanter-
current flow requires the smallest membrane arca. By contrast, “perfect
mixing” is the lcast cfficient flow pattern in these respects. Other flow
patterns yicld intermediate results.

The difference in the affects of the above flow patterns on the extent of
scparation and membrane arca requircments is more pronounced the
larger the values of a® and r. However, ol flow patterns yicld the same
results in the stage-sut limits 8— 0 and G- ],

The factors affecting the separation of gas mixtures by selective
permeation are now well understood. The performance of permeators can
be predicted with confidence for any desired operating conditions {rom
suitable mathematical models (3. 10, 13-24), if the pertinent permeabilty
cocfficients are known.

IV, NEW CONCEPTS IN MEMBRANE PROCESS DESIGN
A. Motivation

At the prosent time, the number of membrane processes for gas separ-
ations which are economically viable is very limited because of the lack
of membranes with a sufficiently high sclectivity and permeability toward
a spectrum of different gases. This situation is not surprising since most
available membranes of commercial origin were developed for purposes
other than for gas separation, ¢.g. for packaging. Considerable work
aimed at the synthesis of more highly gas-sclective membranes for a
variety of separation processes is currently in progress in many labor-
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atories. However, the extent of scparation that can be achieved in a
membrane process can also be considerably enhanced in some cases by
several process design techniques, using already available membranes.
A well-established technique of increasing the extent of separation in a
membrane process is to connect two or more permeators in series to form
a countercurrent cascade, cf. Figure 7. The permeated stream from each
permeator is recompressed and used as feed for the succeeding permeator,

o~ ————
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while the unpermeated stream is returned and mixed with the feed to the
preceding permeator. Large cascades using porous barriers as separation
elements are presently used in several countries for the separation of
uranium isotopes by gaseous diffusion. The principles of cascade design,
as applied to the separation of gas mixtures with nonporous polymer
membranes, have been discussed by a number of investigators (5, 25).

Economic evaluations show that, with few exceptions, permeation
cascades are not competitive with conventional separation techniques
even if only two permeators in scries are required. Of course, a number
of permeators can always be connected in parallel in order to increase
product output. Two relatively new concepts in membrane process
design, which are discussed below, may prove 10 be more economical
than the staging of permeators in cascades. These concepts involve (1) the
use of various product recycling techniques, and (2) the use of two (or
more) different types of membrane in a permcator, cach type being
selective to a different component of a feed mixture (26). A special
recycle permeator known as the “continuous membranc column™ descrves
special consideration. The use of a “purge" or “sweep™ gas on the
permcate side of a permeator is also discussed.

B. Recycle Permeators

A potentially cfficient method of enhancing the extent of separation is to
recycle a fraction R of the permeated product stream into the feed stream
as shown in Figurc 8. The cffect of product secycling is illustrated
qualitatively in Figurc 9 for a hypothetical binary mixture and membrane,
The figure shows the concentration of the more rapidly permeating com-
ponent of the mixture, A, in the permeate as a function of the overell
stage cut 6 = (1 - R)Py/F and for various values of R, For R =0, i.c., for
the case where the permeator is operated without recycle, one obtains the
usuel permeation behavior described earlier: the maximum concentration
of A is obtained when 68— 0, while no scparation is uchieved when 6= 1,
For a given flow pattern (e.g., countercurrent), the concentration of A
will increase with increasing ideal separation factor «®, When part of the
permeated products is recycled to the feed (0<R<1I), the concen-
tration of A in the plots of Figure 9 is seen to increase with increasing R
above the values obtainable without product recycle (R = 0) for the same
o and 1. For large recycle fractions, R, the plot of concentration of
component A in the permeated product tends to develop a sharp maximum
as R is increased.

The cffectiveness of recycling is illustrated quantitatively in Figure 10
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for the case of air separation. In this example, air is taken to be a binary
mixture of 20.9 mol % O, and 79.1 mol % N,. It is also assumed that a
membrane with an ideal separation factor, a*(0,/N,), of 10 is used and
that the pressure ratio r is 5; the assumed value of a” cannot be obtained
with any of the solid polymer membranes available at present, but should
be achievable with some “facilitated transport” membrane. Figure 10
shows that the O, concentration in the permeated product stream passes
through a maximum at a stage cut 86 =0.1-0.3 when R=0.6, and that
this maximum increases very rapidly with increasing R values. However,
the power and capital investment costs of the permeation process also
increase very rapidly with increasing R, because of the increase in the
volume of gas recycled and in membrane area requirements (see Figure
). :

C. The Continuous Membrane Column

An examination of Fig. 8 suggests that the feed stream necd not be
introduced into the permeator at the recyele end of the stage, as is shown
in that figure. The feed can be inserted anywhere between the two ends
of the permeator, either in the high-pressurc or low-pressure com-
partment, as illustrated in Figure 8 (fced locations A or B). In such cases,
the permcaior is transformed into a membrane scparation device some-
times called a “continuour, membranc column™ (CMC), which is shown in
more detail in Figure 12a. This device was apparently first described by
Pfefferie (27). and has been studied in recent years by Hwang and co-
workers (e.g.. (28)).

Referring to Figure 12a, the CMC is scen to consist of an enriching
section and a stripping section, not nccessarily of the same length. The
product streams can be recycled both at the top and the bottom of the
CMC. The roles of the eariching and stripping scctions are the same as
those in distillation columns, namely, to obtain thc maximum scparation
as well as recovery of a desired component from the {ced mixture.

The principle of operation of the CMC is somewhat similar to that of a
thermal diffusion column: the local separation of a gas mixture due to
permeation (or thermal diffusion) at any point in the column may be
small, but this elementary separation is multiplied many times as the gas
mixture flows axially toward the cnds of the column. The more rapidly
permeating component is concentrated on the low-pressure side of the
CMC in the low-pressure gas stream.

The extent to which a gas mixture can be separated in a CMC will
depend on the recycle fraction R for a given membrane (i.c. for a given
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«"), on the pressure ratio 1, and on the stage cut 6. Typical results are
shown in Figure 13 Zor the separation of air, assuming that a® (O4/Ny) =
10 and r= 3. The feed (air) is inseried on the high-pressure side of the
CMC and at column pressure, at a point where the gas in the CMC has
the same composition as the feed.

It is seen from Figure 13 that the concentration of O, in the permeated
product stream does not exhibit a maximum as was the case in the recycle
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permeator. Rather, the concentration of O, increases continuously at
constant R as 0 is decreased. The concentration of O, also increases at
constant 8 as R is increased, but only at lower values of 8. Therefore, in
principle, it should be possible to separate a binary mixture in a CMC to
almost any desired extent by operating this device at a sufficiently high R
and low 6.

D. Multimembrane Permeators

Onno, Kimura, and their coworkers (29-33) have made the ingenious
suggestion that the cxtent of scparation of a binary gas mixture by
selective permeation can be substantially enhanced by using two diffcrent
types of polymer membrane instead of a single type. Each of the two
types of membrane is chosen to be selective toward a different com-
ponent of the mixture to be scparated. For example, when separating a
mixture of components A and B, one membrane (designated hereafter as
membrane A) must be more permeable to component A, while the other
membrane (designated as membrane B) must be more permeable to
component B. A diagram of a permeator enclosing two different types of
membrane simultancously is shown in Figure 14. As is scen from the
figure, the high-pressure feed is 