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The overarching goal of our study is to develop a novel energy-neutral wastewater treatment technology that could aid in water reuse within a forward operation 
base, reducing water transport. To achieve this, we developed a microbial fuel cell capable of generating hydrogen peroxide as primary product. This technology 
takes advantage of the high-energy content of blackwater; the microbial fuel cell consumes and converts it into an electrical current that is used to generate 
significant amounts of hydrogen peroxide. The hydrogen peroxide can have several uses: (1) direct treatment of graywater towards reuse, (2) tertiary treatment of 
graywater and/or blackwater, (3) odor control for blackwater, and (4) treatment of blackwater itself for better effluent quality and solids destruction.

More specifically, our objectives were to (1) show the feasibility of hydrogen peroxide production from blackwater, (2) achieve hydrogen peroxide production at 
high efficiency, and (3) demonstrate the effective treatment of blackwater at near energy-neutral conditions using a microbial fuel cell.
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δ The exponential weight -- 
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function in controls calculations 
-- 

εH2O2 Efficiency of current conversion to H2O2 % 
ηact Activation overpotential V 
ηan Anode overpotential V 
ηcathode Cathode overpotential V 
   
ηconc Concentration overpotential V 
ηH2O2 Concentration overpotential for O2 reduction to 

H2O2 
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ηOH- Concentration overpotential for H2O2 reduction to 
OH- 

V 

ηOhmic Ohmic overpotential V 
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λf Forgetting factor -- 
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reaction g 
-- 
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species h 

M/L3 
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Ck−∗  Concentration of deprotonated form of species k M/L3 
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system  
M/L3 

CR Coulombic recovery % 
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and pressure 
V 

Ean,observed Observed anode potential V 
   
Eap Applied voltage V 
E* Apparent electric field 1/L 
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and pressure 
V 
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Fi Filter bank -- 
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IpH pH inhibition term -- 
j Current density A/L2 
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J Mass flux M/L2-t 
Jion Total flux of an ion M/L2-t 
Jdiff Diffusive flux of an ion M/L2-t 
Jmig Flux due to migration M/L2-t 
Jmembrane Flux through the membrane M/L2-t 
k Time step in the controls sections -- 
K* Controller gain -- 
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- -- 
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- - CO3
2- -- 

Ka3 Acid dissociation constant of H3PO4 - H2PO4
- -- 

Ka4 Acid dissociation constant of H2PO4
- - HPO4

2- -- 
Ka5 Acid dissociation constant of HPO4

2- - PO4
3- -- 

KARB Half maximum utilization rate of substrate for ARB M/L3 
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Kh,inh The inhibition factor (M/L3) for species h M/L3 
khyd First-order hydrolysis-rate constant t 
Kin Integral gain of the controller -- 
KLa Mass transfer coefficient 1/t 
Kpn Proportional gain of the controller -- 
Kw Acid dissociation constant of water -- 
L Length or thickness of the diffusion layer L 
L Target loop transfer function (controls sections 

only) 
-- 

Lf Length or thickness of the biofilm L 
M Mass M 
Me Cumulative methane production from the BMP 

assay at time t 
L3 

Memax  Methane yield from BMP assay at the end of the 
incubation time 

L3 

Mg Constraint set of the controller gain -- 
n Number of electrons transferred as part of 

electrochemical reactions 
-- 

Nc Number of components in a system -- 
Nca Number of negatively-charged components -- 
Np  The total number of complexes associated with 

component j 
-- 

Nx Number of complexes -- 
PCODeffluent Effluent PCOD concentration M/L3 
pH* Local pH -- 
pi Concentration of complex i M/L3 
P�i Chemical formula for complex  i -- 
pHopt Optimal pH for bacteria -- 
Q Volumetric flow rate L3/T 
q1 Volumetric flow rate of HCl L3/T 
q2 Volumetric flow rate of H2CO3 L3/T 
q3 Volumetric flow rate of H3PO4 L3/T 
q4 Volumetric flow rate of NaOH L3/T 
q�Xf Maximum specific growth rate in the biofilm M/L3-t 
R Ideal gas constant 8.314 J/mol K 
rh Reaction rate for component h M/L3-t 
ROhmic Cell Ohmic resistance Ω L2 
s Laplace variable -- 
S Sensitivity of the target loop -- 
Sh,inh Substrate limitation function for component h -- 
SA Anode surface area L2 
SCODeffluent Effluent COD concentration M/L3 
t Time t 
T Temperature T 
TCODeffluent Effluent TCOD concentration M/L3 
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W Range of functional pHs for bacteria -- 
Wa Charge quantity to calculate charge balance M/L3 
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1. ABSTRACT 

Objectives.  The overarching goal of our study is to develop a novel energy-neutral wastewater 
treatment technology that could aid in water reuse within a forward operation base, reducing 
water transport.  To achieve this, we developed a microbial fuel cell capable of generating 
hydrogen peroxide as primary product.  This technology takes advantage of the high-energy 
content of blackwater; the microbial fuel cell consumes and converts it into an electrical current 
that is used to generate significant amounts of hydrogen peroxide.  The hydrogen peroxide can 
have several uses: (1) direct treatment of graywater towards reuse, (2) tertiary treatment of 
graywater and/or blackwater, (3) odor control for blackwater, and (4) treatment of blackwater 
itself for better effluent quality and solids destruction.   
 
More specifically, our objectives were to (1) show the feasibility of hydrogen peroxide 
production from blackwater, (2) achieve hydrogen peroxide production at high efficiency, and 
(3) demonstrate the effective treatment of blackwater at near energy-neutral conditions using a 
microbial fuel cell. 
 
Technical Approach.  We divided our approach into 8 Tasks aimed at achieving the objectives 
described.  In Task 1, we studied the kinetics of microbial hydrolysis of organic solids and anode 
respiration in blackwater.  This knowledge allowed us to define hydrolysis kinetic parameters, 
assess the efficiency of the microbial fuel cell treating blackwater, and develop mathematical 
models to predict treatment in Task 2.  We developed a non-steady-state mathematical model, 
MYAnode, which integrates the chemical and biological processes in the bulk liquid of the 
microbial fuel cell with substrate utilization and current production in the anode biofilm.   
 
The production of hydrogen peroxide at the cathode requires an optimization of materials that are 
suitable for this oxidant.  In Task 3, we selected the best carbon-based materials for hydrogen 
peroxide at the cathode, anode materials with high surface area for current generation and 
blackwater treatment, and different membranes or separators between anode and cathode for 
their suitability when hydrogen peroxide is produced.  In Task 4, we developed control strategies 
that will be useful for process optimization.  Specifically, we focused on the development of 
anode or cathode potential control and the optimization of pH in the system.  These strategies 
were implemented in microbial fuel cell prototypes in Tasks 5 and 6.  We systematically 
characterized and reduced potential losses in microbial fuel cells through design optimization.  
We also optimized each part of the system by studying cathodic hydrogen peroxide production 
and blackwater treatment separately.   
 
In Task 7, the microbial fuel cell prototypes were optimized to maximize effluent quality and 
hydrogen peroxide yields and rates of production.  Two designs were tested, one in which hydrogen 
peroxide is collected for other uses and one in which the hydrogen peroxide is directly utilized to 
treat the blackwater.  Task 8 compiles the experimental results to develop an engineering design 
of a pilot-scale microbial fuel cell that produces hydrogen peroxide.  The scope was expanded to 
include a life cycle assessment conducted in collaboration with SERDP project ER-2216.  
 
Results.  Comparisons on the operational conditions of microbial fuel cells fed with blackwater 
show that the hydraulic retention time (HRT) is an important parameter that controls its 
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performance.  Semi-continuous operation achieved over 60% total chemical oxygen demand 
(TCOD) removal.   The conversion of these solids to electrical current increased with shorter 
HRTs:  28%, 34%, and 32% for 12-, 9-, and 6-day HRTs, respectively, and methane fractions 
declined proportionally.  A newly developed mathematical model, MYAnode, was able to 
predict similar behavior between methanogens and anode respiration, stressing the importance of 
pH and influent methanogens into the expected performance of the reactor.  Based on these 
results, other studies focused largely on a 6-9 day HRT. 
 
The study of cathode materials identified Vulcan carbon with a Nafion binder as the best catalyst 
for hydrogen peroxide production.  Lower loadings of Vulcan carbon at ~0.45 mg/cm2 were 
optimal to achieve the highest peroxide production over a wide range of cathode potentials.   
Membrane-stability tests identified AMI-7001as the most stable membrane in hydrogen peroxide 
conditions, making it ideal for further studies.  Hydrogen peroxide stability in different buffers 
and pH values showed that high pH lead to a faster degradation rate, suggesting that operation at 
near neutral pH conditions at the cathode are desired.  Based on this information, an adaptive pH 
controller was developed to control pH at the anode and cathode, taking into account the 
unpredictable variation of sludge alkalinity.  Experimental results with the direct adaptive pH 
controller adapt reasonably well to the gain changes in the plant with the operating points and 
with the change in buffering capacity.  
 
The development of an efficient microbial fuel cell prototype began with a characterization of 
potential losses and approaches to alleviate them.  Cathodic pH was again responsible for 0.344 
± 0.019 V loss in the system, and the addition of CO2 in the cathodic air removed most of this 
loss.  Hydrogen peroxide production was tested as a function of air flow rate, cathodic HRT, 
buffer concentration, and the addition of EDTA as stabilizer using acetate as electron donor.  The 
maximum concentration achieved was 3.1 ± 0.37 g H2O2 L−1 at a 4-h HRT and a 37% cathodic 
efficiency, while the highest rate of production was 57 g Lcathode

−1 d−1 at a 1-h HRT and a 78% 
cathodic efficiency.  These efficiencies and concentrations are much higher than what is required 
for graywater tertiary treatment and other uses.  However, upon using primary sludge as 
surrogate for blackwater, current densities were significantly lower and the same reactor design 
yielded a maximum of 0.23 g H2O2 L−1.  On the other hand, the use of hydrogen peroxide for the 
treatment of the sludge itself led to an effluent quality similar to that of class B biosolids, with a 
55% volatile suspended solids removal and 1.2x105 ± 1.2x104 most probable number (MPN) 
fecal coliforms.   
 
Through the kinetic and design parameters developed, we developed an engineering design 
specifically focused on a pilot-scale system that can be demonstrated under ESTCP that takes 
into account the materials selected and an adequate size for blackwater treatment. 
  
Benefits. Our research not only demonstrates the feasibility to produce hydrogen peroxide from 
blackwater using a microbial fuel cell, it shows that high rates and production efficiencies are 
possible.  The microbial fuel cell efficiently treats the blackwater with or without the aid of the 
hydrogen peroxide produced.  However, higher quality and rates are achieved through the aid of 
hydrogen peroxide.  The development of this technology can change approaches at forward 
operating bases and at municipal wastewater treatment plants by having an in situ chemical 
production of a strong oxidant for treatment. 
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2. OBJECTIVES 

US forward operating bases (FOBs) are often burdened by water transport and wastewater 
treatment (WWT) and disposal.  According to current estimates, approximately 80% of the 
delivery trucks for an FOB deliver water or haul wastewater away (Noblis, 2010).  Thus, water 
and wastewater transport becomes a major burden to the military’s budget due to the high cost of 
fuel in remote FOB locations.  To avoid the costs and risks, the military must develop a reliable 
WWT that focuses on water reuse and is energy neutral or positive. 

   
Traditional municipal WWT processes include a combination of aerobic and anaerobic process 
with dilute waste streams; however, microbial anaerobic treatment of wastewater can provide an 
energy efficient alternative for high strength wastes, such as blackwater (BW).  Anaerobic 
treatment provides three major benefits:  the electrons contained in the waste are consumed by 
microorganisms and converted into a form of energy that is readily used for human activities 
(e.g., hydrogen (H2), methane (CH4), electricity), but omits energy-intensive aeration processes 
used during traditional aerobic WWT (Rittmann and McCarty, 2001; Tchobanoglous et al., 
2004).  In addition, the anaerobic processes promote the solubilization of solids present in BW 
via the process of hydrolysis, reducing the amount of sludge for disposal.  FOBs provide a 
perfectly concentrated BW stream for anaerobic processes:  the average soldier produces ~0.5 
pounds of chemical oxygen demand (COD) per day as BW (Barth et al., 1992) present in a low 
amount of water (6 gal/day; Noblis, 2010).  Additionally, the BW is a slurry of ~1% solids that 
needs to be hydrolyzed and stabilized before disposal.   

 
While several anaerobic treatment technologies exist, the microbial fuel cell (MFC) is one the 
most innovative and promising technologies (Rittmann et al., 2008; Torres, 2014).  MFCs 
achieve a high degree of COD stabilization in wastewater because of the fast growth kinetics of 
anode-respiring bacteria (ARB) (Torres et al., 2008; Torres et al., 2010) due to the higher energy 
gain during anode respiration.  This allows ARB to achieve treatment goals and reduce the 
reactor footprint in an FOB.   

 
In our approach, we used the electrical current generated in an MFC to produce hydrogen 
peroxide (H2O2) at the cathode, which we termed a microbial peroxide producing cell (MPPC).  
A strong oxidant, H2O2 is a used in WWT with the Fenton process or combined with ultraviolet 
(UV) light to produce free radicals to achieve tertiary treatment and disinfection of graywater 
(GW; Snyder et al., 2008). H2O2 can also serve as a disinfectant or applied to accelerate or 
enhance oxidation of organics in BW. The conventional H2O2 production method, the 
anthraquinone oxidation (AO) process, is energy-intensive. Moreover, anthraquinone and its 
derivatives are potential carcinogens (Campos-Martin et al. 2006; Hart and Rudie 2014).  Thus, 
an in situ production of H2O2 can reduce costs and provide sustainable WWT at FOBs moving 
towards a GW reuse scheme. 

 
Our proposed MPPC system has BW treatment and H2O2 production as the primary objectives, 
with power generation as a secondary benefit.  We developed two types of MFC focusing on 
hydrolyzing and stabilizing the solids contained in BW, while providing H2O2 production.  The 
H2O2 was used to either treat the BW or collected to treat the GW stream.  The advantages of this 
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technology over current technologies used at FOBs (aerated lagoons, activated sludge, burn pits, 
off-site disposal, etc.) are: 

• It decreases treatment costs and energy consumption due to minimizing aeration. 
• It makes waste treatment energy neutral or positive. 
• It has a compact design due to the use of a high-efficiency ARB-biofilm system. 
• It provides on-site production of a water disinfectant/oxidant (H2O2) suitable for water 

reuse. 
 

To further the development of MPPCs for BW treatment, we studied the kinetics of microbial 
oxidation of complex organic solutes and solids in MPPCs, found adequate materials for MPPC 
construction, and improved the MPPC design to meet FOB treatment requirements.  The primary 
objective of this project is to conduct applications-driven research in order to design a practical 
MFC for the treatment of BW and concomitant production of H2O2.  Specifically, our objective 
is to provide mechanistic understanding and design specifications needed to develop a field-scale 
MPPC for a follow-on Environmental Security Technology Certification Program (ESTCP) 
project; our research strategy is designed with this future transition in mind.  The five specific 
objectives for our project are: 

 
1. Study the kinetics of microbial hydrolysis of organic solids and anode respiration in BW - 

Our first objective is to develop scientific knowledge required to understand the kinetics of 
an MFC treating complex organics and solids found in BW.  This knowledge allowed us to 
define hydrolysis kinetic parameters in an MFC, assess the efficiency of the MFC treating 
BW, and develop mathematical models to predict treatment. 
 

2. Test various materials that are suitable for an MPPC producing H2O2 from BW - The 
production of H2O2 at the cathode requires an optimization of materials that are suitable for 
this oxidant. We tested carbon-based materials that will optimize H2O2 production at the 
cathode, anode materials with high surface area for ARB growth while treating BW, and 
different membranes or separators between anode and cathode for their suitability when H2O2 
is produced.  Our objective is to find the optimal materials for this application. 

 
3. Design a process-automation system that will enhance the operation of MPPCs for field 

application - A process-automation system is crucial to the operation of the MPPC.  FOBs 
must be able to maintain the excellent performance of the treatment facility without highly 
skilled labor.  We studied key components of the control system to include dynamic 
simulation, sensing, data acquisition, monitoring, operator interface, controls, and 
optimization for the MPPC.   

 
4. Design, build, and test lab-scale prototype MPPCs for H2O2 production - Our main research 

focused on the development of MPPC prototypes that will allow us to optimize its operation 
in a laboratory setting.  We evaluated MPPC designs able to achieve a range of COD 
removals at the anode while producing H2O2 at the cathode.  We evaluated two distinct types 
of MPPC configurations: (a) an MPPC in which H2O2 is produced at the cathode and 
collected for eventual use in GW treatment and MPPC-effluent polishing and (b) an MPPC in 
which H2O2 is produced at the cathode and fed to the BW to accelerate COD oxidation 
(Figure 1).  These two configurations can be used separately or in concert in an FOB.  
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5. Synthesize the knowledge into a preliminary design of a field-demonstration unit to be 

demonstrated under ESTCP - Synthesizing the results from the above objectives, we 
developed design and operating criteria for an MPPC that is suitable for field demonstration.  
We also developed a life-cycle assessment tool to compare this MPPC to other MFC 
application and conventional WWT.   

 
 

 
 
 
 
 
 
 

Figure  1.  Schematics of MPPCs producing H2O2 from organic wastes.  (a) Dual-chamber 
MPPC producing and collecting H2O2 in a cathode chamber.  (b) Single-chamber MPPC directly 
oxidizing organic waste using H2O2 produced at the cathode.

A B 
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3. BACKGROUND 

Wastes containing high concentrations of organic solids, such as primary and waste activated 
sludge, BW, and livestock manure, offer high potential for energy recovery. These wastes can be 
stabilized using anaerobic digestion (AD) that produces CH4, which is combusted to heat 
digesters and buildings or to generate electrical power (McCarty et al., 2011). MFCs, a new 
anaerobic biotechnology, convert organic compounds to electricity or other valuable products, 
e.g., hydrogen peroxide (Rittmann et al., 2008a; Rozendal et al., 2009; Torres et al., 2010; Young 
et al. 2016). Domestic and animal wastewaters and landfill leachate have been tested for MFC 
feasibility (Liu et al., 2004; You et al., 2006; Mahmoud et al., 2014). 
 
Inside an MFC, ARB catalyze the conversion of organic matter directly into electrical current.  
ARB form a biofilm on the surface of an electrode (the anode) and transfer electrons to the anode 
produced during oxidation of a variety of organic materials, such as glucose, ethanol, acetic acid, 
wastewater, animal wastes, and others (Torres et al., 2007; Fornero et al., 2010; Pant et al., 
2010).  The removal of the electrons is what allows an MFC to stabilize the COD in the influent 
wastewater.  The electrons must pass through a circuit, where energy is drawn, before they 
finally reach the cathode, where they reduce O2.  While the typical cathode product is H2O to 
maximize electricity production, in order to reduce O2 to H2O effectively, a metal catalyst 
(usually platinum) is needed (Logan et al., 2006).  These metal catalysts are expensive and can 
be irreversibly inactivated by compounds binding to the catalyst surface (U.S. DoE, 2004). 
 
An alternative product at the cathode is reduction of O2 to H2O2.  Simple carbon cathodes, which 
are less expensive and less prone to inactivation, can efficiently carry out the 2-electron transfer 
in whom H2O2 is the final product:  O2 + 2e- + 2H+ → H2O2.  H2O2 production at the cathode 
provides is an alternate product with major advantages.  A trade off to reduced cost and better 
cathode longevity is that the production of H2O2 at the cathode yields less energy than the 
complete O2 reduction to H2O:   ~0.6 V for O2 reduction to H2O2, versus ~1.1 V for O2 reduction 
to H2O.   
 
H2O2 produced in an MPPC may turn out to be a more useful output in the wastewater-treatment 
setting than the more commonly studied outputs: electrical power in a microbial fuel cell (MFC) 
or H2 gas in a microbial electrolysis cell (MEC).  H2O2 is a useful chemical in WWT due to its 
strong oxidizing properties. H2O2 can be used in the Fenton process or be combined with UV for 
generation of free radicals to achieve tertiary treatment and disinfection of wastewater. The 
conventional method for H2O2 production, the AO process, is energy-intensive. Moreover, 
anthraquinone and its derivatives are potential carcinogens.  Thus, an in situ approach using 
MPPCs can minimize energy and costs associated to the production and transport of this harmful 
chemical to an FOB.  The H2O2 concentrations generated by an MPPC can also be well-suited for 
on-site use within a wastewater-treatment facility: e.g., cleaning membranes, tertiary treatment, 
reducing odors, pre-treating sludge or wastewater, and post-treating sludge. 
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Table 1.  H2O2 production in MECs as reported in literature.  All reactors were dual-chamber systems.  
Authors Cathode 

setup 
Membrane 

type 
Cathode 
HRT (h) 

Anolyte/ 
Buffer 

Catholyte Maximum 
H2O2 

concentration 
(g/L) 

Maximum current 
and power/voltage 

applied 

Power input 
required (W-h/g 

H2O2) 

Arends et al. 
(2014) 

Batch AEM 4 Domestic and  
hospital 

wastewaters 

50 mM 
NaCl 

0.34 10 A/m2 at 0.6 V 2.5 

Chen et al. 
(2014) 

Batch 3-D CEM 24 Domestic 
wastewater and 
12 mM acetate 
media/50 mM 

PBS 

50 mM 
NaSO4 

0.2 18.4 A/m3 at 0.04V 
produced 

0.09 power output 

Fu et al. 
(2010) 

Batch CEM 3 Glucose 
media/50 mM 

PBS 

50 mM 
K3Fe(CN)6 + 

PBS  

0.08 0.2 A/m2 at 0.4 V 
produced 

0.06 power output 

Li et al. 
(2016) 

Continuous CEM 0.023 12 mM acetate 
media/50 mM 

PBS 

50 mM 
NaSO4 

8x10-5 6.1 A/m2 at 0.6 V 56 

Modin & 
Fukushi 
(2012) 

Batch CEM 47 Acetate media 50 mM 
NaCl 

5 2.5 A/m2 at  3.8 V 2.3 

Modin & 
Fukushi 
(2012) 

Batch CEM 21 Domestic 
wastewater 

50 mM 
NaCl 

0.08 0.4 A/m2 at 0.9 V 1.8 

Modin & 
Fukushi 
(2013) 

Batch CEM 21 6 mM acetate 
media/10 mM 

PBS 

50 mM 
NaCl 

9.7 1.7 A/m2 at 11.8 V 3.0 

Rozendal et 
al. (2009)  

Batch CEM 8 12 mM acetate 
media/190 mM 

PBS 

50 mM 
NaCl 

1.3 5.3 A/ m2 at 0.5 V 0.93 

Sim et al. 
(2015) 

Batch CEM 2-24 5 mM acetate 
media/50 mM 

PBS 

Deionized 
water 

1.4 7.7 A/m2 at 1 V 
 

2.6 

Sim et al. 
(2015) 

Batch CEM 2-10 Raw domestic 
wastewater 

Deionized 
water 

0.15 0.56 A/m2 at 6.3 V 28 

Our study Continuous AEM 4 Acetate media 200 mM 
NaCl 

3.1 10.1 A/m2 at 0.31V 1.1 
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Given that water reuse is a major goal for operation of FOBs, the production of an on-site 
oxidant that can be used to improve the quality and utility of the water is an important 
ancillary benefit to the primary benefits of energy gain, cost, and longevity.  According to 
our stoichiometric and efficiency calculations, an MFC producing H2O2 from BW can 
generate ~250 g H2O2/soldier-day.  This generation is more than three times the H2O2 
required to treat GW.  We found 10 studies addressing H2O2 production in MPPCs, 
summarized in Table 1.  Depending on the type of MPPC and its operation, the H2O2 
concentration and production rate varied widely, from 8.5 × 10−5 to 9.7 g L−1 and from 
7.9 × 10−4 to 18.6 g L−1 day−1, respectively (Li et al. 2016; Modin and Fukushi 2013).  
Recent research on H2O2 production in MPPCs has focused on materials for cathodes and 
membranes as well as on improving oxygen diffusion to the cathode catalysts (Sim et al., 
2015; Li et al., 2016).  Most of these studies were carried out with synthetic medium 
(e.g., acetate or glucose) fed to the anode.  H2O2 production with real wastewater has 
been reported in only four studies (Modin and Fukushi, 2012; Modin and Fukushi, 2013; 
Arends et al., 2014; Sim et al., 2015). Compared to synthetic medium (mostly acetate) as 
the substrate for the microbial electrochemical cell anode, H2O2 production with real 
wastewater was lower in terms of concentrations produced and the rates of production, 
and energy inputs were notably high (>2 kWh per kg H2O2). The deficiencies in 
performance reflect on the importance of reactor design and operation to improve voltage 
efficiency (Popat and Torres, 2016; Ki et al., 2016). Also, cathodic H2O2 production 
efficiency (PPE), which is the fraction of electrons used and measured as H2O2 
generation to the electrons captured as Coulombs, was variable, ranging from 5% to 70% 
(Modin and Fukushi, 2012; Modin and Fukushi, 2013; Arends et al., 2014; Sim et al., 
2015). 
 
MPPC operation requires additional design considerations depending upon the final use 
of H2O2.  Since H2O2 is a strong oxidant, the reactor materials need to demonstrate long 
term resistance to degradation from H2O2 exposure.  Prior to this project, there was no 
investigation into the compatibility of common MFC materials with H2O2.  To effectively 
capture H2O2, the anode and cathode are separated by a device capable of transferring 
protons (H+) or hydroxide ions (OH-) (Figure 1a); most MFC studies use a proton 
electrolyte membrane for this purpose (Logan et al., 2006).  Although O2 is required to 
run an MFC, its operation does not require pumping air into the wastewater.  Instead, O2 
reaches the cathode through passive aeration from the air in contact with the cathode.  
Thus, aeration costs are greatly minimized, helping make WWT energy neutral or 
positive and more cost effective.  

 
Our research team at ASU has worked extensively with the MFC technology, focusing on 
fundamental biofilm modeling (Marcus et al., 2007, 2010, 2011), managing microbial 
communities at the anode chamber of MFCs (Parameswaran et al., 2009, 2010, 2011; 
Miceli et al., 2012, 2014; Badalamenti et al., 2013), ARB kinetics and thermodynamics 
(Lee et al., 2008; Torres et al., 2007, 2008a, 2008b, 2010; Yoho et al. 2014, 2015; Lusk et 
al., 2015, 2016, 2017), and reactor design and process optimization (Lee et al., 2009, 
2010; Ren et al., 2014; Ki et al., 2016).  Similarly, our experiences allowed us to 
construct and design MFC reactors using comprehensive MFC models (Marcus et al., 
2010; Popat et al., 2014) that optimize our design in silico before actual implementation.  
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We used this background knowledge to study, design, and optimize MPPCs as a novel 
technology for FOB applications.  Our proposed work was organized into 8 Tasks, 
organized within the 5 objectives/aims discussed above.  Figure 2 shows a schematic of 
our various Tasks and how they are integrated.  Our report is organized based on these 
Tasks and we give a short background of their importance below. 
 

 
Figure 2. Schematic of Tasks in our research, their relationships within each other, and 
relevance within our Objectives/Aims. 
 
Task 1 – Perform studies on hydrolysis of blackwater  
While the BW generated is a readily accessible source of organic solids, a major 
bottleneck to use BW for energy recovery is the slow hydrolysis of particulate organics 
(Rittmann and McCarty, 2001; Ristow et al., 2006; Cokgor et al., 2009). Approaches 
such as two-stage AD – hydrolysis followed by methanogenesis (Ghosh, 1987; 
Bhattacharya et al., 1996; Ghosh et al., 1995) and various pretreatment methods (e.g., 
mechanical, thermal, alkaline, ultrasonication, and microwave) have been evaluated for 
several decades as a means to accelerate hydrolysis to improve CH4 generation and solids 
destruction (Cho et al., 2012; Eskicioglu et al., 2006; Kim et al., 2003; Park et al., 2004; 
Pilli et al., 2011).  In our studies in this Task, we used municipal primary sludge as a 
surrogate to BW, investigated the hydrolysis rates as a function of various pretreatments 
in batch methanogenic bottles and MFC reactors, and determined the minimum retention 
times in the MFCs that would allow effective solids destruction and sludge stabilization.  
Since ARB are significantly faster than methanogens at consuming volatile fatty acids 
(VFAs) (Torres et al. 2010), we hypothesized that hydrolysis rates will be the rate-
limiting step in a well-designed MPPC. 

Task 1: Perform studies on 
hydrolysis of black water on 
batch bottles and in MFCs

Task 2: Integrate results into 
existing MFC kinetic models

Task 3: Test carbon materials 
for anode/cathode and various 
separators

Task 6: Use results from Tasks 1-5 
to design prototype MFCs for H2O2
production

Task 4: Use integrated 
models updated in Task 2 to 
develop control strategies 
and design optimization 
algorithms

Task 5: Incorporate process 
control into MFC prototype

Task 8: Incorporate MFC lab 
designs and developed controls 
into a field scale demonstration 
unit design

Aim #1

Aim #2
Aim #3
Aim #4
Aim #5

Task 7: Optimize the 
performance of prototype 
MFCs and achieve 
treatment goals and 
product yields
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Task 2 – Integrate results into MFC kinetic models 
To date, few mathematical models have been developed to describe and predict MFC 
performance with complex substrates like wastewater (Sedaqatvand et al. 2013).  When 
describing phenomena in the anode chamber, models must address a large range of 
scales, from micrometers to meters.  For larger scale applications, the basic concepts 
applied in WWT plant models are applicable for bulk solutions at MFC anodes:  The 
anode chamber of a MFC involves metabolic processes also present in AD and AD 
models, including hydrolysis and fermentation, as well as extracellular electron transfer 
(EET) mechanisms as part of ARB respiration to an anode.   
 
Mediator-less EET as modeled by Marcus et al. (2007, 2010, 2011) has become the 
standard for describing high-performance biofilm anodes.  Marcus et al. (2007) 
introduced the Nernst-Monod model, which represents ARB kinetics and EET using a 
unique form of steady-state, dual-limitation kinetics.  While the Nernst-Monod model 
includes the normal Monod equation for the donor concentration, it exploits the Nernst 
equation to represent the acceptor “concentration” via the anode potential, and it 
explicitly allows for electrical conduction of electrons to the anode surface.  The Nernst-
Monod model was combined with mass balances and diffusive transport to describe 
current production in conductive biofilms, and experimental studies (Torres et al., 2009) 
confirmed the validity of the Nernst-Monod model for conductive biofilms dominated by 
Geobacter sulfurreducens.   
 
Marcus et al. (2010, 2011) developed PCBIOFILM, a steady-state, one-dimensional (1D) 
model that couples the Nernst-Monod model and diffusion with pH calculations, 
electrical neutrality, and ionic migration.  Within PCBIOFILM, Marcus et al. utilized 
CCBATCH, a modeling platform that incorporates kinetically controlled biological 
reactions with much faster pH and chemical speciation reactions using the proton 
condition (PC) (VanBriesen and Rittmann 1999).  Utilizing the CCBATCH platform and 
the PC was especially important because of the large production rate of H+ during the 
ARB’s anode respiration.   
 
Over the last five years, several models of the MFC anode chamber have expanded upon 
Marcus et al. (2007, 2010, 2011) to describe phenomena ranging from heat transfer due 
to EET to the molecular mechanisms of EET.  Several researchers developed more 
detailed models of EET combined with biofilm formation, including mass balances on 
intracellular EET between redox mediators in ARB (Pinto et al. 2010, 2011), intracellular 
flux modeling of H+ and electrons from the cell (Jayasinghe et al. 2014), and intra- and 
extracellular EET based on metallic-like conductivity through the biofilm (Korth et al. 
2015).  However, these models omit pH, which several works have demonstrated pH 
inhibition in ARB biofilms (Torres et al., 2008, Franks et al. 2009).  Most models only 
include simple substrates like acetate or glucose, which are not realistic for real-world 
applications that involve complex organics.  Furthermore, no model accounts for the 
formation of extracellular polymeric substances (EPS) and soluble microbial products 
(SMP), which can divert as much as 24% of the electron flow from cellular maintenance 
energy and synthesis (Noguera et al. 1994; Laspidou and Rittmann 2002a; Ni et al. 2010; 
Xie et al. 2012).   
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In this Task, we developed a non-steady-state mathematical model, MYAnode, which 
integrates the chemical and biological processes in the bulk liquid with substrate 
utilization and current production in the anode biofilm.  MYAnode combines CASADM, 
a comprehensive WWT modeling software (Young et al. 2013b); CCBATCH, which 
combines rapid chemical speciation reactions with slower biological reactions 
(VanBriesen and Rittmann 1999); and PCBIOFILM, which describes the chemical, 
biological, and transport mechanisms within the ARB biofilm affecting current 
production (Marcus et al. 2010; Marcus et al. 2011).  Using MYAnode, we explore the 
interactions between ARB and other anaerobic communities by varying operating 
parameters -- like hydraulic retention time (HRT) and oxygen intrusion -- to determine 
their effects on the MFC performance. 
 
Task 3 – Test carbon materials for anode/cathode and various separators 
The optimization of materials is a crucial part of the development of MPPCs. For the 
anode of these prototype MPPCs, carbon fibers with high specific surface area are used to 
grow ARB, as we have tested before (Ki et al., 2015; Ki et al., 2016).   

Several abiotic studies (Otsuka and Yamanaka 1990; Yamanaka et al. 2003, Rabaey and 
Rozendal 2010) have demonstrated that H2O2 rapidly decomposes to H2O when exposed 
to platinum-carbon catalysts via  

H2O2 + 2e- + 2H+  2H2O        (E = +1.778 VSHE)                            (Eqn. 1) 

While carbon-based electrodes can achieve high H2O2 concentrations and current 
efficiencies (Otsuka and Yamanaka 1990; Foller and Bombard 1995; Yamada et al 1999; 
Li et al.  2016), they can also degrade the H2O2 to H2O, particularly when the catalyst 
layer is thick.   

The strong oxidant property of H2O2 further complicates MPPC design.  H2O2 and its ions 
and radicals present chemical incompatibility problems with the materials typically used 
in MFCs, including catalysts, binders, and membranes, which concurrently results in 
H2O2 decomposition.  Until now, research has not been performed to determine the 
compatibility of typical MFC materials with H2O2 and at high pH.  Our work in Task 3 
outlines a methodology for testing materials and designing MFCs for H2O2 production.  
We evaluated various membranes, cathode materials, and catholytes for H2O2 
compatibility.  We then apply our learnings to design and operate a continuous-flow 
cathode in a flat-plate MPPC to obtain a good balance of H2O2 concentration and a low 
power input.   

Task 4 – Use integrated models to develop control strategies and design optimization 
algorithms 
A process-automation system is important to the reliable operation of the MFC.  In this 
Task, we developed control strategies that will be useful for process optimization.  
Specifically, we focused on the development of anode or cathode potential control and 
the optimization of pH in the system.   
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pH Control 
pH can be an important source of overpotential in MPPCs.  When the pH in the cathode 
chamber increases one unit at standard temperature and pressure, the MPPC incurs a ~60 
mV drop in voltage based on the Nernst equation at standard temperature and pressure 
(Bard and Faulkner 2001).  Because media for ARB is at their optimal pH of 7.0 (Lee et 
al. 2008), a pH 12 cathode incurs ~300 mV of concentration overpotential between the 
cathode and anode.  Cathodic pH control is confounded by H+ consumption during H2O2 
synthesis via Eqn. 1, increasing cathodic pH and overpotential.  Thus, strategies to 
reliably control pH in MPPCs are most crucial for their development.  
 
pH control also plays an important role in various industrial processes, including WWT, 
biotechnology processes, and electrochemical cells.  Because of its highly nonlinear 
nature and dependence on exogenous signals (e.g., time-varying buffer concentrations), 
pH control of a WWT process is a challenging process control problem. These 
characteristics also make it a benchmark problem to test nonlinear controllers (Alvarez et 
al., 2001).  The nonlinear nature of the process implies that linear controllers are 
ineffective to control pH over a wide range and the time-varying nature of certain 
problems make it futile to control even around a given pH value (Joshi et al. 2014a, 
2014b)  While there are different versions of nonlinear controllers proposed (Al-Duwaish 
and Naeem, 2001; Henson et al., 1994), Henson et al. showed that nonlinear control 
algorithms fail to compensate the time-varying behavior due to changes in buffering 
capacity, making adaptive control as the best-suited solution. 
 
Adaptive control is an extensively researched area with many control schemes reported in 
the literature; different versions of adaptive control schemes have been proposed for pH 
control (Gnoth et al, 2009; Peymani et al., 2008; Boling et al., 2007).  Task 4 focuses on a 
new adaptive control strategy to address the problems that arise during practical 
implementations for WWT.  A key instrument in the proposed solution is the usage of the 
normalized metrics that describe the gain of a suitable error operator, instead of the more 
customary signal errors often used in adaptive control that are prone to mis-adjustment 
under weak excitation conditions.  
 
The experimental portion of this work was geared towards the development of an 
adaptive pH control algorithms that can be readily extended to pH control of an MPPC 
anode. The experimental setup with high retention time and variable buffer flow mimics 
the MPPC anode.  In the MPPC problem, pH is only available measurement but the 
process gain depends also on the buffering capacity of the system.  As a result, 
scheduling based only on the pH measurement is not sufficient to compensate for time-
variations in the buffers.  
 
Potential control 
The anode potential plays an important role in the operation of an MPPC (Fu et al., 2010; 
Rozendal et al., 2009) and a potentiostat is a device that helps in controlling electrode 
potentials at their desired values.  Commercially available analytical grade potentiostats 
are expensive with the cost of one unit around $6000.  Analytical grade potentiostats are 
widely used in research labs, and offer excellent control performance, which is often an 
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“overkill” for an industrial application.  They are rarely used in the field because the 
practical limitations on performance (noise, disturbances) do not justify their high cost 
and large size.  In the recent past, some researchers have proposed low-cost potentiostat 
alternatives (Friedman et al., 2012; Pandiaraj et al., 2014).  These potentiostats use Op-
amps to drive potentials of the cell and use analog to digital (A/D) and digital to analog 
(D/A) channels of an embedded micro controller to measure or to adjust set-points.  
Some drawbacks of these potentiostat designs are their low current rating and low 
measured signal accuracy.  In this Task, we developed a low-cost potentiostat solution 
that can deliver high current and can read electrode potentials with higher accuracy as 
compared to other low-cost solutions.  We tested our potentiostat and compared it against 
an analytical grade potentiostat (BioLogic Science Instruments-VMP3).  It is shown the 
proposed potentiostat results in a performance comparable to BioLogic Science 
Instruments-VMP3 potentiostat. 
 
Task 5 and 6 – Design prototype MFCs for H2O2 production and incorporate 
process control systems 
Several different aspects of MFC processes have shown major progress in the last few 
years, including understanding EET in ARB (Malvankar et al., 2011; Bond et al., 2012; 
Pirbadian et al., 2012, Yoho et al., 2014), managing microbial communities to achieve 
high Coulombic efficiencies (Parameswaran et al., 2009; Kiley et al., 2011; Sun et al., 
2012), and developing new, cheaper materials for electrodes and separators (Liu et al., 
2014; Hoskins et al., 2014; Zhang et al., 2010). However, one of the major limitations 
still hindering the application of MFCs is their low voltage efficiency (Harnisch and 
Schroder, 2010; Rabaey and Rozendal, 2010). In the case of MFCs, a theoretical 
maximum of 1.1 V is available when coupling acetate oxidation at the anode to O2 
reduction at the cathode. Yet, at current densities of >5 A m2, potential losses of as much 
as 0.8 V are observed (Sun et al., 2012; Hoskins et al., 2014; Torres, 2014).  Such large 
potential losses are in stark contrast with most other fuel cells, where orders of magnitude 
higher current densities are possible (Wang et al., 2011; Ursúa et al., 2012). Thus, there is 
a need to consider design and operation tactics for MFCs that help reduce the overall 
potential losses in the system.  
 
Potential losses in electrochemical systems are always classified into three major types: 
activation, Ohmic, and concentration overpotentials (Chen, 2013). Activation 
overpotential is related to the activation barrier for a given electrochemical reaction, and 
the properties of the catalysts in overcoming the activation barrier. Cathode activation 
overpotential relates to the energy loss at cathode during reduction of O2 to water or H2O2 
in MFCs. Ohmic overpotential is related to the transport of ions between the anode and 
the cathode, and depends on the conductivity of the electrolyte. MFCs generally employ 
low conductivity solutions in ARB growth media or wastewater solution, producing high 
Ohmic overpotential if the distance between the two electrodes is large. To reduce Ohmic 
overpotential, it is imperative to reduce the distances between the anode and the cathode, 
as previously suggested by many other studies (An and Lee, 2013; Pham et al. 2006; Liu 
and Logan, 2004). Concentration overpotential is related to Nernstian and activation 
losses resulting from not being able to maintain the concentrations of reactants on the 
electrode surface as well as not removing products from the electrode surface at a fast-
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enough rate. the most common form of concentration overpotential in MFCs is due to a 
pH imbalance that results between the two electrodes when using a membrane to separate 
the electrodes (Rozendal et al., 2006; Torres et al., 2008b). As mentioned earlier, for 
every pH unit the cathode pH is higher than the anode pH, a Nernstian concentration 
overpotential of ~60 mV results, significantly increasing system overpotential 
 
In this Task, we systematically characterized and reduced overpotentials in MFCs 
through design optimization. We started with a logical design that reduced distance 
between the anode and the cathode and employed high surface area electrodes. Based on 
the characterized individual overpotentials, we systematically modified the materials and 
the operating conditions to reduce the overall overpotential.  In this work, we also studied 
the importance of pH and potential control in order to maintain a better MFC 
performance.  
 
Task 7 – Optimize MFC prototypes to achieve treatment goals and product yields 
Using the MPPC designs developed in previous tasks, we focused on process 
optimization of various operating conditions to maximize effluent quality and H2O2 yields 
and rates of production.   
 
From a cathodic perspective, most MPPC research has focused more on optimization of 
one or two variables, rather than a systematic investigation of factors affecting H2O2 
production, net energy demand, and reactor design.  Fu et al. (2010), Modin and Fukushi 
(2013), Arends et al. (2014), and Sim et al. (2015) focused on maximizing H2O2 
production from different wastewater sources at different anode and cathode HRTs.  
Modin and Fukushi (2012) and Chen et al. (2014) focused on designing cathode catalysts 
for H2O2 production.  Li et al. (2016) had a continuous-flow cathode, but focused 
primarily on optimizing abiotic catalyst performance.  In Task 7, we combined our 
learnings from membranes, cathode materials, and catholytes testing to design and 
operate a continuous-flow cathode in a flat-plate MPPC to obtain a good balance of H2O2 
concentration and a low power input.  We optimized the reactor design to address the 
main operational parameters that influenced our goals:  anodic HRT, cathodic HRT, 
cathodic potential and pH were the main operational parameters that influenced our 
goals.  The two options discussed in Figure 1 (dual- and single-chamber MPPCs) are then 
evaluated in this Task using a similar prototype. 
 
Task 8 – Engineering Design and Life Cycle Analysis 
The original scope of Task 8 included engineering design of a pilot-scale MPPC based on 
laboratory results discussed in the preceding sections.  The scope was expanded to include 
a life cycle assessment (LCA), which was conducted in collaboration with SERDP project 
ER-2216.  Section 5.7.1 presents results of the engineering design specifically focused on 
a pilot-scale system that can be demonstrated under ESTCP.  Section 5.7.2 presents the 
LCA approach for MEC systems at different FOB scales (company and battalion) as well 
as comparisons to conventional systems.  
 
LCAs were conducted to quantify the environmental impacts over the useful life of 
different products, services, and activities.  Combining LCA with economic analysis 
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provides a holistic picture of both the environmental and cost burdens to facilitate effective 
FOB design.  Results from the few LCAs that have been performed on MFCs indicate 
promising environmental benefit from their use over conventional technologies, such as 
anaerobic bioreactors (Foley 2010).  Pant et. al. (2011) defined important factors to be 
included in a comparative LCA between MFC and conventional WWT technologies.  Such 
benefits as electricity generation and use to operate the WWTP and chemical production 
are included in the boundary of the LCA so as to highlight benefits on these innovative 
technologies (Pant et al. 2011).  We separated performance based on five critical design 
operational and design criteria for FOBs:  chemical use, capital goods, energy use, sludge 
disposal, and transportation.  The results of the LCA, when coupled cost and social impacts, 
provide a tiered approach to decision making.
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4. MATERIALS AND METHODS 

4.1. Studies on Hydrolysis of Blackwater (Task 1) 

4.1.1. Batch methanogenic and fermentation reactors for hydrolysis on primary 
sludge  
For Task 1 studies, we used primary sludge (PS) as surrogate of blackwaters in FOBs, 
and collected PS for this whole project from local WWT plants, Mesa Northwest Water 
Reclamation Plant (MNWWRP; Mesa, AZ) and Greenfield Water Reclamation Plant 
(GWRP; Gilbert, AZ).  We also tested and compared pre-treatment technology (pulsed 
electric fields or PEF).  We treated 30 liters of the PS in the PEF alpha unit 
(OpenCEL/Trojan Technologies, London, ON, Canada) located at the Biodesign Swette 
Center for Environmental Biotechnology (BSCEB) (Tempe, AZ).  System and key 
process variables are described in previous studies (Lee et al., 2010; Salerno et al., 2009), 
and more details about PEF can be obtained at www.opencel.com.  We maintained a 
sample conductivity of 0.175 mS/cm during PEF treatment.  With a field-strength of 
30kV, the treatment intensity (TI) was 33 kWh/m3 (Salerno et al., 2009). 
 
Reactor setup. Biochemical methane potential (BMP) tests were performed based on 
previous studies (Angelidaki et al., 2009; Owen et al., 1979).  BMP reactors were set up 
with a 200-mL working volume in 250-mL serum bottles.  Anaerobic digested sludge 
(ADS) from a well operating anaerobic digester in MNWWRP served as the inoculum 
after degassing in a 37°C shaker for four days.  Triplicate control and PEF-treated PS 
samples were mixed with ADS in the volumetric ratio of 3:7 (ADS:sample), and buffer 
and nutrient supplements were added, as described in Angelidaki et al. (2009).  Butyl 
rubber septa and aluminum caps were used for sealing the serum bottles after N2-gas 
sparging for 10 minutes to establish anaerobic conditions.  The bottles were incubated at 
30°C on a shaker table (150 rpm).  Negative controls contained the ADS and basal 
medium alone.  CH4 gas produced from the ADS inoculum was subtracted from the 
production from control and PEF-treated PS.  The COD of the produced CH4 was 
calculated from 

1 mL CH4  
1 mmol CH4

24.86 mL
  8 meq e-

mmol CH4
 8 mg COD

meq e-
 = 2.57 mg COD at 30 °C           

We performed three serial enrichments for PS fermentation with an ADS inoculum that 
was selectively inhibited for methanogenesis using 50 mM of 2–bromoethanesulfonic 
acid (BES) (Parameswaran et al., 2011).  The first enrichment consisted of a 1:1 volume 
ratio of PS:ADS and was operated for 15 days, after which 10% of the reactor contents 
by volume were transferred to a subsequent serum bottle with PS for two more serial 
enrichments with batch operation times of 15-20 days.  At the end of three serial 
enrichments for control or PEF-treated PS, we performed batch fermentation experiments 
with the enriched inoculum (10% v/v) for a period of 28 days and with 50 mM BES. 
 
Determining the hydrolysis rate based on methane production.  When hydrolysis is 
the rate-limiting step, the rate of CH4 production in batch BMP tests can be used to 
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estimate hydrolysis kinetics (Bolzonella et al, 2005; Pavlostathis and Giraldo-Gomez, 
1991).  First-order hydrolysis kinetics in terms of CH4 production in a batch reaction is 
given by: 

 
Me = Memax [1 - exp (-khyd t)]       (Eqn. 2) 

 
where Me= cumulative CH4 production from the BMP assay at time t (mL) 
           Memax = CH4 yield from BMP assay at the end of the incubation time (mL) 
           khyd   = first-order hydrolysis-rate constant (day-1) 
 
Eqn. 2 provides an accurate representation of the BMP results when a) hydrolysis is the 
rate-limiting step, b) the maximum CH4 production at the end of the batch tests (Memax) 
represents the total concentration of hydrolysable COD at the beginning of the tests, and 
c) hydrolysis kinetics can be represented as first order in the concentration of 
hydrolysable COD. 
Rearranging Eqn. 2 yields 
 
ln [1-{Me/Memax}] = -khyd t             (Eqn. 3) 
 
which is a straight line with a slope whose magnitude is the hydrolysis rate constant 
(khyd).  We obtained khyd by performing linear regression of ln [1-{Me/Memax}] versus t. 
 
Analytical methods.  The amount of gas was measured with a frictionless glass syringe 
(PERFEKTUM, Popper and Son, NY) inserted into the septum until its pressure was 
equal to atmospheric.  Gas composition was by sampling the gas phase using a 500-μL 
gas-tight syringe and performing gas chromatography and thermal conductivity detection 
(GC-TCD, GC 2010, Shimadzu) after separation on a packed column (Shincarbon ST 
100/120, 2m, Restek, Bellefonte, PA).  N2 was the carrier gas with a constant pressure 
and flow rate of 5.4 atm and 10 mL/min, respectively. We employed temperatures of 120, 
145, and 150 °C for injection port, column, and detector, respectively, and the current 
was 45 mA.  Calibration was performed using an analytical grade gas standard (CH4: 
CO2: H2 = 40%: 30%: 30%, Matheson Tri-Gas, Twinsburg, Ohio).  
PS characteristics were assayed with total COD (TCOD), semi-soluble COD (SSCOD), 
total suspended solids (TSS), volatile suspended solids (VSS), NH3-N, volatile fatty acids 
(VFAs), and soluble proteins.  Semi-soluble (SS) means that COD analysis was 
performed on the permeate after filtration through a 1.2-μm glass-fiber filter 
(WhatmanTM, UK), as described in Lee et al. (2010).  COD and NH3-N were measured 
using HACH kits and spectrophotometer (DR2700, HACH, Loveland, CO).  Soluble 
proteins were analyzed with the BCA method (Brown et al., 1989), using a BCA protein 
assay kit (Sigma-Aldrich, St. Louis, MO).  Bovine serum albumin was used for the 
standard calibration curves of protein measurement.  For VFAs analysis from the 
fermentation bottles, high pressure liquid chromatography (HPLC) was used for the 
separation of the acids, as described in Parameswaran et al (2009). 
 
 
 



18 
 

4.1.2. Continuous operations of fermentation reactors for microbial electrolysis cells  
Fermentation set up and operation.  
We started up fermentation reactors in batch mode and later switched them to semi-
continuous mode for these experiments.  Initially, we used a 3-day solids retention time 
(SRT = HRT) without any methanogen inhibitor.  To improve hydrolysis of PS, we later 
increased the SRT to 15 days and operated with two different HRTs (6 and 3 days) by 
adding the appropriate amount of the concentrated solids back into the reactor after 
centrifugation. For example, we maintained a 15-day SRT and 6-day HRT by the 
following five steps: 1) remove 30 mL of mixed liquor from the 180-mL volume in the 
fermentation reactor (giving a 6-day HRT), 2) discard 18 mL, 3) centrifuge the remaining 
12 mL (giving a 15-day SRT) at 3220 x g (Eppendorf Centrifuge 5810 R, USA), 4) mix 
the solids pellets with fresh PS to a total final volume of 30 mL, and 5) add the resultant 
PS mixture into the reactors.  
 
MEC set up and operation. We used a flat-plate microbial electrolysis cell (MEC), the 
components of which are shown in Figure 3.  The MEC had two anodes within a 
common anode chamber (0.3-0.35 L in volume) and two cathodes in two individual 
cathode chambers, 0.1-0.2 L each on either side of the anode chamber.  The anodes were 
made of carbon fiber (24K Carbon Tow, Fibre Glast, OH, USA) woven into a titanium 
frame that was the current collector.  The carbon fiber, already woven with the current 
collector before MEC assembly, was washed in the following order (An and Lee, 2013):  
1 N nitric acid for 3 hours, 1 N acetone for 12 hours, 1 N ethanol for 3 hours, and finally 
18 MΩ deionized water.  The cathodes were stainless steel meshes (type 316, mesh 80 x 
80, 0.0055” of wire diameter, McMaster-Carr, USA), and the separators were anion 
exchange membranes (AEM; AMI-7001, Membranes International, Glen Rock, NJ, 
USA).  Each anode, cathode, and membrane has projected area was 100 cm2, for a total 
of 200 cm2 of projected area for the anode, the cathode, and the membrane.  
 
For ARB acclimation, we inoculated the MEC with ADS (from MNWWRP) and the 
effluent from an MEC that has been continuously operated with acetate medium.  The 
MEC anode was operated first with acetate medium in batch mode until the current was 
greater than 5 A/m2.  We then changed to continuous mode with acetate.  The acetate 
medium consisted of 50 mM acetate, 100-mM phosphate buffer solution (PBS; 85% 
Na2HPO4 and 15% KH2PO4), 14 mM ammonium chloride, and trace minerals (Lee et al., 
2008).  The anode potential was poised -0.3 V (vs. Ag/AgCl) with a potentiostat (VMP3, 
BioLogic Science Instruments, Knoxville, TN) to create non-limiting conditions for ARB 
kinetics (Torres et al. 2008).  After we operated the MEC with the acetate medium for 
two months, we allowed acetate to deplete in batch operation and changed the feed to the 
pre-fermented centrate.  We conducted two batch runs with acetate prior to the control 
and PEF-treated centrate batch MEC runs to ensure that MEC anodes had similar 
conditions.    
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Figure 3.  Pictures of flat-plate MECs. (a) Assembled MECs, (b) carbon fiber anode 
woven with titanium current collector, (c) SS cathode, and (d) MEC reactors equipped 
with a pH probe when fed with primary sludge. 
 

Figure 4 is a schematic of the MEC experiments using fermented PS “centrate,” 
which was generated by centrifuging (3220 x g) and then filtering (GF/C, Whatman®, 
UK) fermentation effluent.  The centrate was composited for ~10 days to obtain enough 
liquid volume to be fed to the MEC anode chamber (~ 0.5 L).  The centrate pH and 
alkalinity were ~6 and 300 mg/L as CaCO3.  Before being fed to the MEC, centrate pH 
was measured and adjusted to ~7 by adding sodium hydroxide.  A pH probe was installed 
in the center of the anode chamber, and the pH was maintained between 6.5 and 8.5 with 
manual addition of sodium hydroxide or hydrochloric acid, as needed.   
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Figure 4. Schematic of the linkage between semi-continuous fermentation of PS and 
current capture from the fermentation centrate using an MEC.  
 
Analytical methods. The volume of produced biogas was measured with a frictionless 
glass syringe (PERFEKTUM, Popper and Son, NY) by injecting it through the septum on 
the fermentation reactor and letting the gas pressure equilibrate with atmospheric 
pressure.  Gas composition was analyzed with a gas sample taken with a 500-μL gas-tight 
syringe and using a gas chromatograph equipped with a thermal conductivity detector 
(GC-TCD, GC 2010, Shimadzu) and a packed column (Shincarbon ST 100/120, 2 m, 
Restek, Bellefonte, PA).  N2 was the carrier gas with a constant pressure and flow rate of 
5.4 atm and 10 mL/min, respectively.  Temperatures were 120, 145, and 150°C for 
injection port, column, and detector, respectively, and the current was 45 mA.  
Calibration was done with an analytical grade gas standard (CH4: CO2: H2 = 40%: 30%: 
30%, Matheson Tri-Gas, Twinsburg, Ohio).  
 
PS characterization involved measuring TCOD, SSCOD, TSS, VSS, and VFAs as 
mentioned previously.  COD was measured using spectrophotometric methods by HACH 
kit and spectrophotometer (DR0000, HACH, Loveland, CO).  For the separation and 
quantification of VFAs from the fermentation experiments, an HPLC equipped with an 
AMINEX HPX-87H column was employed according to the conditions described in 
Parameswaran et al. (2009).  
 
Calculations. The current density expressed in A/m2 was calculated based on the 
projected area of the anode. Electron-equivalent mass balance on the fermentation 
reactors was expressed as mgCOD/L: 
CODinfluent = TCODeffluent + CH4 + Other = PCODeffluent + SCODeffluent + CH4 + Other   

          (Eqn. 4) 
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where CODinfluent is the measured input PS TCOD concentration, TCODeffluent is the 
measured effluent TCOD concentration, SCODeffluent is the measured semi-soluble COD 
concentration, PCODeffluent is the computed particulate COD (PCOD; difference between 
TCODeffluent and SCODeffluent), CH4 is the COD equivalent of the CH4 gas (mL), 
 

1 mL CH4 
1mmol CH4

24.86 mL
8 meq e-

mmol CH4

8mg COD
meq e-  = 2.57 mg COD at 30 °C    

and Other is any unaccounted COD sinks.   
 
The electron-equivalent mass balance for MEC operation was also based on COD 
equivalents: 
 

CODinitial = electrical current + CODfinal + CODunaccounted        (Eqn. 5 ) 
 
where CODinitial is the measured mgCOD of the input centrate, electrical current is the 
COD equivalent of the Coulombs accumulated during the batch operation, 
 

1 Coulomb of current 
1e- eq

96485 C
8g COD

e- eq
1000 mg

g
 = 0.083 mg COD     

 
CODfinal is the measured mgCOD at the end of batch MEC, and CODunaccounted is any 
unaccounted COD.  

Coulombic efficiency (CE, the fraction of electrons recovered as electrical current 
at the anode of an MEC compared to the electrons removed from the substrate) and 
Coulombic recovery (CR, the fraction of electrons recovered as electrical current at the 
anode of an MEC compared to the total influent electrons in the substrate) were 
calculated based on Eqns. 6 and 7: 

CE (%) = 
electrical current

(CODinitial-CODfinal)
 × 100          (Eqn. 6) 

 

CR (%) = 
electrical current

CODinitial
 × 100      (Eqn. 7) 

 
 

4.1.3. Semi-continuous operations of microbial electrolysis cells fed with primary 
sludge 
Primary sludge (PS). We collected PS from the GWRP for semi-continuous 
experiments.  We treated the PS with a full-scale pulsed-electric-field (PEF) unit (the 
OpenCEL Focused Pulsed alpha unit) and stored it in a temperature-controlled room at 
4°C.  Since a previous study showed that PEF pretreatment increased the bioavailability 
of PS by only 2%, we used PEF as a means to inactivate microorganisms in PS and, thus, 
to minimize the biodegradation of PS organic matter during storage, rather than as a true 
pretreatment method for improving performance (Ki et al., 2015). 
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MEC reactor set up and operation. We built two flat-plate microbial electrolysis cells 
(MECs) having one anode chamber in the center flanked by two cathode chambers on 
either side.  The reactor design was the same as in Ki et al. (2016).  We operated one 
MEC in batch mode and the other MEC in semi-continuous mode.  In brief, the anode 
volume was ~500 mL, and the cathode at each side was ~50 mL.  Carbon fibers and 
stainless-steel mesh were used as anode and cathode electrodes, respectively.  AEMs 
(AMI-7001, Membranes International, Glen Rock, NJ, USA) were used as a separator 
between the anodes and cathodes.  The anode, cathode, and membrane projected areas 
were 100 cm2 each, which corresponded to a projected anode area to volume ratio of 40 
m2 m-3 reactor.  The design of anode surface area (200 cm2) for 500 mL of anode volume 
was based on the calculation of the expected current density from PS, along with the 
targeted HRTs. 
 
ADS and biofilm scraped from a pre-acclimatized acetate-fed MEC were used for 
inoculating the MEC.  We operated the MEC first with acetate medium (50 mM acetate, 
100 mM PBS, 14 mM ammonium chloride, and trace minerals) (Ki et al., 2015) in 
continuous mode for approximately 2 months.  The anode potential was poised at -0.03 V 
(vs. standard hydrogen electrode or SHE) with a potentiostat (VMP3, BioLogic Science 
Instruments, Knoxville, TN).  Before changing the feed to PS, the MEC was operated 
with two cycles of acetate-fed batch until all the acetate was depleted. 
 
We operated the MECs with PS feed in semi-continuous mode starting with a 15-day 
HRT and sequentially moving to 12-, 9-, and 6-day HRTs.  After that, we resumed 
operation at 12-day HRT to evaluate the effect of pH by comparing pH 7.3 to pH 8.1.  
For all conditions, we fed PS to the MECs daily with varying volumes depending on the 
HRT studied, while removing the same volume of treated PS.  At each feeding, we 
measured the effluent pH and added 5-M NaOH as needed to maintain the pH of 7.3 or 
8.1 in the anode chamber.   
 
We performed current density-voltage (j-V) experiments in triplicate, as described in Ki 
et al. (2016), when the current density reached a maximum when feeding PS at a 12-day 
HRT.  j-V measurements were made with chronoamperometry, which began from the 
open-circuit potential of the anode and ramped up with increments of 30 to 100 mV until 
reaching an anode potential resulting in the highest current density.   

  
Analytical methods. PS characterization included measurements of TCOD, SSCOD, 
TSS, and VSS.  SSCOD, TSS, and VSS measurements were performed as described 
previously.   
 
During semi-continuous operation, we attached a 500-mL bottle to the headspace of the 
anode chamber to measure biogas volume and composition.  After stable operation was 
achieved at each HRT, we measured the gas volume and composition every day for one 
cycle of each HRT.  During the 12-day HRT experiments with high pH, hydrogen (H2) 
gas at the cathode also was collected and measured using a 1-L bottle.  We used a 500-μL 
gas-tight syringe (PERFECTUM, New Hyde Park, NY) to collect gas samples and 
measured gas composition with gas chromatography and thermal conductivity detection 
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(GC-TCD, GC 2010, Shimadzu) after separation on a packed column (CarboxenTM 1010 
PLOT, Supelco, Bellefonte, PA).  Argon was the carrier gas with a constant pressure and 
flow rate of 42.3 kPa and 10 mL/min, respectively.  We employed temperatures of 150, 
80, and 220 °C for injection port, column, and detector, respectively, and the current was 
41 mA.  CH4 and CO2 were also detected by GC-TCD.  Calibration was performed using 
an analytical grade gas standard (CH4: CO2: H2 = 40%: 30%: 30%, Matheson Tri-Gas, 
Twinsburg, Ohio). 
 
We performed statistical analysis on TCOD- and VSS-removal efficiencies among the 
different HRT conditions tested.  An independent-samples T-test was carried out using 
SPSS 24 (IBM, Armonk, New York).  Also, we performed Spearman correlation analysis 
of the Coulombic and CH4 recoveries with pH using with the same software, SPSS 24.   

 
Calculations.  Electron balances were made based on TCOD, as described Ki et al. 
(2015).  CE, CR, cathodic H2 recovery (or cathodic conversion efficiency, the ratio of 
electrons donated to H2 normalized to the electrons transferred in the circuit from the 
anode to the cathode) were calculated as described in Ki et al. (2015) and Lee et al. 
(2009).  
 
4.2  Integrate results into MFC kinetic models (Task 2) 
 
4.2.1  Modeling system and assumptions 
Table 2 summarizes the features of CASADM, PCIOBILM, and the PC incorporated into 
the MYAnode model developed for Task 2.  The modeling foundation of the bulk liquid 
is based on CASADM, a non-steady-state model to describe typical aerobic, anoxic, and 
anaerobic biological phenomena exhibited in continuous stirred tank reactors (CSTRs) in 
WWTPs (Young et al. 2013b) and discussed in detail below.  CASADM allows all 
biological mechanisms to occur in parallel, rather than assuming a priori the rate-limiting 
steps.  We upgraded CASADM to include CCBATCH (Van Briesen and Rittmann, 1999) 
to efficiently link fast chemical speciation reactions, including acid-base equilibrium and 
complexation reactions, with slower microbial reactions.   
 
For the model formulation, we applied the following assumptions.  For the bulk solution, 
we assumed 

• The anode chamber has ideal mixing and can be modelled as a CSTR. 
• Gas formation does not occur within the diffusion layer to the biofilm or in the 

biofilm. 
• The chemical formulas for various components include domestic wastewater are:  

C10H19O3N for PCOD and SCOD; C5H7O2N for biomass, biomass-associated 
products (BAP) and EPS; and C6H12O6 for utilization-associated products (UAP) 
(Rittmann and McCarty 2001; Metcalf & Eddy 2014).   
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For the anode biofilm, we assumed 
• The anode’s biofilm consists of ARB only.   
• We neglect ARB biomass synthesis.  This allows the biofilm diffusion layer and 

biofilm thicknesses to be assumed as constant and modeled using ordinary 
differential equations.  

• No biological reactions occur within the diffusion layer 
• EET occurs through a conductive matrix or direct contact with anode.  Thus, ARB 

oxidize donor substrate and respire electron only when in a biofilm is conductive 
and connected to an anode. 

The modeling platform for the ARB biofilm is PCBIOFILM, which describes biological, 
chemical, and transport phenomena through an electricity-producing biofilm (Marcus et 
al. 2010; Marcus et al. 2011).  The biofilm anode is modeled as two domains: an 
idealized 1D biofilm with constant thickness and uniform biofilm density that consists of 
ARB only, and a liquid-only diffusion layer.  These two domains are located between the 
bulk liquid and anode surface.   

 
Table 2.  A summary of model features that are incorporated into MYAnode. 

 CASADM CCBATCH PCBIOFILM 
Types of 
reactions 

• Biological 
mechanisms 
typical to 
WWTPs 

• Hydrolysis 
• EPS and SMP 

• Fast 
chemical 
speciation of 
acids/bases 

• Fast chemical 
speciation of 
acids/bases  

• ARB 
metabolism 

• Electrical 
migration 

Transport 
phenomena 

• Bulk liquid 
transport 

• Gas/liquid phase 
equilibrium 

• No transport 
phenomena 

• Diffusion 
through a 
biofilm 

Biological 
mechanisms 

• Aerobic 
oxidation by 
heterotrophic 
bacteria 

• Nitrification 
• Denitrification 
• Fermentation 

(acetogenesis) 
• Acetoclastic 

methanogenesis 

• N/A • N/A 
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MYAnode is a multi-component, non-steady state mathematical model that describes 
substrate utilization in the bulk anode chamber and in the biofilm, as illustrated in Figure 
5.  The reactor consists of two systems to be modeled:  the bulk liquid within the anode 
chamber and the biofilm substrate consumption on the anode.  Liquid flows into and out 
of the bulk liquid chamber.  MYAnode is presented as four parts:  (1) acid/base and 
chemical speciation using the PC, (2) biological processes in the bulk liquid, (3) anode 
biofilm processes, and (4) the coupling of slow biological reactions with transport.  

 
Figure 5.  The reactors modelled, divided into two systems:  the bulk liquid and the 
anode biofilm. L represents the length of the diffusion layer.  Lf represents the length of 
the biofilm.  
 
4.2.2  Chemical speciation using the proton condition in the bulk and biofilm 

MYAnode calculates the chemical species concentrations in the bulk liquid and 
anode biofilm using the PC.  The PC describes changes in acidity by performing a mass 
balance on protons generated or consumed, rather than basing a mass balance on charge.  
While not discussed in depth here, excellent references for utilizing the PC include 
Snoeyink and Jenkins (1980), Van Briesen and Rittmann (1999), and Benjamin (2015).  
As described in VanBriesen and Rittmann (1999) and Marcus et al. (2010), the model 
divides chemical species into two groups:  components and complexes.  A proton mass 
balance is calculated in relation to a “reference-level” for the protons and are neutral with 
respect to acidity, even though they are not necessarily neutral with respect to charge; 
these “reference-level” chemicals are the components.  Components are combined 
together to describe other chemical species, or complexes, in the system.  For simplicity, 
we chose components and complexes that can dissociate under acid/base conditions or 
are present as charge carriers, which affect ionic migration through the anode biofilm.   
 
For MYAnode, we expanded Marcus et al. (2011) to include common ions present in 
WWT:  all protonated forms of acetate (CH3COO-), phosphate, carbonate (CO3

2-), NO2
-, 

and NH4
+; we also included the charged species NO3

-, Na+, and Cl-, which do not 
participate in acid-base reactions at relevant pH values.   The PC methodology is 
discussed in detail in the Appendix. 
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4.2.3  Bulk-liquid processes 
ARB perform anode respiration in anaerobic conditions and depend upon other 
microorganisms in anaerobic WWT to hydrolyze and ferment complex organic 
compounds to simple substrates for their consumption (Rozendal et al. 2008; 
Parameswaran et al. 2009; Kiely et al. 2011; Parameswaran et al. 2011; Miceli et al. 
2014).  The model includes first-order hydrolysis of complex and particulate organic 
compounds.  Since the kinetics of fermentation and the relationship between pH and 
fermentation are not well understood, the hydrolysis products are fermented by 
fermenting bacteria directly to acetate (Rittmann and McCarty 2001; Aquino and Stuckey 
2008).  This step is critical to providing substrate to most common ARB (Kiely et al. 
2011; Parameswaran et al. 2011; Miceli et al. 2014).  Two sets of microorganisms 
compete for acetate:  acetoclastic methanogens to produce CH4 and ARB to respire 
electrons to an anode.   
 
We assume that the microbiological processes in the bulk liquid of the MEC are similar 
to those in WWT, which are the foundation of CASADM.  CASADM is a non-steady-
state mathematical model of biological kinetics typically found in WWT and is 
extensively discussed in Young et al. (2013b).  CASADM is unique in that it assumes 
that all mechanisms can occur simultaneously rather than assuming a priori that any one 
rate is limiting and that it includes biomass-generated products like EPS and SMP, which 
are neglected in other models like ADM, ASM, and the Benchmark Simulation Models 
(Henze et al. 1999; Batstone et al. 2002; Nopens et al. 2009).   
 
The components included in CASADM are summarized in Table 3.  For solid materials, 
the model includes six components of active biomass – heterotrophic bacteria, 
ammonium-oxidizing bacteria (AOB), nitrite-oxidizing bacteria (NOB) fermenting 
bacteria, acetoclastic Archaea, and ARB – as well as EPS, inert (non-biodegradable) 
biomass, and PCOD.  The soluble components include SCOD, CH3COO-, UAP, BAP, 
NH4

+, NO2
-, NO3

-, O2, HCO3
-, Na+, and Cl-, as well as any complexes derived from them 

due to chemical speciation.  Gas-phase materials include H2, CO2, O2, N2, NH3, and CH4.  
We omit H2 production from fermentation due to undefined kinetics for H2 production 
from SMP utilization and because the longer SRTs used during lab experiments allowing 
acetoclastic methanogenesis to dominate in anaerobic systems (Rittmann and McCarty, 
2001), as observed by Ki et al. (2017).   
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Table 3.  Materials (including all components and complexes) and biological 
mechanisms in MYAnode.  Bolded entries delineate components for chemical speciation 
calculations. 

Solid Liquid Gas/Liquid 
phase 

Biological 
mechanisms Components Complexes 

Heterotrophic 
bacteria 

SCOD  O2 Biomass synthesis 

Ammonium-
oxidizing bacteria 

(AOB) 

UAP  CO2 Endogenous decay 

Nitrite-oxidizing 
bacteria (NOB) 

BAP  NH3 EPS and UAP 
generation 

Fermenters CH3COO- CH3COOH N2 Heterotrophic 
substrate 

consumption 
Hydrogenotrophic 

methanogens 
NH4+ NH3 CH4 Nitrification 

Acetoclastic 
methanogens 

NO2- HNO2  Denitrification 

Anode-respiring 
bacteria (ARB) 

NO3-   Fermentation 

EPS HCO3- H2CO3  Hydrogenotrophic 
methanogenesis 

Inert biomass  CO3
2-  Acetoclastic 

methanogenesis 
Particulate COD 

(PCOD) 
Na+   Anode respiration 

 Cl-   Hydrolysis 
 HPO42- H3PO4   
  H2PO4

-   
  PO4

3-   
 H+    
 H2O    

  
As described in Young et al. (2013b) and with exception of ARB, all biomass 

undergoes biomass synthesis based on Monod kinetics, first-order endogenous decay, and 
generation of EPS and UAP, as outlined in Laspidou and Rittmann (2002a, 2002b), but 
with two modifications:  (1) UAP and BAP can be utilized as substrate by fermenters and 
heterotrophs, and (2) UAP and BAP utilization can result in the formation of additional 
EPS and BAP.  Hydrolysis of PCOD and EPS to SCOD and BAP, respectively, can occur 
in any environment and follow first-order kinetics.  When applicable, substrate utilization 
adheres to dual-limitation Monod kinetics dictated by electron donor and electron 
acceptor kinetics.  We utilized the pH inhibition function developed by Park et al. (2007), 
in which the substrate utilization rate is multiplied by a factor, IpH, (unitless), according to 
the following conditions   
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IpH = 0    for pH < pHopt – W   (Eqn. 8) 
IpH = 1+cos(π(pH-pHopt)/W)       for pHopt – W < pH < pHopt + W     (Eqn. 9) 

IpH = 0    for pH > pHopt + W   (Eqn. 10) 
 

where pHopt is the optimal pH for the bacteria and W is one-half the value of the 
difference between the upper and lower pH limits.  I also utilize substrate limitation 
functions for reactions that can occur only when specific chemical components are not 
present, e.g. denitrification under anoxic conditions and fermentation and methanogenesis 
under anaerobic conditions.  The substrate limitation function, Sinh, is described as 
 

Sh,inh = Kh,inh

Kh,inh+Ch
                        (Eqn. 11) 

 
where h is a chemical or biological component, Kh,inh is the inhibition factor (M/L3) for 
component h, and C is concentration (M/L3).   

Since the biological reactions are slower than the chemical-speciation reactions, 
the change in concentration over time is described as 

 
dCh
dt

= ∑ λhgrh
g= N
g=1 Ig,pHSg,inh            (Eqn. 12) 

 
where g is a chemical or biological reaction, Ch is concentration (M/L3) of the solid or 
soluble components h, λhg is the stoichiometric coefficient of component h in reaction g, r 
is reaction rate (M/L3-t), Ig,ph is pH inhibition term for reaction g, and Sg,inh is the 
substrate limitation factor. 
 
4.2.4  Biofilm-anode processes  
Biofilm-anode kinetics, mechanisms, and the impacts of charge migration are based 
largely on PCBIOFILM (Marcus et al. 2010; Marcus et al. 2011), with minor 
modifications to the ionic components (i.e., the addition of NO2

-, NO3
-, and NH4

+) that 
can diffuse into the biofilm to maintain electrical neutrality.  (See the Appendix for a 
description.)  For ARB, all stoichiometry and kinetics are consistent with PCBIOFILM.  
Since the biofilm thickness is assumed, ARB performance is dictated by Monod kinetics 
with acetate being the lone electron donor for ARB.  The effects of pH inhibition are 
corrected for using the inhibition functions described above.   
 
4.2.5  The coupling of kinetically controlled reactions and transport 
A differential mass balance containing transport and reaction terms describes the total 
analytical concentration of each component within the system   
 
Vol ∂Ch

∂t
= QinCh,in − QoutCh,out + SA Jion,h + V∑ λhgrh

Ng
g=1 Ig,pHSg,inh        (Eqn. 13) 

 
where Vol is the anode chamber volume (L3), Q is the volumetric flow rate (L3/T), and 
SA is the surface area of the anode (L2).  Within the diffusion layer and biofilm, a 
component’s total analytical concentration is subject to changes due to chemical 
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speciation, biological reactions and diffusion.  Thus, Eqn. 13 within the biofilm and 
diffusion layers simplifies to  
 

∂Ch
∂t

= SAJion,h

Vol
+ ∑ λhgrh

Ng
g=1 Ig,pHSg          (Eqn. 14) 

 
Assuming that length x = L + Lf is the boundary between the bulk and diffusion layer, x= 
Lf is the boundary between the diffusion layers and anode biofilm, and the anode surface 
is at x = 0, the following boundary conditions exist: 

(1) Continuity of flux between the bulk liquid, the diffusion layer, anode biofilm: 
 

−Jbulk,h�x=L+Lf  = −Jion,h�x=L = Jion,h�x=Lf       (Eqn. 15) 
 
(2) No flux at the anode surface: 

Jion,h = 0            (Eqn. 16) 
Within the bulk liquid, advection, chemical speciation, and biological reactions affect a 
component’s concentration, simplifying Eqn. 13 to: 
 

∂Ch
∂t

= 1
Vol

�QinCh,in − QoutCh,out� + ∑ λhgrh
Ng
g=1 Ig,pHSg          (Eqn. 17) 

  
Gas-liquid phase equilibrium is described as 

 
dCi

L

dt
= dCi

G

dt
= Voli

L

Voli
G KLai�CiL − CiLHiRT�          (Eqn. 18) 

 
where L represents the liquid phase, G represents the gas phase, Ci is the concentration of 
species i, KLa is the mass transfer coefficient of species i (1/t), and H is species i’s 
Henry’s law constant (M/L3).  Since the Henry’s law constant for other species are 
relatively large, this model assumes that only the following species partition between gas 
and liquid phases:  CH4, CO2, H2, N2, NH3, and O2.   
 
4.2.6  Modeling approach and implementation 
MYAnode consists of two main programs, as illustrated in Figure 6:  CASADM and 
PCBIOFILM.  CASADM has 40 nonlinear ODEs that describe the flow through the 
anode chamber using the chemical and biological components and complexes described 
in Table 2.  The ODEs are solved using Euler’s method using initial value conditions 
equal to the influent composition and time steps ≤ 1 min until the system obtained steady 
state, (i.e., a difference between data points < 10-4).  Mass balance checks were 
performed as part of each step’s execution for each element within the model, with < 10-

12 error for any element.    
 
For the initial time point, the free-component and complex concentrations are calculated 
to determine the amount of H+ (also referred to as the “ACID” concentration) in the PC.  
The PC solves 16 nonlinear equations simultaneously using a modified Newton-Raphson 
method (Marcus et al. 2011) for the components acetate, phosphate, carbonate, nitrite, 
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ammonium, and H+.  The total analytical component concentrations were used to 
calculate the bulk liquid concentrations for each free component and complex in the bulk.  
The bulk concentrations were used to evaluate the flux at the boundary layer between the 
bulk liquid and biofilm and concentrations of components with the biofilm using 
PCBIOFILM.  The model was executed until steady-state was reached (~200-300 d). 
 
PCBIOFILM’s solver routine is described in depth in Marcus et al. (2011), with the 
diffusion layer broken into 10 nodes and the biofilm 20 nodes for computation accuracy.  
The finite-differences method was used to transform the set of boundary conditions and 
mass conservation equations into a set of algebraic equations.  A modified Newton-
Raphson method is used to find which component and complex values will set the 
objective functions equal to zero, with the initial conditions from the bulk as the starting 
point.  Complex and component values are iterated on until the objective functions 
converge on the value of flux from the diffusion layer to the bulk is equal to the flux 
obtained from CASADM with an accuracy of 10-6 in the objective functions.  The 
concentration values are then fed back to CASADM. 
 
To test the accuracy of the model with realistic conditions, we utilized waste stream 
parameters outlined in Young et al. (2013b), Metcalf & Eddy (2014), and Ki (2017), as 
summarized in Table 4.  Ki et al. (2017) operated a 0.5-L, dual-chamber MEC with two 
anodes and cathodes separated by AEMs.  In Ki (2017), the reactor was fed daily with 
PEF PS.  The anode geometric surface area was 200 cm2.  Mimicking Ki et al. (2017), the 
model is operated using varying HRTs from 6-15 d.  The reactor is fed daily with influent 
PS, and the anode chamber pH is adjusted to 7.5 immediately after feeding.  Hydrolysis 
kinetics were evaluated at 0.12 and 0.25/d, as determined by Ki et al. (2017) using CH4 
and VFA concentrations as the determining factors, respectively.  Influent methanogen 
(Xm) concentration was varied from 1-100 mgVSS/L to determine how influent 
concentration affects diversion of substrate from current production.   
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Figure 6.  Flow chart of the solution procedure for MYAnode.   
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Table 4.  Influent model parameters.   
Parameter Units Scenario 1 Scenario 2 Scenario 3 Scenario 4 

Influent wastewater      
Hydraulic retention time* d 6 9 12 15 
Anode chamber volume* L 0.5 0.5 0.5 0.5 
Influent pH*  6.9 6.9 6.9 6.9 
Daily pH target*  7.5 7.5 7.5 7.5 
SCOD* mgCOD/L 1200 1500 1100 550 
VSS* mgVSS/L 4100 3300 3500 3700 
TSS* mgTSS/L 400 700 750 900 
NH4

+ **,† mgN/L 50 50 50 50 
NO2

-, NO3
- * mgN/L 0 0 0 0 

HCO3
- * mgHCO3/L  300 300 300 300 

Heterotrophic biomass** mgVSS/L 50 50 50 50 
AOB** mgVSS/L 10 10 10 10 
NOB** mgVSS/L 5 5 5 5 
Fermenting bacteria** mgVSS/L 20 20 20 20 
Acetoclastic methanogens** mgVSS/L 0-100 0-100 0-100 0-100 

Anode and biofilm      
Anode surface area* cm2 200 200 200 200 
Anode potential* VSHE -0.03 -0.03 -0.03 -0.03 
Substrate utilization rate‡ mmol Ace/(cm3 d) 17.5 17.5 17.5 17.5 
Half-maximum rate concentration‡ mmol Ace/cm3 0.002 0.002 0.002 0.002 
Biofilm thickness*,‡ cm 0.015 0.015 0.015 0.015 
Diffusion layer thickness‡ cm 0.01 0.01 0.01 0.01 
pH optimal‡  7.5 7.5 7.5 7.5 
pH inhibition range for ARB‡  2.1 2.1 2.1 2.1 

* Ki et al. (2017), ** Young et al. (2013), †Metcalf & Eddy (2014), ‡Marcus et al. (2010)
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4.3. Test Materials (Task 3) 

4.3.1. Anode and membrane testing with primary sludge  
We used carbon fiber anodes and membranes as separators in MECs fed with PS in batch and 
semi-continuous mode for up to ~1-year operations without changing materials.  Also, we tested 
MPPCs fed with PS.  The tests are related with Task 6~7.   
 
4.3.2. Cathode and membrane testing with hydrogen peroxide  
 
Membrane stability tests. We characterized five ion exchange membranes to determine their 
compatibility with H2O2:  three AEMs including AMI-7001 (Membranes International, Inc.), 
Excellion I-200 (SnowPure LLC), and fumasep® FAA (fumatech GmbH); and two cation 
exchange membranes (CEMs) including CMI-7000 (Membranes International, Inc.) and Nafion-
117 (DupontTM).  We tested unconditioned membrane stability in solutions with H2O2 and pH 7 
and 12.  Membranes with surface areas of 9 cm2 samples were cut, left at ambient lab conditions 
for 48 hours, and weighed.  The membranes were placed in 25-mL serum bottles filled with 20 
mL of 100 mM NaCl at pH 12, 100 mM NaCl with 10 g/L H2O2 at pH 12, or 100 mM NaCl with 
10 g/L H2O2 at pH 7.  We adjusted the electrolyte pH to 12, as it is the highest pH anticipated 
during MPPC operations.  Bottles were prepared in triplicate, capped with butyl rubber stoppers 
and aluminum crimps, and degassed regularly.  After 45 days, we emptied the bottles’ contents 
and analyzed the solutions for H2O2 concentration and pH.  Membranes were washed with 
deionized (DI) water and dried under ambient laboratory conditions prior to measuring the final 
mass. 
 
Catalyst/binder characterization. We performed rotating-ring disk electrode (RRDE) tests 
using a RRDE-3A RRDE apparatus (ALS-Japan) to determine potential H2O2 production 
efficiency from different catalyst/binder combinations.  We used a Vulcan carbon catalyst-
Nafion binder mixture to coat the catalyst layer on the disk electrode at catalyst loadings of 0.22, 
0.44, 0.67, 0.89, and 1.12 mg/cm2.  The ring/disk electrode was rotated at 1200 rpm for ~30 
minutes until the ink dried.  Once dried, the ring was submerged in 100-mM NaCl sparged with 
O2 for >30 minutes to saturate the solution.  We measured the ring and disk current densities at a 
disk speed of 1600 rpm and ring potential of 0.08 VAg/AgCl, and the disk potential was varied 
from -0.60 to 0 VAg/AgCl at a scan rate of 10 mV/s to determine the number of electrons 
transferred to O2.   
 
H2O2 measurements and stability tests. For membrane stability experiments, we measured 
H2O2 concentration using the National Diagnostics Hydrogen Peroxide Assay Kit.  For all other 
experiments, we analyzed H2O2 using the method of Graf and Penniston (1980).  Colorimetric 
measurements were performed using a Cary 50-Bio UV-Visible spectrophotometer (Varian, Palo 
Alto, CA).  When compared, these two methods demonstrated equivalent results (not presented 
here).   
 
We evaluated H2O2 stability with different electrolytes.  We prepared 200-mL solutions of 10 g/L 
H2O2 in five different electrolytes:  200 mM pH 4.5 PBS, 200 mM pH 7.5 PBS, 200 mM NaCl at 
pH 6.5, 200 mM NaCl at pH 12, and 200 mM Na2CO3 at pH 11.5.  Sixty-five mL of each electrolyte 
combination were placed in three 100-mL glass serum bottles and corked with butyl-rubber 
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stoppers (Bellco Glass, NJ) and aluminium caps.  We removed 2-mL samples using a needle and 
syringe from each bottle at 2, 4, 6, and 12 h and every 12 h subsequently for 120 h.  Samples were 
analysed for pH and H2O2 concentration. 
 
4.4 Control strategies and design optimization algorithms (Task 4) 
 
4.4.1 Analysis of pH neutralization process 
Consider a 500-mL continuous stirred tank reactor (𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶) with inlet streams of strong acid 
(1𝑀𝑀 𝐻𝐻𝐻𝐻𝐻𝐻 ), weak acid 1(100𝑚𝑚𝑚𝑚 𝐻𝐻2𝐶𝐶𝑂𝑂3), weak acid 2 (100𝑚𝑚𝑚𝑚 𝐻𝐻3𝑃𝑃𝑂𝑂4) and strong base 
(1𝑀𝑀 𝑁𝑁𝑁𝑁𝑁𝑁𝑁𝑁) and 𝑞𝑞1,𝑞𝑞2, 𝑞𝑞3 and 𝑞𝑞4 being their flow rates, respectively. The schematic diagram of 
the reactor is shown in Figure 7. The combination of a strong acid, weak acid 1 and weak acid 2 
simulates waste water and flow rate of the strong base is manipulated to control the pH of the 
liquid in the reactor. A variation of the buffering capacity of the wastewater is simulated by 
varying the flows of the weak acids. The volume of the liquid in the reactor and its temperature 
are kept constant. The pH of the liquid in the reactor is measured directly by a pH probe inserted 
in the reactor. It is assumed that perfect mixing occurs in the reactor and ions are completely 
soluble. The goal of pH control is to regulate pH of the liquid in the reactor by manipulating base 
flow rate.  
 

 
Figure 7. Schematic Diagram of the pH neutralization process CSTR. 

A reaction invariant model is developed using reaction invariants of the reversible reaction 
components. In which chemical equilibrium is modeled based on the concept of reaction 
invariants (Gustafsson and Waller, 1983; McAvoy et al., 2000; Henson et al., 1994).  Three 
reaction invariants (𝑊𝑊𝑎𝑎 is a charge-related quantity, 𝑊𝑊𝑏𝑏 refers to the concentration of carbonate 
ions and, 𝑊𝑊𝑐𝑐 refers to the concentration of phosphate ions) are involved for each stream (𝑖𝑖 = 1 to 
4) in this system. The analytic expressions of the reaction invariants are listed below: 
 

𝑊𝑊𝑎𝑎𝑖𝑖 = [𝐻𝐻+]𝑖𝑖 − [𝑂𝑂𝐻𝐻−]𝑖𝑖 − [𝐻𝐻𝐻𝐻𝑂𝑂3−]𝑖𝑖 − 2[𝐶𝐶𝑂𝑂32−]𝑖𝑖 − [𝐻𝐻2𝑃𝑃𝑂𝑂4−]𝑖𝑖 − 2[𝐻𝐻𝐻𝐻𝑂𝑂42−]𝑖𝑖 − 3[𝑃𝑃𝑂𝑂43−]𝑖𝑖 
 

𝑊𝑊𝑏𝑏𝑖𝑖 = [𝐻𝐻2𝐶𝐶𝑂𝑂3]𝑖𝑖 + [𝐻𝐻𝐻𝐻𝑂𝑂3−]𝑖𝑖 + [𝐶𝐶𝑂𝑂32−]𝑖𝑖 
 

𝑊𝑊𝑐𝑐𝑖𝑖 = [𝐻𝐻3𝑃𝑃𝑂𝑂4]𝑖𝑖 + [𝐻𝐻2𝑃𝑃𝑂𝑂4−]𝑖𝑖 + [𝐻𝐻𝐻𝐻𝑂𝑂42−]𝑖𝑖 + [𝑃𝑃𝑂𝑂43−]𝑖𝑖 
 
A reaction invariant nonlinear model of pH neutralization process can be described using 
following differential equations: 
 
𝑑𝑑𝑑𝑑𝑎𝑎5
𝑑𝑑𝑑𝑑

=
1
𝑉𝑉

[𝑞𝑞1(𝑊𝑊𝑎𝑎1 −𝑊𝑊𝑎𝑎5) + 𝑞𝑞2(𝑊𝑊𝑎𝑎2 −𝑊𝑊𝑎𝑎5) + 𝑞𝑞3(𝑊𝑊𝑎𝑎3 −𝑊𝑊𝑎𝑎5) + 𝑞𝑞3(𝑊𝑊𝑎𝑎3 −𝑊𝑊𝑎𝑎5)] 
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𝑑𝑑𝑑𝑑𝑏𝑏5
𝑑𝑑𝑑𝑑

=
1
𝑉𝑉

[𝑞𝑞1(𝑊𝑊𝑏𝑏1 −𝑊𝑊𝑏𝑏5) + 𝑞𝑞2(𝑊𝑊𝑏𝑏2 −𝑊𝑊𝑏𝑏5) + 𝑞𝑞3(𝑊𝑊𝑏𝑏3 −𝑊𝑊𝑏𝑏5) + 𝑞𝑞3(𝑊𝑊𝑏𝑏3 −𝑊𝑊𝑏𝑏5)] 
𝑑𝑑𝑑𝑑𝑎𝑎5
𝑑𝑑𝑑𝑑

=
1
𝑉𝑉

[𝑞𝑞1(𝑊𝑊𝑐𝑐1 −𝑊𝑊𝑐𝑐5) + 𝑞𝑞2(𝑊𝑊𝑐𝑐2 −𝑊𝑊𝑐𝑐5) + 𝑞𝑞3(𝑊𝑊𝑐𝑐3 −𝑊𝑊𝑐𝑐5) + 𝑞𝑞3(𝑊𝑊𝑐𝑐3 −𝑊𝑊𝑐𝑐5)] 
 
The relationship between hydrogen-ion concentration and reaction invariants is given as follows 
 

𝑊𝑊𝐶𝐶𝑖𝑖

𝐾𝐾𝑎𝑎3
[𝐻𝐻+] + 2𝐾𝐾𝑎𝑎3𝐾𝐾𝑎𝑎4[𝐻𝐻+]2 + 3𝐾𝐾𝑎𝑎3𝐾𝐾𝑎𝑎4𝐾𝐾𝑎𝑎5[𝐻𝐻+]3

1 + 𝐾𝐾𝑎𝑎3
[𝐻𝐻+] + 𝐾𝐾𝑎𝑎3𝐾𝐾𝑎𝑎4

[𝐻𝐻+]2 + 𝐾𝐾𝑎𝑎3𝐾𝐾𝑎𝑎4𝐾𝐾𝑎𝑎5
[𝐻𝐻+]3

+ 𝑊𝑊𝑏𝑏𝑖𝑖

𝐾𝐾𝑎𝑎1
[𝐻𝐻+] + 2𝐾𝐾𝑎𝑎1𝐾𝐾𝑎𝑎2[𝐻𝐻+]2

1 + 𝐾𝐾𝑎𝑎1
[𝐻𝐻+] + 2𝐾𝐾𝑎𝑎1𝐾𝐾𝑎𝑎2[𝐻𝐻+]2

+ 𝑊𝑊𝑐𝑐𝑖𝑖 +
𝐾𝐾𝑤𝑤

[𝐻𝐻+]
− [𝐻𝐻+]

= 0 
 
Where 𝐾𝐾𝑎𝑎1 = [𝐻𝐻𝐻𝐻𝑂𝑂3−][𝐻𝐻+]

[𝐻𝐻2𝐶𝐶𝑂𝑂3]
, 𝐾𝐾𝑎𝑎2 = �𝐶𝐶𝑂𝑂32−�[𝐻𝐻+]

[𝐻𝐻𝐻𝐻𝑂𝑂3−]
, 𝐾𝐾𝑎𝑎3 = [𝐻𝐻2𝑃𝑃𝑂𝑂4−][𝐻𝐻+]

[𝐻𝐻3𝑃𝑃𝑂𝑂4]
, 𝐾𝐾𝑎𝑎4 = �𝐻𝐻𝐻𝐻𝑂𝑂42−�[𝐻𝐻+]

[𝐻𝐻2𝑃𝑃𝑂𝑂4−]
 

𝐾𝐾𝑎𝑎5 = �𝑃𝑃𝑂𝑂43−�[𝐻𝐻+]
[𝐻𝐻𝐻𝐻𝑂𝑂4−]

 and 𝐾𝐾𝑤𝑤 = [𝐻𝐻+][𝑂𝑂𝐻𝐻−] 
 
And relationship between pH and hydrogen ion concentration is described as follows  

𝑝𝑝𝑝𝑝 = − log10([𝐻𝐻+]) 
The base flow is controlled by controlling voltage of the peristaltic pump’s control terminal 
using a 12-bit digital to analog converter (DAC). Relationship between the DAC value and the 
base flow is given below. 

𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵 𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓 �
𝑚𝑚𝑚𝑚
𝑚𝑚𝑚𝑚𝑚𝑚

� = 7.45 ×
𝐷𝐷𝐷𝐷𝐷𝐷 𝑉𝑉𝑉𝑉𝑉𝑉𝑉𝑉𝑉𝑉

4095
 

 
Nominal values of the model parameters are listed in Table 5. 
 
Table 5. Model parameters. 

Symbol Value Symbol Value Symbol Value Symbol Value 
Ka1 4.47×10−7 V 500 ml Wa1 1M Wb3 0M 
Ka2 5.62×10−11 q1 2.45 𝑚𝑚𝑚𝑚/𝑚𝑚𝑚𝑚𝑚𝑚 Wa2 −0.1M Wb4 0M 
Ka3 0.0072 q2 2.45 𝑚𝑚𝑚𝑚/𝑚𝑚𝑚𝑚𝑚𝑚 Wa3 −0.18M Wc1 0M 
Ka4 1.6982×10−7 q3 2.45 𝑚𝑚𝑚𝑚/𝑚𝑚𝑚𝑚𝑚𝑚 Wa4 −1M Wc2 0M 
Ka5 2.6915×10−12 q4 2.45 𝑚𝑚𝑚𝑚/𝑚𝑚𝑚𝑚𝑚𝑚 Wb1 0M Wc3 0.1M 
Kw 1.011×10−14   Wb2 0.1M Wc4 0M 

 
To analyze the nonlinear model for pH control, it is linearized at different operating pH set-
points and buffer flow combinations. Buffer flow rate combinations used to simulate variation in 
the buffering capacity are listed below. 
 

• Case 1: 𝑞𝑞2 = 2.5 𝑚𝑚𝑚𝑚/𝑚𝑚𝑚𝑚𝑚𝑚 and  𝑞𝑞3 = 2.5 𝑚𝑚𝑚𝑚/𝑚𝑚𝑚𝑚𝑚𝑚 
• Case 2: 𝑞𝑞2 = 0 𝑚𝑚𝑚𝑚/𝑚𝑚𝑚𝑚𝑚𝑚 and  𝑞𝑞3 = 2.5 𝑚𝑚𝑚𝑚/𝑚𝑚𝑚𝑚𝑚𝑚 
• Case 3: 𝑞𝑞2 = 2.5 𝑚𝑚𝑚𝑚/𝑚𝑚𝑚𝑚𝑚𝑚 and  𝑞𝑞3 = 0 𝑚𝑚𝑚𝑚/𝑚𝑚𝑚𝑚𝑚𝑚 
• Case 4: 𝑞𝑞2 = 0 𝑚𝑚𝑚𝑚/𝑚𝑚𝑚𝑚𝑚𝑚 and  𝑞𝑞3 = 0 𝑚𝑚𝑚𝑚/𝑚𝑚𝑚𝑚𝑚𝑚 
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The nonlinear model is linearized at the different pH operating points for all cases. Transfer 
functions of the linearized models can be expressed in the following format. 

𝑃𝑃(𝑠𝑠) =
𝐾𝐾𝑔𝑔

Τ𝑠𝑠 + 1
𝑒𝑒−

𝑠𝑠
6 

Where 𝐾𝐾𝑔𝑔 is the plant gain and Τ is the plant time constant. Plots of gains and time constants of 
linearized plants are shown in Figure 8. 

 
Figure 8. Left figure-pH vs gain plot; Right figure- pH vs time constant plot. 

It can be seen from the above plots, only gain of the linearized plant models vary significantly. 
To compensate the variation in the gain of the plant it is sufficient to adapt the gain of the 
controller.  
 
4.4.2 Direct adaptive pH Control algorithm  
In this section, we summarize the formulation of controller gain adaptation as an approximate 
𝐻𝐻∞ loop shaping problem (Tsakalis and Dash, 2013) and discuss the necessary modifications for 
the practical implementation of the proposed algorithm in the pH control problem. For the tuning 
of the proportional integral derivative (PID) parameters, we adopt the Frequency Loop Shaping 
(FLS) approach, with a robust stability condition (RSC) metric described in Grassi and Tsakalis 
(2000).  

 
Figure 9. Block diagram of the closed-loop system with direct adaptive pH controller 

PID controllers are some of the most extensively used algorithms in the process industry. PID 
tuning is a very well researched topic and some of the commonly used methods are discussed in 
Åström and Hägglund (2006); Rivera et al. (1986) and one such method is FLS. In FLS, closed-
loop design specifications are specified in terms of a target open-loop transfer function and PID 
parameters are obtained by minimizing the distance between the target loop and the actual open-
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loop transfer function. More specifically, letting G be the plant and C the controller, the FLS 
objective is to minimize the distance between the loop transfer function GC and the target loop L. 
 
A weighted 𝐻𝐻∞ norm that corresponds to the small gain theorem called RSC metric provides a 
good measure of the distance between the actual and the target loop.  
 
An extension of the offline FLS tuning for an online and adaptive implementation has been 
introduced in the paper by Tsakalis and Dash (2013), while the applicability and usage of the 
RSC metric in the monitoring of industrial process controllers have been discussed in Tsakalis 
and Dash (2007). The main idea in these studies was to estimate RSC values of using plant input-
output data and use RSC to obtain PID parameters. 
 
According to our model analysis, the process dynamics (pole, delay) change very little with the 
operating conditions. Therefore, non-adaptive part of the proportional integral (PI) controller is 
expressed as follows 

𝐶̃𝐶 =
(𝑠𝑠 + 𝑎𝑎)

𝑠𝑠
 

Where 𝑎𝑎 = 𝐾𝐾𝑖𝑖𝑖𝑖
𝐾𝐾𝑝𝑝𝑝𝑝

, 𝐾𝐾𝑖𝑖𝑖𝑖 and 𝐾𝐾𝑝𝑝𝑝𝑝 are the integral and the proportional gains of the nominal controller 

respectively.   
 
For pH control, RSC minimization problem described in Tsakalis and Dash (2013) for the online 
implementation using a filter bank {𝐹𝐹𝑖𝑖}𝑖𝑖 is rewritten to adapt only controller gain and is 
expressed as follows. 

𝐾𝐾∗ = arg min
𝐾𝐾 ∈𝑀𝑀𝑀𝑀 

max
𝑖𝑖

��𝐾𝐾𝐾𝐾𝐶̃𝐶𝐹𝐹𝑖𝑖𝑦𝑦 − 𝑇𝑇𝑇𝑇𝑇𝑇𝑇𝑇𝐹𝐹𝑖𝑖𝑦𝑦��
2,𝛿𝛿

�|𝐹𝐹𝑖𝑖𝑢𝑢|�
2,𝛿𝛿

 

K is the controller gain, Mg is the constraint set of the controller gain, 𝑆𝑆 and 𝑇𝑇𝑇𝑇𝑇𝑇𝑇𝑇 are sensitivity 
and complementary sensitivity of the target loop respectively. 𝑢𝑢 is the plant input, 𝑦𝑦 is the plant 
output and �| |�

2,δ
 is exponentially weighted 2-norm with 𝛿𝛿 as the exponential weight. Above 

optimization problem is solved iteratively by computing the following at each time step 𝑘𝑘 

min
𝐾𝐾 ∈𝑀𝑀𝑀𝑀 

max
𝑖𝑖

𝐽𝐽𝑖𝑖,𝑘𝑘
𝑚𝑚𝑖𝑖,𝑘𝑘

 

Ji,k(Kk) = �λk−n�zi,n − wi,n
T Kk�

2
k

n=0

, mi,k = λmk + |[Fiu]k+1|2 

Where zi,n = [TFiu]n, wi,n = �SC�Fiy�n, and λ is the forgetting factor. 
 
To make the proposed direct adaptive algorithm fast (to improve transient performance), but 
including some “sanity checks” to avoid misadjustment due to perturbations or measurement 
noise, the following refinements are introduced  

• For faster convergence, the covariance P associated with the recursive least squares 
algorithm is reset periodically if one of the following conditions is met. 

• If the set-point variation exceeds a threshold. 
• If the time elapsed since the last reset exceeds a threshold. 
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• If there is a significant change on the pH reading (accounting for disturbances). 
• The estimated parameter is accepted as an update in the controller only if the value of the 

sum of squares of P for the entire filter bank exceeds a threshold. 
• The plant input-output pair used in the adaptation algorithm is filtered using a band pass 

filter that attenuates frequencies of these signals outside the frequency range of interest. 
• To ensure adaptation is active only when signals satisfy persistence of excitation, a dead 

zone is introduced in the cost function max [0;� 𝐽𝐽𝑖𝑖,𝑘𝑘
𝑚𝑚𝑖𝑖,𝑘𝑘

� − 𝛿𝛿𝑑𝑑𝑑𝑑𝑑𝑑 ]. Where δdzn is a small 

constant that represents a dead zone on the cost function. 
This refined algorithm was tested using the lab-scale experiments and details are described in the 
next section. 
 
4.4.3 Low-cost potentiostat construction 
Our potentiostat design consists of a digital side and an analog side. The block diagram of the 
potentiostat is shown below in Figure 10.  The digital side consists of an Analog to Digital 
Converter (ADC), a DAC, a microcontroller (Arduino Mega) and a personal computer. A 
personal computer or equivalent is also used to perform data acquisition, data storage, and data 
visualization tasks. The microcontroller receives potentiostat set-point and sends readings of the 
working electrode voltage, the reference electrode voltage and current between the anode and 
cathode back to the computer for the purpose of data logging. The microcontroller and the PC 
communicate using UART serial communication with a baud rate of 115200. The ADC and 
DAC are used to interface the analog side of the potentiostat with the micro controller and they 
communicate with the microcontroller using Serial Peripheral Interface (SPI) communication 
protocol. Both ADC and DAC are powered using the regulated voltage generated by the analog 
power circuit. Because they are powered using different digital voltage levels (generated from 
the analog power circuit), the SPI communication between the ADC/DAC and the 
microcontroller is digitally isolated using an isolator (IC ADUM7641). An integrated circuit (IC) 
ADS1248 is used as the ADC and another IC AD5752R is used as the DAC. The ADS1248 is a 
24 bit ADC with 8 differential channels and it can support sampling rate up to 2000 samples/sec. 
The AD5752R is a 16 bit DAC with 2 channels and it can support sampling rate up to 10 mega 
samples/sec. 
 

 
Figure 2.  Schematic Diagram of the low-cost potentiostat. 
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The analog circuit is divided into three parts, an analog power circuit, a PI controller and shifter 
circuits. The analog power circuit converts a unipolar voltage source into bipolar voltage source, 
it translates an anode set-point voltage to an equivalent signal that is capable of driving current 
between an anode and a cathode, it also generates a regulated +5V signal (used to power ADC 
and DAC). The shifter circuit brings the voltage signals into the ADC range. In the proposed 
potentiostat we use an ADC with the range of 0 to 5V and our voltage signals (working/reference 
electrode) are between -2.5V to +2.5V. The shifter circuit brings signals from -2.5V to +2.5V 
range to 0V to +5V and the circuit diagram of the shifter circuit. To regulate the potential of the 
working electrode with respect to the reference close to the potentiostat set-point, we use a PI 
controller.  The PI controller generates anode set-point based on the error e(S − (R − A)), 
where S, R and A are potentiostat's set point, reference electrode voltage, and anode voltage 
respectively. 

 
Figure 3.  Left circuit- voltage shifter circuit; Right circuit- PI controller. 

This potentiostat is tested using a ferricyanide reactor and results from set-point tracking 
experiments are discussed Section 4.4. 
 
4.5. Design of Prototype MFCs and process control systems (Tasks 5 and 6) 

4.5.1. Design, operation, and characterization of flat-plate reactors 
 

Flat-plate MEC design.  We designed a modular flat-plate MECs each with two anodes and two 
cathodes as described in our previous study (Ki et al., 2015).  We provide a schematic in Figure 
12.  Briefly, the anodes were made of carbon fibers (24K Carbon Tow, FibreGlast, OH, USA) 
that were woven around a titanium plate that served as current collector (each anode was 10 cm x 
10 cm, geometric area of 100 cm2).  The two anodes shared a common chamber.  We used 
stainless steel meshes (Type 314, McMaster-Carr, USA) or nickel meshes (Ni 200, Unique Wire 
Weaving Co., Inc., USA) as the cathodes, and each cathode had a separate individual chamber.  
We cleaned the assembled anodes with 1 M nitric acid for 3 hours, 1 M acetone for 12 hours, 1 
M ethanol for 3 hours, and deionized water (18 MΩ) overnight before using them.  We equipped 
the anode chamber with a reference electrode (Ag/AgCl, MF-2052, Bioanalytical Systems, Inc., 
USA), which was at a ~2 cm distance from each anode.  All potentials we report throughout are 
converted to vs. SHE using a conversion factor of +0.27 V.  We determined this conversion 
factor as previously described for the medium we fed to the MECs (Torres et al., 2009).  We 
used the AEMs AMI-7001 (Membrane International, Glen Rock, NJ) or Fumasep FAA (FuMa-
Tech, Germany) to separate the anode and the cathode chambers.  We maintained the distance 
between the anode and cathode at < 0.5 cm.  The anode chamber volume was ~0.5 L and the 
cathode chamber volume (individual) was ~0.1 L (or 0.2 L total).   The anode was fed with 
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acetate as the electron donor (see medium composition below), while the cathode was fed with a 
100-mM solution of NaCl or NaOH.    

   

 
Figure 12. Pictures of modular flat-plate MEC (a) top view of the MEC with configuration of 
anode and cathode chambers, (b) assembled flat-plate MEC, (c) carbon fiber anode woven with 
titanium current collector, and (d) SS cathode. 
 
We inoculated the MECs with a mixture of anaerobic digested sludge (2 mL, obtained from 
Mesa Northwest Wastewater Reclamation Plant in Mesa, AZ, USA) and the effluent from a 
continuously fed MEC in our laboratory fed with acetate as the electron donor (248 mL).  We 
operated the MECs in batch mode initially, followed by continuous flow of the anode medium at 
a rate of 0.3-0.5 mL min-1, resulting in a hydraulic retention time of 16.7-27.8 h.  The anode feed 
consisted of 50 mM acetate, 100 mM phosphate buffer (PBS, 85 mM of KH2PO4 and 15 mM of 
Na2HPO4), 14 mM ammonium chloride, and trace minerals (Torres et al., 2007).  The pH of the 
medium was ~7.6.  We operated the MECs in a temperature-controlled room at 30 °C.  We 
sparged the anolyte and catholyte with ultra-high purity nitrogen gas (>99.999%) to remove O2 
before feeding to each chamber.  For experiments where we added CO2 to the cathode, we used 
100% CO2 that was sparged into an external chamber containing the catholyte.  The CO2 flow 
rate was 250 mL min-1 and we recirculated the catholyte within the cathode chambers at 20 mL 
min-1 flow rate (Figure 13).   We set the anode potential at -0.03 V with a multi-channel 
potentiostat (VMP3, BioLogic Science Instruments, Knoxville, TN), and recorded current, and 
anode and cathode potential every two minutes.  This anode potential was selected on the basis 
of a previous study that has shown that the potential is oxidizing enough to allow optimum 
growth of known ARB (Torres et al., 2009). 
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Figure 13. Schematic for CO2 addition to cathode.  
 
After a stable current was obtained, we developed j-V curves using chronoamperometry starting 
from the open circuit potential up to the anode potential resulting in the highest saturation current 
densities, stepping the potential 25 mV for each data point.  We waited ~10 minutes for steady 
current at each potential before stepping up the anode potential.  At the end of each experiment, 
we performed electrochemical impedance spectroscopy (EIS) measurements at 100 kHz with an 
amplitude of 10 mV, while using the anode as the working electrode and the cathode as the 
counter and reference electrode to determine the Ohmic resistance between the anode and the 
cathode.  The Ohmic resistance used was an average value from 20 measurements.  We also 
performed iR correction for all anode and cathodes potentials by doing EIS measurements in the 
same way as described above but with the anode or the cathode as the working electrode and the 
Ag/AgCl reference electrode as the reference.  
 
Electrochemical impedance spectroscopy of MEC cathodes. To characterize the performance 
of the cathodes we used in the MECs during operation (with or without addition of CO2 to the 
cathode), we performed potentiostatic EIS measurements at each condition at various cathode 
potentials.  We used an amplitude of 10 mV, with a frequency range of 100 kHz to 10 mHz.  We 
took six data measurements per decade of frequency.  We fit the Nyquist plot data using an 
equivalent circuit model containing two charge transfer resistances in series with an Ohmic 
resistance.  For each cathode potential, we report a total area-specific resistance, which is the 
sum of the two charge transfer resistances.  
 
Characterization of anion exchange membranes. We characterized various commercially 
available AEMs (Table 6) to use in our MECs when adding CO2 to the cathode.  We used AEMs 
since it has been showed that when electroneutrality is maintained by transport of OH- from the 
cathode chamber to the anode chamber, either directly or via carbonate and/or bicarbonate 
species, the pH on the anode can be maintained close to 7 (Torres et al., 2008; Fornero et al., 
2010).  For the AEM characterization, we used electrochemical cells containing two chambers 
filled with 100 mM NaHCO3.  We performed EIS on the cell with one stainless steel rod (≈9 
cm2, 5 mm diameter) as the working electrode, and another as the counter and reference 
electrode, using a frequency of 100 kHz and an amplitude of 10 mV.  This allowed measurement 
of the Ohmic resistance between the two electrodes for the various AEMs.  We also performed 
EIS analysis without a membrane to obtain the Ohmic resistance just from the liquid electrolyte 
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used, thus making it possible to determine the resistance to ion transport from the AEMs only 
from subtraction.  We show a list of the membranes tested in Table 6 along with their thickness 
and pH stability range.  

 
Table 6. List of membranes tested, including their supplier and physical properties. 

Type Membrane Supplier Thickness 
(mm) pH  

Heterogeneous AMI-7001 Membranes International, USA 0.50-0.51 1-10 
Excellion I-200 SnowPure, USA 0.32-0.34 NR 

Homogenous 
Fumasep FAA FuMa-Tech, Germany 0.13-0.15 6-13 
Fumasep FAB FuMa-Tech, Germany 0.10-0.13 0-14 

A201 Tokuyama, Japan 0.028 0-14 
 
Characterization of cathode materials. For testing and comparing the performance of different 
cathodes for use in the MECs, we used a flat-plate two-chamber electrochemical cell having the 
same volume (100 mL) for each chamber.  We used a stainless-steel mesh electrode (Super-
Corrosion-Resistance Type 316 Stainless Steel Mesh, SS [20 x 20 wires/inch] (McMaster-Carr, 
USA) or a nickel mesh electrode, Ni 200 [70 x 70 wires/inch] (Unique Wire Weaving Co., Inc., 
USA) of size 7 cm x 7 cm (49 cm2 projected area) as the cathodes.  We provide more 
information on the two materials in Table 7.  We used AMI-7001 as the membrane, and the same 
Ni mesh electrode as the counter electrode for all tests.  For the electrolyte, we used 100 mM 
NaOH solution in both chambers. We performed linear sweep voltammetry (LSV) on the 
cathodes at 30 °C at a scan rate of 10 mV s-1.  Before performing LSV, we measured the Ohmic 
resistance by EIS and applied iR correction during the LSV.  We repeated the LSV for at least 
three times for each material. 
 
Table 7. Properties of cathode meshes tested in this study. 

 Nickel SS 

Item Nickel 200 Super-Corrosion-Resistance 
Type 316 

Wire mesh (Wires/In.) 70 x 70 20 x 20 
Wire diameter (In.) 0.004 0.018 

Width opening 0.0103 0.032 
% Open area 51.8 41 
Cost ($/ft2) 22.76 14.2 

Company UNIQUE WIRE WEAVING 
Co., Inc. McMaster-Carr 

 
4.5.2. Design of microbial H2O2 producing cells (MPPC) 
Figure 14 illustrates our two-chamber, flat-plate MPPC operated at 30°C.  The anode, cathode, 
and membrane had geometrical areas of 49 cm2 at 30°C, shown in Figure 15.  The anode 
chamber volume was 200 mL.  The anode was composed of carbon fiber (24K Carbon Tow, 
Fibre Glast, OH, USA) woven through a titanium frame, as detailed in Ki et al. (2016).  An 
AMI-7001 membrane was preconditioned in 2 M NaCl for one day prior to use.  The cathode 
chamber consists of a 18-mL liquid serpentine flow cell and a serpentine air chamber supplied 
with 30 cm3/min air (EcoPlus® Eco Air 3 commercial pump).  The two cathode chambers are 
separated by the carbon cloth cathode (FuelCellsEtc GDL-CT).  The liquid-exposed side of the 
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cathode was coated with a slurry of 0.5 mg/cm2 Vulcan carbon powder using a paint brush.  The 
catalyst slurry consisted of 0.5 g Vulcan carbon powder, 3.5 mL 0.83 mL/cm2 of 5% Nafion 
dispersion in alcohol (D521; FuelCellStore).   The air-exposed MPL side is coated with 2 layers 
of 16 mg/cm2 Teflon PTFE DISP 30 cured 15 minutes at 200°C and 1 hour at 280°C to improve 
cathode hydrophobicity.  The distance separating the anode and cathode was ~0.5 cm.  We used 
a Bioanalytical Systems, Inc. RE-5B Ag/AgCl reference electrode (+0.27 VSHE in acetate media 
at 30°C) and a Bio-Logic VMP3 potentiostat to control anode potential at -0.30 VAg/AgCl and 
monitored current production.  We measured pH using Thermo Scientific, Inc.’s Orion 2 Star pH 
meter.    
 
We inoculated the anode chamber with effluent from operating MECs in our laboratory to develop 
current-producing biofilms.  The MPPC’s anode was poised at -0.3 VAg/AgCl and operated in batch 
mode until biofilms were formed and then placed into continuous-flow mode fed with 100-mM 
acetate medium (~pH 7) at a 0.5-h HRT (Parameswaran et al., 2012).  The cathode was operated 
in continuous-flow mode and fed 200 mM NaCl catholyte with a 4-h HRT to the liquid chamber 
and 20 cm3/min air to the air chamber.  The MPPC operated in the peroxide-producing mode for 
more than three weeks.   
 

 
Figure 14.  A schematic of the MPPC configuration used to produce H2O2 in the liquid cathode 
chamber. 
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(a) 

 
(b) 

Figure 15.  (a) The MPPC setup (from left to right):  backing plate, anode chamber, anode, the 
liquid cathode chamber with AEM membrane attached between the anode and cathode, and the 
air cathode chamber with PTFE-coated cathode between the liquid and air cathode chambers.  
(b) A schematic of the serpentine cathode design.   

 
4.6. Optimization of Prototype MFCs (Task 7) 

4.6.1. Acetate-fed MPPC 
We followed the same design of MPPC above.  To inoculate the MPPC, we used 100-mL of 
inoculum grown from operating MEC reactors fed with acetate medium and 100-mL of 1-M 
acetate MEC media at pH 7 to develop current-producing biofilms.  Once the biofilms achieved 
>10 A m-2, we fed the anode continuously with 100-mM acetate medium with a 0.5-day HRT to 
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provide additional mixing to improve current production.  Throughout operations, the cathode 
was continuously fed with a catholyte solution.  The air side of the cathode was supplied with air 
from an EcoPlus® Eco Air commercial pump and regulated using a Dwyer RMA-151-SSV 0-50 
cm3 min-1 flow meter.   
 
The reactor operated for more than 7 months to determine long-term functionality and 
performance.   Figure 16 summarizes the operating conditions and performance in terms of H2O2 
concentration over the 7 months.  Several catholytes were evaluated for H2O2 production using a 
4-h HRT and no ethylenediaminetetraacetic acid (EDTA):  100-500-mM NaCl at pH 7; 100-mM 
H3PO4/KH2PO4 (PBS) at pH 2.5; 200-mM PBS at pH 2.5; 400-mM NaHCO3 at pH 6.5; and 1-M 
NaHCO3 at pH 8.5.   We studied the effects of catholyte HRT from 1- to 6-h using 200-mM 
NaCl and no EDTA.  We evaluated the use of EDTA as a stabilizer in 200-mM NaCl catholyte at 
concentrations ranging from 0- to 2-mM at a 4-h HRT.  To obtain steady-state data, we waited at 
least 5 cathodic HRTs after each condition change prior to taking any H2O2 measurements.  
Reported cathode potentials were corrected for Ohmic resistance as established in Young et al. 
(2016). 

 

 
Figure 16.  Graph summarizing the conditions during long-term MPPC operation.  The first two 
downtime events were associated with membrane failures.  The last downtime event was due to 
the catholyte chamber pump failing.   

 
We performed cyclic voltammetry (CV) for different performance conditions to evaluate 
changes in cell overpotentials (Bard and Faulkner, 2001).   CVs were performed at a 1 mV sec-1 
rate from -0.55 to -0.1 V with the anode as the working electrode. 
 
4.6.2. Primary sludge (PS)-fed MPPC (dual-chamber MPPC) 
We operated a flat-plate microbial electrochemical cell with anode and cathode separated by an 
AEM AMI-7001 (Membranes International, Inc.).  Following the same design described above, 
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one central anode chamber contained two anodes, and the anode chamber was flanked by two 
separate cathode chambers with one cathode each.  The same electrochemical cell was used as an 
MEC and an MPPC.  The anodes were exactly the same, but the electrodes used for cathodes and 
the cathode chambers were modified for the MPPC.  Experiments were first conducted in MEC 
mode, followed by MPPC mode.  Enough time was allowed for operation under each condition 
to reach a pseudo-steady state: ~30 days for MEC and ~10 days for MPPC. 
 
The anodes were fabricated using carbon fibers (24K Carbon Tow, FibreGlast, OH, USA) woven 
as a mesh through a titanium plate current collector (Ultra-Corrosion-Resistant Titanium Grade 
2, 0.035" of thickness, McMaster-Carr, USA).  The geometric surface area of each anode was 
100 cm2, and the anode chamber was 500 mL.  The cathode for the MEC for H2 production was 
the same as before (Ki et al., 2016; Ki et al., 2017), but the cathode chamber for the MPPC for 
H2O2 production consisted of a serpentine flow field having a ~120 mL volume between the 
AEM and cathode.  Details on parts, configuration, and assembly of MPPC are provided in 
Figure 17.  
 

 
Figure 17.  Microbial peroxide producing cell (MPPC) design.  All reactor components (a) and 
the assembled system (b).    
 
We used stainless-steel meshes (Super-Corrosion-Resistance type 316, McMaster-Carr, USA) as 
the cathodes for H2 production in the MEC.  The cathodes for H2O2 production in the MPPC 
were prepared with a carbon-cloth support (GDL-CT, Fuel Cells Etc, TX, USA), coated with a 
slurry of Vulcan carbon powder on the liquid-exposed side, and with a 30% PTFE microporous 
layer (MPL) on the air-exposed side; this was the same as used in Young et al. (2016).  The area 
of each cathode was ~79 cm2 (8.8 cm x 8.8 cm).   
 
The distance between the anode and cathode was less than 0.5 cm in the MEC and ~1 cm in the 
MPPC.  We included a reference electrode (Ag/AgCl, MF-2052, Bioanalytical Systems, Inc., 
USA), which was at a ~2 cm distance from each of the anodes.  We used a multi-channel 
potentiostat (VMP3, BioLogic Science Instruments, Knoxville, TN) to control the anode 
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potential at -0.3 V (versus Ag/AgCl) and recorded current, and anode and cathode potential, 
every two minutes with the EC-Lab software (v. 10.37).   
 
We fed the MEC and the MPPC with PS semi-continuously at a 9-day HRT and with one 
feeding cycle per day; for example, we removed ~56 mL from the anode chamber and added the 
same volume of PS to the anode chamber every day.  At each feeding, we maintained the pH of 
~7.0 in the anode chamber with the addition of 5-M sodium hydroxide (NaOH) as needed (Ki et 
al., 2017).  The electrolyte for the cathode (the catholyte) for MEC was 100-mM NaOH.  The 
catholyte in the MPPC was 50-mM NaOH.  We delivered the catholyte continuously in the 
serpentine cathode chamber of the MPPC with an ~1.5-h HRT for 18 days, and then we changed 
to batch mode with a one-day cycle.  We collected catholyte samples of ~1 mL at 1.5, 3, 6, 12, 
and 24 hours during batch operation to measure pH, alkalinity, and H2O2 concentration.  
 
Analytical methods. We characterized PS for TCOD, SSCOD, TSS, and VSS as described 
previously.  We used colorimetric methods to determine the H2O2 concentration in the catholyte 
of the cathode chamber (Graf and Penniston, 1980). Briefly, the chemical solutions and samples 
were prepared in 1.5-mL cuvettes in the following order:  10 µL of sample (including H2O2 
standard), 2 mL of HCl (50 mM), 0.2 mL of KI (1 M), 0.2 mL of ammonium molybdate (1M) in 
H2SO4 (0.5 M), and 0.2 mL of a starch solution (1%) as the indicator.  H2O2 measurements were 
performed at a 570-nm wavelength using a Cary 50-Bio UV-Visible spectrophotometer (Varian, 
Palo Alto, CA).  Total alkalinity was measured using spectrophotometric methods by HACH kit 
and spectrophotometer (DR2700, HACH, Loveland, CO).    
 
Calculations. We calculated CR, anodic CE, and PPE.  CR and CE were calculated as described 
previously in this report.  The PPE was calculated for the batch-mode operation from the 
measured H2O2 concentration, the volume of the cathode chamber, and the recorded cumulative 
Coulombs as electrical current using Eq. (1), 
 
𝐻𝐻2𝑂𝑂2 𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝  𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒 (%)

=
𝑛𝑛×𝐹𝐹×𝐶𝐶𝐻𝐻2𝑂𝑂2×𝑉𝑉

∫ 𝐼𝐼𝐼𝐼𝐼𝐼𝑡𝑡
0

×100                                                                           (𝐸𝐸𝐸𝐸𝐸𝐸 1) 

 
where n is the number of moles equivalent to moles of H2O2 (n = 2 here), F is the Faraday 
constant (96,485 Coulombs mol-1), CH2O2 is the measured concentration of H2O2 (mol L-1), and V 
is the volume of cathode chamber.  If all the cumulative Coulombs measured were utilized for 
production of H2O2, the PPE would equal 100%.    
  
Molecular microbial ecology. We collected biomass samples for analysis of microbial 
community structure in the anodes of the MEC and the MPPC; the samples were from the anode 
suspension (AnS), biofilm from the anode side facing the chamber (BfC), and biofilm from the 
anode side facing the membrane (BfM) on the carbon fiber electrodes.  A schematic showing the 
sampling locations is provided in Figure 18.  We centrifuged suspension samples to obtain 
pellets for DNA extraction.  For the biofilm samples, we scraped off the anode surface using a 
pipette tip for at least 5 different positions.  We prepared 0.17~0.27 gram of wet biomass by 
combining pellets or biofilm solids for each sample, and we added the combined biomass it to 
the bead tubes provided by a Power Soil DNA extraction kit (MoBio laboratories, Inc., Carlsbad, 
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CA).  We extracted DNA per the instructions provided with the kit, quantified DNA 
concentration with Nanodrop spectrophotometer, and stored DNA at -20 °C before sequencing.   

 

 
Figure 18.  Schematic view for the sampling locations in the MEC and MPPC at the end of 
operation:  anode suspension (AnS), biofilm of chamber side (BfC), and biofilm of membrane 
side (BfM). 

 
We sent the extracted DNA to the Microbiome Analysis Laboratory at Arizona State University 
(ASU) for Illumina MiSeq sequencing.  Amplicon sequencing of the V4 region of the 16S rRNA 
gene was performed with the barcoded primer set 515f/806r designed by Caporaso et al. (2012).  
Data received from the testing laboratory were analyzed using QIIME29 after discarding 
sequences shorter than 25 base pairs (bp), longer than 450 bp, or labeled as chimeric sequences.  
After screening, primer sequences were trimmed off, and taxonomic classification was 
performed using RDP classifier at the 80%-confidence threshold (Cole et al., 2009).  Operating 
taxonomic units (OTUs) were picked using the Greengenes database by UCLUST algorithm 
based on ≥97% identity (Edgar, 2010).  We aligned the representative sequences for each OTU 
to the Greengenes database using PYNAST (DeSantis et al., 2006; Caporaso et al. 2010).  Then, 
we made the OTU table and removed singletons.  Lastly, the OTU table was rarefied to the 
minimum number of sequences among 6 samples (35,928 sequences); the total number of 
sequence reads for each sample after screenings were:  MEC AnS = 58,557, MEC BfC = 64,681, 
MEC BfM = 56,365, MPPC AnS = 35,928, MPPC BfC = 58,902, and MPPC BfM = 55,570. 

 
4.6.3. Primary sludge (PS)-fed MPPC (single-chamber MPPC, sMPPC) 
 
Feed primary sludge. We obtained feed PS from GWRP and stored it in a temperature-
controlled room at 4°C before use.  We diluted the raw PS for the MPPC influent by ~2-fold 
with DI water providing an influent PS of 26-32 g/L of TCOD and 15-17 g/L of VSS.  We 
measured the characteristics of the influent PS at the beginning and the end of each 6-day storage 
period.  Characteristics of averaged influent PS are summarized in Table 8.  
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Table 8.  Average of characteristics of influent PS fed to single-chamber MPPC (sMPPC). 
Parameters Unit Average Stdev 

TCOD mg/L 30,000 800 
SCOD mg/L 1400 100 
TSS mg/L 19,000 400 
VSS mg/L 16,000 300 
pH - 5.7 0.2 

 
Design and operation of sMPPC. We operated a flat-plate microbial electrochemical cell with 
H2O2 production (MPPC), which was slightly modified from previous designs (Ki et al., 2016; 
Ki et al., 2017b).  This design contained one central anode chamber with a 0.5 L volume, two 
anodes and was flanked by two separate air-cathodes.  Carbon fibers woven on a titanium plate 
current collector were used for the anodes.  Air-cathodes were fabricated in the lab with the 
protocol described in Young et al. (2016, 2017) and Ki et al. (2017b), optimized for H2O2 
production.  We coated a carbon-cloth with a slurry of Vulcan carbon powder on the liquid-
exposed side and 30% PTFE MPL on the air-exposed side.  The projected area of each anode and 
cathode was ~100 cm2 (10 cm x 10 cm).  Instead of using an AEM, we tested two different types 
of separators between the anode and cathode; eliminating the cathode chambers.  The first 
separator tested was a glass fiber (GF, 1 µm pore size, 330 µm thickness, Type A/E, PALL 
Corporation) and the second was a stitchbond polyester fabric (SPF, Metacrylics, 360 µm 
thickness).  Sludge liquid filled in the anode chamber and soaked through the separators to reach 
the cathode catalysts for electrochemical reactions.  Figure 19 provides details on parts, 
configuration, and assembly of sMPPC.  The distance between the anode and cathode was ~0.25 
cm.  A reference electrode (Ag/AgCl, MF-2052, Bioanalytical Systems, Inc., USA) was inserted 
in the middle of the anode chamber, at a ~2 cm distance from each of the anodes.  We fixed the 
anode potential at -0.3 V (versus Ag/AgCl) using a multi-channel potentiostat (VMP3, BioLogic 
Science Instruments, Knoxville, TN) and recorded the current and anode and cathode potential 
every two minutes with EC-Lab software (v. 11.0).   
  
We cultivated ARB first in MEC mode for 18 days by feeding an acetate medium (50 mM 
acetate, 100 mM PBS, 14 mM ammonium chloride, and trace minerals) with a biofilm scraped 
from pre-acclimatized MEC that was also fed with an acetate medium (Ki et al., 2017a).  We 
then switched the reactor to sMPPC mode and operated the sMPPC with acetate medium for 
over 2 months.  After the cultivation of ARB, we replaced the feed with PS, and operated the 
sMPPC semi-continuously; first at a 6-day HRT and then at a 3-day HRT for a minimum of 5 
cycles at each HRT.  We then analyzed characteristics of the PS effluent collected once the 
current had stabilized after each feeding.  The anode chamber pH mas maintained at ~7 with the 
addition of NaOH (5M) during regular checks of the PS effluent.  Table 9 details the variations 
in sMPPC construction and operation: filters (GF vs SPF, Exp. 1 & 2), HRTs (6- vs 3- HRT, 
Exp. 2 & 3), and circuit modes (closed vs open, Exp. 2 & 4).  Electrons from the PS were 
captured for H2O2 production in closed circuit mode, while no electrons were captured in the 
open circuit mode.   
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Figure 19. Details of single-chambered microbial H2O2 production cell (sMPPC): (a) carbon 
fiber anode woven with titanium plate, (b) two different filters used in the sMPPC, (c) cathode 
coated with Vulcan carbon with PTFE coating to air-side, and (d) assembled and potentiostat 
channel connected sMPPC. 
 
Table 9.  Design of experiments with separators, circuit connection, and PS loading rate. 

Exp. Separator Circuit mode PS loading rate 
GF-Closed GF Closed 4.3 gCOD/L/d (2.5 gVSS/L/d) 

SPF-Closed SPF Closed 5.0 gCOD/L/d (2.7 gVSS/L/d) 

SPF-Open SPF Open 5.2 gCOD/L/d (2.8 gVSS/L/d) 
GF: glass fiber, SPF: stitchbond polyester fabric  
 
Analytical methods. TCOD, SCOD, TSS, VSS, VFAs, and total and fecal coliform of PS were 
characterized.  We measured COD using spectrophotometric methods by a HACH kit (High 
Range Plus COD digestion vials) and spectrophotometer (DR2700, HACH, Loveland, CO).  
TSS, VSS, TCOD, and SCOD were prepared as previously discussed in this report.  For total and 
fecal coliform enumeration, we followed Standard Methods (APHA, 2012); in brief, total 
coliforms were determined after 24-hour incubation at 37 °C on DifcoTM LB agar (Becton, 
Dickinson and Company, Sparks, MD), and fecal coliforms were determined using a multiple-
tube fermentation technique with A-1 broth (Sigma-Aldrich, St. Louis, MO) after incubation for 
3 hours at 35 °C and for 21 hours in a water bath at 44.5 °C.   
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4.7 Engineering Design and Life Cycle Analysis (Task 8) 
 

4.7.1 Basis of Flows and Wastewater Compositions 
Water and wastewater flows were developed from Noblis (2010) and are summarized in Table 10.  
The averages of these ranges were assumed for the population of company and battalion size bases. 
Noblis (2010) reports 35 gal/day/person wastewater production at military bases (Noblis, 2010). 
Based on Noblis (2010) and Metcalf & Eddy (2014), 15 percent of all wastewater is BW and 85% 
is GW.  Based on data obtained during this project, 50% of the influent COD is influent biological 
oxygen demand as measured at 5 days (i.e., BOD5).  The wastewater composition used in the basis 
of design for the treatment alternatives is summarized in Table 11.  For consistency, each scenario 
is bounded by the U.S. EPA’s wastewater discharge standards of 30 mg BOD/L and 30 mg TSS/L 
(EPA, 1984) when the treated effluent is discharged to percolation fields or surface waters.  

 
For each of the two (2) FOB scales, three scenarios were evaluated corresponding to: conventional 
treatment (CT), MFC with electricity production (MFC-E), and MPPC with H2O2 production 
(MEC-H2O2). 

 
Table 10. Summary of FOB scales and Wastewater Flows. 
 

  Graywater Blackwater Total 

Scale Soldiers Gallons/day Gallons/day Gallons/day 

Company 150 4,460 788 5,250 

Battalion 600 17,900 3,150 21,000 
 
 

Table 11. Wastewater Composition. 

 
COD BOD5 TSS 

 (mg/L) (mg/L) (mg/L) 
Graywater 285 143 183 
Blackwater 8350 4180 690 
Combined 

Graywater/blackwater 1500 750 873 
 

4.7.2 Conventional Wastewater Treatment Scenarios for LCA Analysis 
Conventional WWT processes for company and battalion scales were based on current treatment 
methods at FOBs, where combined BW and GW is stored in a holding tank until it can be burned 
in a burn pit or the combined wastewater is treated in an aerated lagoon without further treatment. 
Process flow schematics for company and battalion scales are shown in Figure 20. 
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Figure 20.  Company (a) and battalion (b) scales conventional treatment (CT) process flow 
diagrams. 
 
 
MFCs with Electricity-Generation Wastewater Treatment Scenarios 
Power generation is modeled in the LCA and represented in the node “Energy Recovery” in the 
process flow diagram figures.  The second part of the MFC (separated by a membrane) contains 
an anaerobic anode chamber, which is where most reduction reactions occur.  Research is being 
conducted on improving power production from anodes and eliminating costs from cathodes, 
which is assumed to be part of this MFC design.  The combined BW/GW COD removal through 
the MFC was estimated to be 80% and TSS removal to be 40%, based on bench and pilot study 
results conducted by researchers at ASU.  Also, a hydrolysis rate constant of 4.0 d-1 was assumed 
for combined BW/GW based on the same studies.  

 
The MFCs (in this alternative) are assumed to have a potential difference between the anode and 
cathode reactions capable of generating electrical energy, rather than require more of it.  As shown 
in Figure 21, this scenario combines BW and GW and sends the stream into a microbial fuel cell. 
A settling tank with coagulant addition is the next treatment step in this alternative, where it is 
assumed that 80% COD and 60% TSS are removed, based on general assumption guidelines 
provided in Metcalf & Eddy (2003) as well as data from the Pennsylvania State University research 
team.  The solids from this process are pumped to a sludge disposal unit, which is assumed to run 
for only a few hours each week, just to load and unload the solids.  
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Figure 21.  Company- and battalion-scale MFC with electricity production wastewater treatment 
(MFC-E) process flow diagrams. 
 
MPPCs with Peroxide Production Wastewater Treatment Scenarios 
The MFC can either create electricity or hydrogen peroxide, depending on the cathodic catalysts 
that allow for a 2e- or 4e- oxygen reduction.  The following scenarios generally assume that the 
MFC favors the 2e- reduction reaction in the cathode chamber, producing a net potential in favor 
of H2O2 production.  Settling tanks with coagulation and solids disposal units were applied to these 
scenarios to provide some removal of TSS and COD.  The same removal efficiencies from the 
MFC with electricity production scenario were also assumed for this scenario.  This scenario 
assumed that the amount of hydrogen peroxide that is generated would be to be adequate for 
directly oxidizing the influent COD to desirable levels in the wastewater holding tanks. 

 
Calculations were performed for each military group (based on the 0.85 lb H2O2 produced: lb COD 
removed and various literature sources) for alternatives favoring hydrogen peroxide production. 
Therefore, it was assumed that the hydrogen peroxide generated on the cathode would be treating 
(on average) 80% of the influent COD. 

 
This alternative utilizes an MPPC reactor and subsequent settling tank (with coagulation and solids 
disposal) for treatment of BW to non-regulatory standards.  This process is shown in Figure 22.  
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Figure 22. Company and battalion scale MPPC with H2O2 production wastewater treatment 
process flow diagrams. 
 
4.7.3 Effluent Wastewater Compositions 
The composition of the final effluent from of all scenarios is shown in Table 12.  None of the 
treatment alternatives meets the U.S. EPA’s wastewater discharge standards of 30 mg BOD5/L and 
30 mg TSS/L (EPA, 2014), but all could read the standards with additional polishing steps, such 
as biofiltration.  Evaluation these additional steps were not with n this scope of work and are not 
discussed in this final report.  

 
Table 12. Effluent Water Quality Summary. 

Scenario 

BOD5 
(mg/L) COD (mg/L) TSS (mg/L) 

Sludge Flow 
(gal/year) 

Sludge TSS 
(%) 

Comp. Batt. Comp. Batt. Comp. Batt. Comp. Batt. Comp. Batt. 
CT 1431 92 2851 184 2151 90 NA 33,700 NA 10% 

MFC-E 83 83 165 165 227 227 16,400 65,600 4% 4% 
MPPC 76 76 151 151 253 253 18,300 73,300 4% 4% 

1. Graywater only 
 
4.7.4 Cost-estimate Methodology 
Capital costs of alternatives were estimated using the best readily available information from 
manufacturers.  The costing information is summarized in Table 13.  For MFC and MPPC 
alternatives, we opted to utilize existing “package plants,” whose costs were supplied by the 
manufacturer. For example, Contech, Inc.  “Conex” modules were identified as compatible with 
MFC and MPPC technologies.  The Conex units are used as the basis for MFC and MPPC process 
cost estimates in package plants (CONTECH, 2014).  These mobile systems have analogous “base 
costs,” which are based on each process required.  The manufacturer noted that some processes 



 55 

required modifications to fulfill the treatment requirements of the proposed systems, which 
required some assumptions to be made for these additional modification costs.  Unless indicated 
otherwise, the following costs from the manufacturer were used as a basis for capital cost estimates 
in the LCA.  
 
The analysis of the capital costs of the microbial fuel cells required some more in-depth estimating, 
since these units usually require high cost specialty materials for proper functioning.  Extensive 
research on MFCs from ASU and CDM Smith provided optimum material unit costs, which 
translated to volume-based unit costs (with a 1.5 safety factor applied).  These were used to develop 
the cost basis below: 

 
• MFC (for electricity production): 

o Anode: $4.27/gal treated 
o Cathode: $3.31/gal treated 

• MPPC (for H2O2 production): 
o Anode: $4.27/gal treated 
o Cathode: $19.80/gal treated 

 
This basis of unit capital-cost estimation for each process was utilized in a large cost-estimation 
spreadsheet, where the number of units determined the overall capital cost of each alternative.  
Based on flow rates and characteristics previously discussed, including required spare units for 
certain processes, total capital costs were developed for each process and therefore each 
alternative. aA scaling factor was applied for instances where an entire unit process would not be 
required to fulfill the design requirements of the unit process.  Total capital costs were estimated 
from Eqn. 19 and the basis of design summary including costs is included in Appendix D.    
 
𝑇𝑇𝑇𝑇𝑇𝑇𝑇𝑇𝑇𝑇 𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶 𝐶𝐶𝐶𝐶𝐶𝐶𝑡𝑡 = 𝑈𝑈𝑈𝑈𝑈𝑈𝑈𝑈 𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶 � $

𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢
� ∗ 𝑁𝑁𝑁𝑁. 𝑜𝑜𝑜𝑜 𝐷𝐷𝐷𝐷𝐷𝐷𝐷𝐷 𝑈𝑈𝑈𝑈𝑈𝑈𝑈𝑈𝑈𝑈 ∗ 𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠 𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓      (Eqn. 19) 

 
Table 13. Equipment Unit Costs. 
Unit Process $/unit 
Plastic holding tank (8ft x 24 ft) 20,000 
Plastic holding tank (8ft x 30 ft) 25,000 
1 x Aerobic Pond 
30-ft L x 30-ft W x 10-ft D 
1 x Facultative Pond 
30-ft L x 30-ft W x 10-ft D 

250,000 

Flow Equalization (including screenings, 
chemical addition and partitioning) 

100,000 

3-stage clarification 150,000 
MPPC 136,000 
MFC 300,000 
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4.7.5  Life-Cycle Assessment Methodology  
Figure 23 illustrate the system boundary that defined the components included in the life cycle 
assessment of the three WWT alternatives for each of the FOB sizes. 
 
 

 
 
Figure 23. Schematic of LCA boundary. 
 
4.7.6   Life Cycle Inventory 
Data for the MFC and MEC life cycle inventories (LCIs) were obtained from laboratory research 
and institutional knowledge.  Conventional WWT design was based primarily by design 
parameters found in Metcalf & Eddy (2014).  Capital and operational data were compiled for each 
scenario and scale.  A summary of this information can be found in Appendix D.  LCI processes 
from Ecoinvent were used when available.  Ecoinvent database unit processes were not altered for 
this study, with the exception of the transportation through trucks which was altered for the weight 
materials being delivered to the FOB. Due to the limited operational lives of FOBs, the LCI 
functional unit was 1m3 treated wastewater per year over a 1-year useful life.  Capital construction 
goods are assumed to have a 15-year useful life.  Second-order environmental impacts, such as 
emissions and resources required for production of chemicals and electricity used in construction 
and operation, were included in this assessment.  First-order or direct emissions were not included 
for such aspects as sludge burning and discharge of treated effluent to receiving water bodies due 
to the varied composition of wastewater.  As such, the impact from discharge of the treated effluent 
from each of the scenarios was not assessed in this LCA, as it is location specific and this study 
assesses the impact of theoretical FOBs of varying size.  It was assumed that the travel distance 
for all goods to be used at the FOB, including chemicals, water and capital construction goods is 
150 km, and the nearest landfill is 190 km (Noblis, 2010).  We assume all onsite power generation 
is from diesel-burning electric generators. Transportation was assumed to be performed by a 
standard 32-ton lorry of European origin.  Detailed construction and operational data can be found 
in the Appendix D. 
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4.7.7  Life Cycle Environmental Impact Assessment 
This study broadly assessed the environmental and social impacts of varying WWT alternatives 
at different FOB scales and should be used as a starting point in more detailed LCA studies on 
these treatment technologies.  Furthermore, as research of the two different types of MECs 
progresses, those results should be reassessed in the context of the LCA to see how they impact 
overall results.  This analysis follows four stages of an LCA as defined in ISO 14040 standards: 
(1) definition of goals and scope; (2) LCI compilation using various databases available in 
SimaPro 7.3.3, the LCA software chosen to analyze the relative sustainability of the processed; 
(3) life cycle impact assessment (LCIA) using ReCiPe v1.08 method with a hierarchist model 
typically applied to scientific LCAs; and (4) interpretation of results.  LCIA endpoint categories 
are expressed in terms of damage to human health (HH), damage to ecosystem diversity (ED), 
and damage to resource availability (RA).  Within the HH endpoint, climate change HH, ozone 
depletion, human toxicity, particulate matter formation categories were assessed.  Climate 
change ecosystem, terrestrial acidification, and terrestrial ecotoxicity were included in the ED 
endpoint. Fossil depletion was included in the RA endpoint (Goedkoop et al., 2008).  We 
developed an additional endpoint category for soldier casualties based on casualty factors 
associated with water, fuel, and chemicals transport to and from the FOB and landfilling of 
sludge wastes based on values reported by the Army Environmental Policy Institute (AEPI, 
2009). 
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5. RESULTS AND DISCUSSION 

5.1. Studies on Hydrolysis of Blackwater (Task 1) 

5.1.1. Batch methanogenic and fermentation reactors for hydrolysis on primary sludge  
 
Primary sludge characteristics. Table 14 shows the comparison of PS before and after PEF 
treatment.  TCOD and suspended solids have similar concentrations in both cases, which means 
that PEF did not cause net oxidation of volatile solids.  However, soluble components such as 
SSCOD, VFAs, and proteins increased in PEF-treated PS by 78~86%, since microbial cell 
membranes and walls and macromolecules were disrupted.  The increases of soluble organics 
were modest for PS compared to wasted activated sludge (WAS), which showed a 4800% 
increase of SCOD with a lower treatment intensity, ~19.8 kWh/m3 (Salerno et al., 2009).  PEF 
treatment also increased the sample temperature from 29°C to 49°C, although Sheng et al. (2011) 
showed that similar temperature increases were not responsible for changes of sludge 
characteristics.  
 
Table 14. Primary sludge characteristics before and after PEF treatment.  

Parameters Control PEF treated Change (%) 

TCOD (mg/L) 18,100 (± 92) 18,300 (± 424) 1.4 

SSCOD (mg/L) 257 (± 3) 459 (± 2) 79 

SSCOD/TCOD (%) 1.4 2.5 79 

TSS (mg/L) 13,500  13,400 (± 102) -0.7 

VSS (mg/L) 10,300 (± 19) 10,200 (± 67) -0.9 

Protein (mg/L) 54 (± 1.2) 99 (± 0.9) 86 

VFA (mg/L) 79 141 79 

Temp. (°C) 29 49 - 

pH 6.7 6.9 - 

 
Stability of PEF-treated PS under psychrophilic conditions. A significant benefit of PEF 
treatment of PS could be microbial inactivation.  Sheng et al. (2011) showed that PEF treatment 
inactivated the cyanobacterium Synechocystis PCC 6803, based on culture plating.  Here, we 
evaluated microbial inactivation by monitoring for changes in soluble COD, VFAs, and volatile 
suspended solids for control and PEF-treated PS during storage at 4°C.  Figure 24 shows that 
control PS underwent rapid degradation during storage at 4°C:  SSCOD increased to about 2000 
mg/L after 50 days of storage.  In contrast, PEF-treated PS maintained stable SSCOD values of 
around 500 mg/L for the entire 54 days.  The increase in SSCOD for the control PS was 
accompanied by a decrease in the VSS, while PEF-treated PS had a constant VSS concentration.  
Degradation also could be measured as VFAs, shown in Figure 25.  Only the control PS had 
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VFA production, predominantly propionate.  Inactivation by PEF was repeatable, as shown by 
data for a second trial (Figure 26).     

 
Figure 24. Changes of SSCOD and VSS concentrations of control and PEF-treated PS during 
storage at 4°C.  Solid and dotted lines, used to highlight trends, were generated using the 
Trendline function in MS Excel. 

 
Figure 25. VFAs profiles of control and PEF-treated PS during storage at 4°C. The number of 
days on top of each bar graph corresponds to the time since storage began. 
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Figure 26. Inactivation of PEF treated PS compared to control PS in which had increase of 
soluble COD concentration and decrease of VSS concentration with time in the storage of 
psychrophilic condition with primary sludge. 

 
Biochemical methane potential (BMP). As shown in Figure 27, the initial rate of CH4 
production in BMP assays was rapid for control and PEF-treated PS over ~10 days, after which 
the rate decreased.  Even though the trends for control and PEF-treated PS are similar, the CH4-
production rate was higher for PEF-treated PS between 3 to 14 days, when particle hydrolysis 
likely played a major role for controlling the rate of methanogenesis.  At the end of the BMP 
assay, the PEF-treated PS had yielded 8% more CH4, and its fractional COD conversion 
increased from 32% to 34.5%, an 8% relative increment.  

 
Figure 27. Cumulative CH4 results for control and PEF-treated PS in BMP assays as a fraction 
of the TCOD of the starting PS. 
 
Using the first-order model (Eqns. 2 and 3), we computed the hydrolysis rate constants (khyd-BMP) 
as 0.105 (± 0.005) and 0.119 (± 0.012) (day-1) for control and PEF-treated PS, respectively.  
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Other studies place the PS-hydrolysis rate constants in a similar range, between 0.09 and 0.17 
(day-1) (Elbeshbishy et al., 2012; Ferreiro and Soto, 2003), with local differences arising due to 
differences in operational condition (e.g., temperature), particle size of the PS solids, and 
compositions of carbohydrate, protein, and lipid.  The 13% increase in hydrolysis rate coefficient 
for PEF-treated PS, compared to control PS, may explain the increment to CH4 conversion 
within the initial 14 days.  CH4 production from control PS slowly caught up with the PEF-
treated PS between 14 and 44 days, resulting in the small decline in the relative increase in CH4 
production, to 8%.  These trends indicate that PEF-treated PS may be modestly effective at only 
short SRT.   

 

 
Figure 28. pH and volatile fatty acids (VFAs) concentrations produced in the fermentation batch 
bottles: (a) 1st enrichment fermentation and (b) 2nd enrichment fermentation. 

 
Fermentation with methanogen inhibition. Figure 28 shows the results of batch fermentations 
over 30 days with 50 mM BES added to inhibit methanogenesis.  The 1st and 2nd enrichments 
showed similar results for total VFAs and pH.  After around 10 days, the pH declined to less than 
5.5, and total VFAs stabilized.  PEF-treated PS always had pH 0.1 to 0.2 units lower than control 
PS, one indication of higher fermentation efficiency (FE) to VFAs.  After a short lag period, the 
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PEF-treated PS showed slightly, but consistently higher concentration of total VFA.  Based on 
the VFA production, we also computed the hydrolysis rate constants (khyd-fermentation) using first-
order model:  0.204 (± 0.009) and 0.254 (± 0.089) (day-1) for control and PEF-treated PS, 
respectively.  Thus, PEF-treated PS showed a 24% increase in hydrolysis rate coefficient, 
compared to control PS, over 10 days.  Higher khyd based on fermentation compared to BMP is 
consistent to Pratt et al. (2012).  At the end of batch fermentation, the PEF-treated PS had 
accumulated 7% more VFAs, and its fractional COD conversion (gVFA-COD/gTCODin) 
increased from 13 to 14%, a 7% relative increment.  Though the relative increment after PEF 
treatment by fermentation is similar to the one in BMP assay, the actual magnitude of ~13% 
conversion in fermentation is much lower, compared to ~30% in BMP during 30 days operation.  
Hydrolysis and fermentation may have been limited due to three reasons.  First, PS may have a 
substantial fraction of organic solids that resist hydrolysis (Rulkens, 2008; Jones et al., 2008).  
Second, the low pH after 10 days may have inhibited hydrolytic bacteria (Veeken et al., 2000).  
Third is feedback inhibition by the fermentation products (Pratt et al., 2012; Raposo et al., 2006).   
 
Even though VFAs accumulation with time had similar trends to CH4 production in BMP assays, 
total VFAs produced in control and PEF-treated PS started to stabilize earlier (between 6 to 10 
days), compared to BMP (after 10 days) (Figure 27 and 28).  Correspondingly, we also show in 
Figure 29 that acetate production in all cases (control and PEF-treated PS of the 1st and 2nd 
enrichments) stabilized in less than 10 days of batch operation.  On the other hand, other fatty 
acids (propionate, butyrate, iso-butyrate, valerate, and iso-valerate) increased to the end of the 
batch experiments (Figure 30).  These results support a possible thermodynamic feedback 
inhibition of β-oxidation that converts longer fatty acids (e.g., butyrate) to acetate (Rittmann and 
McCarty, 2001; McCarty and Smith, 1986).  

 
Figure 29. Changes of VFAs profiles during the 1st and 2nd enrichment fermentations for control 
and PEF-treated PS. 
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Figure 30. Relative increase of volatile fatty acids (VFAs) with the ratio of the average VFAs 
over 20 days to VFA at day 6. 
 
PEF treatment effectiveness . Table 15 shows that the methane-production rate (MPR) for PEF-
treated sludges were 1.6, 1.7, and 1.1 times higher than the respective controls for thickened 
mixed sludge (50:50 ratio of WAS:PS), WAS alone, and PS alone, respectively.  This highlights 
that WAS contributed significantly to the positive impacts observed with PEF treatment of 
thickened mixed sludge (Rittmann et al., 2008).  Consistent with the impact of PEF on CH4 
production are the much larger increases in soluble COD after PEF treatment of WAS (4800%) 
(Salerno et al., 2009), compared to PS (79%) (Table 14).  This large difference results from the 
severe disruption of WAS flocs and bacterial cells (Salerno et al., 2009).  In contrast, PS has 
relatively more non-cellular organic solids, and the organic solids are more readily 
biodegradable.  Thus, PEF treatment of PS did not result in a big increase in SSCOD or a large 
increment of CH4 production. 
 
Table 15. Comparisons of methane production rate with different sludge types in anaerobic 
digestion.  

Sludge type 
Methane production rate  

(L/kg VS/ day) Ratio of MPR 
increase Reference 

Control PEF treated 
WAS + PS (1:1) 794 1270 1.6 Rittmann et al. (2008) 

Only WAS 0.0421 0.0724 1.7 Salerno et al. (2009) 
Only PS 0.0120 0.0133 1.1 This study 

 
 
5.1.2. Continuous operations of fermentation reactors for microbial electrolysis cells  

Optimizing the pre-fermentation stage. We performed a comprehensive evaluation of the pre-
fermentation SRT = HRT with methanogenic inhibition.  Batch fermentations were performed in 
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250-mL serum bottles having a working volume of 180 mL, with ADS from MNWWRP.  Three 
serial enrichments of batch fermentation were performed, all under selective methanogenic 
inhibition using 50 mM BES.  At the end of batch fermentations, we carried out semi-continuous 
fermentation in the same serum bottles at 6-, 3-, and 2-day solid retention times.  Each condition 
was maintained for 5x SRTs to ensure steady state. 
 
Volatile-Solids Destruction was computed based on the averaged change of VSS concentration 
for each SRT; 

 𝑉𝑉𝑉𝑉𝑉𝑉𝑉𝑉𝑉𝑉𝑉𝑉𝑉𝑉 𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆 𝐷𝐷𝐷𝐷𝐷𝐷𝐷𝐷𝐷𝐷𝐷𝐷𝐷𝐷𝐷𝐷𝐷𝐷𝐷𝐷𝐷𝐷 [𝑉𝑉𝑉𝑉𝑉𝑉](%) =  (𝑉𝑉𝑉𝑉𝑉𝑉𝑖𝑖𝑖𝑖−𝑉𝑉𝑉𝑉𝑉𝑉𝑜𝑜𝑜𝑜𝑜𝑜)
𝑉𝑉𝑉𝑉𝑉𝑉𝑖𝑖𝑖𝑖

×100  (Eqn. 20)  
We showed VSD results at each SRT for both control and PEF-treated PS.  In control PS, the 
VSD decreased with shorter SRTs from 27% at 6 days to 14% at 3-day SRT.  On the other hand, 
VSD was maintained at around 25% at 3-day SRT for PEF-treated PS (1.8 fold higher than 
control), indicating its greater biodegradability. However, both control and PEF-treated PS 
showed only 4% VSD at 2-day SRT, likely due to washout of fermenters and the need for 
appropriate active biomass.   

 
Figure 31. Volatile Solids Destruction (VSD) and fermentation efficiency (FE) (defined as the 
ratio of VFAproduced/VSSin) in control and PEF-treated PS, at different solid retention times 
(SRTs). 

 
This study shows that a relatively longer HRT (=SRT) of 6 days led to the highest fermentation 
efficiency or FE (VFAproduced/VSSin) of 20% in the control PS reactor, while PEF treatment 
shortened it to 3 days, with an FE of 23%.  The VFAs - acetate, butyrate, and propionate - are the 
dominant VFAs in the effluent of the semi-continuous fermentation reactors (Figure 32).  The 
proportion of acetate increased, while that of butyrate decreased when the SRT became shorter, 
for both control and PEF-treated reactors.  Propionate decreased in the control reactors with 
shorter SRT, while the opposite trend was observed in PEF-treated reactors.  PEF-treated PS 
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fermentation at 3-day SRT (= HRT) was the optimum for allowing efficient hydrolysis from PS 
organic solids and achieving higher VSD and FE (Figure 31).   
 

 

Figure 32. Volatile fatty acids (VFAs) produced and its proportion after stabilization of each 
SRT (Total VFA concentrations at the bottom of pie charts represent the average of duplicate 
measurements). 

 
From this analysis, we concluded that 3-day is the shortest SRT allowing efficient hydrolysis 
from PS organic solids: ~25% of volatile solids destruction and ~23% fermentation efficiency.  
Thus, we evaluated SRTs of 3 and 15 days without inhibition of methanogenesis. Figure 33 
shows the distribution of VFAs and methane produced at the different HRTs and SRTs tested in 
the fermentation reactors.  The 3-day SRT resulted in much more VFAs accumulation (by 
1.4~2.5 fold) and less methane production (by 2~7.5 fold).  While the longer SRT increased 
overall hydrolysis of PS, a significant fraction of VFAs available for feeding to the MECs was 
diverted to methane gas.  Furthermore, the increase in SRT did not bring about a large increase 
in the overall TCOD removal as VFAs or methane, suggesting a higher fraction of recalcitrant 
compounds in the PS studied.  Based on the semi-continuous fermentation experiments, the 3-
day SRT (= HRT) was the best condition tested for pre-treatment of PS before MEC.   
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Figure 33. Steady-state fermentation efficiencies to VFAs and methane (g COD of the product 
normalized to TCODin) for the different fermentation condition (SRT and HRT).  The initial 
TCODin values ranged from 9400 to 12000 mgCOD/L.  
 
Fermentation reactors fed with control and PEF-treated PS had similar fermentation efficiencies 
(~17% by TCODin), indicating that the impact of PEF was not manifested by methane and total 
VFAs productions.  However, PEF exacerbated methanogenesis for the 15-day SRT, probably 
due to lack of washout of methanogens, although the difference also might be associated with a 
longer adaptation time, as the experiments were done sequentially in the same bottle.    
 
Centrate characterization from pre-fermentation reactors. Based on the trends in Figure 33, 
we repeated the fermentation studies with a 3-day SRT to generate enough effluent for operating 
the centrate-fed MECs.  Figure 34a shows COD mass balances for these 3-day fermentations.  
The fraction of produced methane and VFAs (~15% by TCODin) in both fermentations was 
similar to the results (~17% by TCODin) in Figure 33, confirming minimal impact of PEF on 
these parameters.  Around 15% of TCODin was converted to semi-soluble COD (centrate) and, 
thus, available to be an electron donor in the MEC.  The semi-soluble COD was mainly VFAs, at 
57% and 76% of SSCOD in control and PEF-treated centrates, respectively.  Acetate was the 
dominant VFA in both cases, followed by propionate.  PEF treatment increased the fraction of 
acetate in total VFAs by ~35%, compared to control (Figure 34b).  This indicates that PEF led to 
selective enrichment of a microbial community that promoted acetate accumulation.  
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Figure 34. Detailed characterization of the performance of pre-fermentation reactors operated 
with a 3-day SRT.  (a) COD mass balance for control and PEF-treated PS.  (b) Volatile fatty 
acids (VFAs) profiles and total VFAs concentrations as COD. 
 
Performance of the MECs fed control and PEF-treated PS centrate. Figure 35a shows the 
current densities and the Coulombs recovered as COD in MECs fed with control and PEF-treated 
PS centrate.  With the pH maintained near neutral, the current densities increased to as high as 
1.3 and 3.1 A/m2 for control and PEF-treated centrate, although they declined to the background 
current by ~1.5 and 2.0 days, respectively.  Correspondingly, VFAs were hardly detected at the 
end of both batch experiments:  control: 47 mg COD/L, PEF-treated: 0 mg COD/L.  The higher 
concentrations of SSCOD and VFAs and, particularly, the 2.2-fold higher acetate concentration 
in the PEF-treated centrate led to the 2.4-fold higher peak current density (294 and 660 
mgCOD/L as acetate for control and PEF treated, respectively).  Since ARB prefer acetate as 
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their electron donor (Torres et al., 2007; Lee et al., 2008; Liu et al., 2005; Oh and Logan, 2005), 
the selective accumulation of acetate in PEF-treated PS centrate (2.2-fold higher than control) 
probably was the factor for the much faster rate of anode respiration (2.4-fold higher maximum 
current density) in the MEC.   

 
Figure 35.  Performance of MECs fed with control and PEF-treated PS centrate operated with 
pH control:  (a) current density and Coulombs recovered as mg COD and (b) efficiencies by 
normalized to the initial centrate SSCOD. 
 
Higher initial SSCOD was important for allowing the PEF-treated PS centrate to have a faster 
rate of electron recovery.  Because the volume of the anode chamber for the PEF-treated centrate 
was larger (0.35 versus 0.30 L), the starting mass of SSCOD was greater for the PEF-treated 
centrate:  459 versus 315 mg SSCOD.  Integration of the currents in Figure 34a indicates that the 
Coulombs recovered were 360 and 232 mg COD for PEF-treated and control centrates, 
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respectively.  The 55% larger input of SSCOD with the PEF-treated centrate is consistent with 
the 55% more electrons captured as current.     
 
Figure 35b shows that the MECs fed control and PEF-treated PS centrate gave good performance 
with similar efficiencies, CE, CR, and COD removal:  95, 74, and 77% for control and 95, 80, 
and 85% for PEF, respectively.  Thus, the ARB could use the centrate’s SSCOD efficiently as an 
electron donor.  Although PEF pre-treatment had a strong positive effect on the maximum 
current density (Figure 35a), it gave only a small increase in CR and COD removal and had no 
effect on CE.   
 
Table 16 summarizes the electron flows from SSCOD in centrate, as well as from the original 
TCOD of the PS.  Although only 14 or 16% of PS TCOD ended up as the centrate after pre-
fermentation, most of the SSCOD was recovered as current in the MEC (74% and 80% for 
control and PEF-treated, respectively).  Between control and PEF-treated, PEF treatment had 
modest improvement of CR by 6% although the absolute CR was 34% higher in PEF-treated 
centrate fed MEC, which is likely due to ~1.5 (or ~1.9) times more SSCOD (or acetate) fed in 
the MEC as described earlier.  Correspondingly, 7% lesser SSCOD in PEF-treated centrate fed 
MEC was detected at the end of the batch (23% and 16% for control and PEF-treated, 
respectively). 
 
Table 16. Summary of COD flows in mg/L of the pre-fermented centrate fed MEC and 
normalized to the initial centrate SSCOD in the MEC and to the input PS TCOD in the two-stage 
system. 

 Control PEF-treated 

 COD 
(mg/L)a 

Fraction 
by 

SSCODin 
(%)b 

Fraction 
by 

TCODin 
(%)c 

COD 
(mg/L)a 

Fraction 
by 

SSCODin 
(%)b 

Fraction 
by 

TCODin 
(%)c 

Initial centrate  
     SSCOD 

1050 
(±16) 100 14 1310 

(±27) 100 16 

Final centrate 
     SSCOD 241 (±1) 23 3 202 (±25) 16 2 

Final centrate 
     PCOD 51 5 0 52 3 0 

Current as 
COD 774 74 10 1040 80 13 

Unaccounted 
COD -14 -1 0 9 1 0 

a) Anode volume was 0.3 and 0.35 L for control and PEF-treated PS centrate fed MEC 
b) Fraction by initial centrate SSCOD of the MEC stage 
c) Fraction by starting TCOD in the PS of the pre-fermentation stage (control PS: 7500 (± 300) 
mgCOD/L, PEF-treated PS: 8300 (± 600) mgCOD/L) 

 
In this sub-task, semi-continuous pre-fermentation of PS as a means to enhance electron recovery 
as current in an MEC was evaluated. Pre-fermentation with a 3-day SRT (=HRT) led to more 
VFA accumulation and less methane production. Although PEF treatment before fermentation 
did not alter the production of VFAs and methane for the 3-day SRT, it yielded more of the most 
desirable fermentation product, acetate. This resulted in higher maximum current density in the 
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batch MEC experiments. Over the full duration of the MEC batch experiments, CE, CR, and 
COD-removal efficiency were high for the pre-fermented centrate and hardly affected by PEF 
pre-treatment.  However, the overall recoveries from the sludge were low (Figure 34a), which is 
why we continued testing the direct addition of sludge into the MEC in section 5.1.3. 
 
5.1.3. Semi-continuous operations of microbial electrolysis cells fed with primary sludge 
 
Current density for the PS-fed semi-continuous MEC. We operated the MECs semi-
continuously with HRTs starting at 15 days and changing sequentially to 12, 9, 6, and 12 days; 
the last 12-day experiments were conducted at neutral pH (~7.3) and then high pH (~8.1).  The 
PS used for semi-continuous operation contained ~8 g COD L-1 and ~3.6 g VSS L-1.  The PS 
loading rates were 0.53, 0.67, 0.89, and 1.33 g COD L-1 d-1, and 0.24, 0.3, 0.4, and 0.6 g VSS L-1 
d-1 for 15, 12, 9, and 6-day HRTs, respectively.    

Current density for each HRT, presented in Figure 36, increased with decreasing HRT:  
from ~0.35 A m-2 at 15-day HRT to ~2.2 A m-2 at 9- and 6-day HRTs.  This resulted from the 
increased organic loading of PS from ~0.53 g COD L-1 d-1 at 15-day HRT to over 0.89 g COD L-

1 d-1 for 9- and 6-day HRTs.  Each feeding cycle started with a high current density that 
subsequently decayed as COD was consumed.  The maximum current density during semi-
continuous mode of operation was 2.2 A m-2.  During the final 12-day-HRT experiments with pH 
7.3 or 8.1, the maximum current densities were similar to each other and slightly greater than 
during the earlier 12-day HRT experiment.   
 

 
Figure 36.  Current density with time for different HRTs during semi-continuous MEC operation 
with PS.  The gaps in time between different HRTs were the adaptation periods for the new 
HRT.  Data shown in this figure correspond to the last 4 days of operation for each HRT, when 
current had stabilized from cycle to cycle.   
 
Electron partitioning to electrical current and methane. We performed electron balances 
during the last 6 to 15 days of operation for each HRT, when performance was stable.   A 
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minimum of six measurements were averaged to generate the electron balances in Figure 37a.  
We show in Figure 37b how the recovered electron equivalents were apportioned between 
current and CH4.  Semi-continuous MEC operation achieved over 60% TCOD removal, and at 
least 40% out of the 60% was conversion to either CH4 or Coulombs.  The missing ≤ 20% (out of 
60%), an unaccounted fraction annotated as Others in Figure 37a, could include electron 
equivalents routed to biomass synthesis and to accumulation and retention of solids inside the 
reactor.  The CR was only 13% for the 15-day HRT, while methanogenesis was 33% of influent 
electrons.  Thus, the MEC behaved largely as an AD at this relatively long HRT.  CR increased 
with shorter HRTs:  28%, 34%, and 32% for 12-, 9-, and 6-day HRTs, respectively, and CH4 
fractions declined proportionally.  Thus, lower HRT favored ARB activity by increasing the 
substrate loading.  Concurrently, methanogen washout could have become important for SRT ≤ 
8-day (Miron et al., 2000; Lee et al., 2011).  We were unable to estimate SRT for methanogens, 
which were in suspension and the biofilm, but the low methanogenic activity at an HRT of 6 
days suggests that their SRT was not much larger than HRT.  Thus, the lower HRTs not only 
benefited ARB, but also helped decrease diversion of electrons to CH4.  Even though the current 
density and CR at the 6-day HRT were similar to those of the 9-day HRT, the sum of CH4 and 
Coulombic recoveries decreased to ~41%, and effluent COD increased to ~36%.  The cause was 
less solids hydrolysis at the short HRT, a phenomenon seen before for HRT below ~8 days 
(Rittmann and McCarty, 2001; Lee et al., 2011). 
 

  
Figure 37.  Electron balances for semi-continuous MECs fed with PS at each HRT (a), and 
fractional distributions between electrical current and methane (b). 
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Figure 38. Effect of pH on the electron recovery and j-V response.  (a) Relationship between 
Coulombic and methane recovery and pH of the anode chamber for high pH semi-continuous 
experiments.  The datum for pH ~8.5 was excluded from the correlation.  (b) Comparison of the 
j-V response for high and neutral pH at stabilized condition of 12-day HRT.   
 
Importance of pH management. Apart from the effect of the HRT on the PS conversion, pH 
conditions, which were manually controlled, were different for each HRT, as reported in Figure 
37b.  To address directly the impact of pH on electron recovery as current and CH4, we operated 
the last two runs at the 12-day HRT, but with markedly different pH values.  The distribution of 
electron equivalents was changed markedly by high pH when the HRT was fixed at 12 days in 
the last two runs (Figure 37).  An anode chamber pH of ~8.1 (high pH) gave a sharp increase in 
CR, to ~42%, with a proportional decrease of CH4 recovery, to ~6%.  Correspondingly, CE 
increased up to 61% at pH 8.1 from 50% at pH 7.3.  Thus, keeping the anode pH above ~8 
significantly favored anode respiration over methanogenesis for the same HRT.  This result 
could have been due to inhibition of the methanogens, a benefit to the ARB, or both, at higher 
pH.  The optimal range of pH for methanogens is between 6.5 and 7.6 (Rittmann and McCarty, 
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2001), which lends support that the methanogens may have been inhibited at the anode chamber 
pH of ~8.1.  The higher alkalinity associated with higher pH also increases proton transport out 
of the biofilm (Torres et al., 2008; Marcus et al., 2011), and this may have provided a benefit to 
the ARB.  Yuan et al, (2012) also reported a positive impact of high pH for an anode fed sewage 
sludge in an MFC; they attributed the effect to inhibition of methanogens and solubilization of 
sludge solids, which would provide more substrate for ARB or methanogens.  We demonstrate in 
Figure 38a that, for all experiments, methanogenesis had a strong negative correlation with 
measured anode-chamber pH (in the range of 7.9 to 8.5), while the CR increased in the pH range 
of 7.9 and 8.3, although the CR declined at the highest pH (8.5), perhaps due to a pH inhibition 
on ARB metabolic activity.  Statistical analysis using Spearman correlation coefficient also 
shows a negative relationship between pH and CH4 (p < 0.05) and a positive relationship 
between pH and CR (p = 0.063).    
 
The j-V curves in Figure 38b show that higher pH benefited anode respiration in two ways:  a 
higher maximum j and a wider range of anode potentials giving current.  More alkalinity at 
higher pH, which enhanced proton transport from the biofilm anode, probably was the main 
cause for a higher maximum j (Torres et al., 2008; Marcus et al., 2011).  When pH was increased 
in the anode, the open circuit potential (OCP) was shifted to a more negative value by 56 mV 
compared to neutral pH; this is nearly the same as the theoretical decrease of ~60 mV per one pH 
unit (Ki et al., 2016). This shift to the left for the OCP and the j-V curve indicates that more 
energy was available at the same potential for high pH.  
 
Sludge treatment. TCOD removal and VSS reduction are shown in Table 17 for all HRTs.  
TCOD and VSS reductions were statistically not different (p value > 0.05) and in relatively 
narrow ranges:  62-71% for TCOD and 54-61% for VSS.  The range for VSS reduction is similar 
to a previous report for an MFC treating sewage sludge:  ~63% and 55% without and with 2-
bromoethane sulfonate (a methanogen inhibitor), but with 37-day batch operation (Xiao et al., 
2014).  However, our results were substantially superior to most other reports treating PS:  32% 
VSS reduction in batch operation (Vologni et al., 2013) and 37-51% of TCOD removal and 51-
57% of VSS reduction from the first-stage MFC unit fed with PS at 7-day HRT despite a very 
low CE, ~2% (Ge et al., 2013).  
 
Typical VSS reduction in AD is ~50% (Cao and Pawłowski, 2012), although it depends on HRT 
and the input sludge composition:  e.g., 56~65% VS reduction at a 15- ~ 30-day HRT 
(Tchobanoglous et al., 2003), and 35% VS reduction from PS at a 20-day HRT (Ghyoot and 
Verstraete, 1997).  Also, the effect of SRT (= HRT in a completely mixed AD reactor) on VSS 
reduction, investigated systematically for thickened primary + waste activated sludge by Lee et 
al. (2011), showed a substantial increase -- from 34 to 50% -- as SRT increased from 4 to 20 
days.  Poorer VSS removal was linked to less hydrolysis at the lower SRT, and washout of 
methanogens also was a factor.  Thus, our results for VSS removal with the MEC were as good 
as or better than typically seen with AD. 
 
Since the ARB were initially acclimated with acetate for about 2 months, the anode biofilm was 
likely comprised mostly of ARB at first, and then PS solids, along with other microorganisms 
(e.g., methanogens and fermenters), might have accumulated on top of the ARB.  As explained 
earlier, SRT might not be the same as HRT because of detachment or attachment of active 
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biomass on the biofilm.  After opening the reactor at the end of the experiment, we found on the 
anode surface a very thick layer of solids pictured.  The solids presumably were comprised of the 
aforementioned microbes and some PS solids.  
 
Table 17.  Changes of PS-TCOD and VSS concentration in the anode chamber for the different 
HRTs. 

 HRTs 
TCOD 

(mgCOD    
L-1) 

VSS 
(mg L-1) 

TCOD 
removal 

(%) 

TCOD 
consumption 
rate (gCOD 

m-3 d-1) 

VSS 
reduction 

(%) 

VSS 
removal rate  
(gVSS m-3  

d-1) 

Influent - 8000  
(± 110) 

3600  
(± 270) - - - - 

Effluent 

15 day 2900  
(± 1800) 

1600  
(± 710) 64 (± 23) 340 (± 120) 55 (± 21) 130 (± 51) 

12 day 3000  
(± 720) 

1700  
(± 270) 62 (± 9) 420 (± 61) 54 (± 11) 160 (± 32) 

9 day 2400  
(± 280) 

1400  
(± 100) 70 (± 4) 620 (± 33) 61 (± 9) 240 (± 32) 

6 day 2600  
(± 400) 

1500  
(± 190) 67 (± 5) 900 (± 69) 59 (± 10) 350 (± 55) 

12 day 
neutral 

pH 

2300  
(± 250) 

1500  
(± 170) 71 (± 3) 480 (± 23) 60 (± 10) 180 (± 27) 

12 day 
high 
pH 

2300  
(± 240) 

1400  
(± 150) 71 (± 3) 480 (± 22) 61 (± 10) 180 (± 26) 

 
MEC design and long-term operation. The MEC design we used contributed to high H2 
production with semi-continuous operation:  cathodic H2 recovery and CE were 93 (± 15) and 61 
(± 6) %, respectively; thus, overall H2 recovery from PS was 57 (± 11) %, which is higher than 
the most cathodic H2 recoveries in previous studies using municipal wastewater with dual-
chamber MECs (Ditzig et al., 2007; Heidrich et al., 2013).  The rates measured for experiments 
with a 12-day HRT and high-pH were 0.37 m3 H2 m-3 day-1 for the anode chamber volume and 
1.2 L H2 g VSS-1 day-1 for the influent PS-VSS.  The electrical energy input calculated with ~1.1 
V of applied voltage was 2.7 kWh m-3 H2, which is comparable with previous MEC 
performance, ~2.1 kWh m-3 H2

47 and much lower than the typical energy input for water 
electrolysis, 5.6 kWh m-3 H2 (Call and Logan, 2008). 
 
We achieved long-term MEC operation with direct feeding of PS for ~300 days:   ~75 days of 
two-consecutive batch runs (data not shown) and ~221 days of semi-continuous operation 
(Figure 36).  We had no reactor downtime, did not need to replace any reactor parts, and 
observed minimal membrane fouling.  The flat-surface anode served as a barrier between the PS 
solids and the membrane.  At the end of semi-continuous operation, when we disassembled the 
MEC after 12-day HRT at high pH, we could see that the PS solids did not penetrate through the 
anode to the membrane side.  
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This study documented TCOD removals, VSS reductions, current densities, and electron 
balances achieve with long-term, semi-continuous operation of a flat-plate MEC fed with PS and 
having HRTs between 6- and 15-days.  The maximum current density exceeded 2 A m-2 for the 
6- and 9-day HRTs, and the CR was the highest with an 9-day HRT (34%).  For a 12-day HRT, 
maintaining pH over 8 in the anode chamber reduced electron diversion to methane and shifted 
electron flow to current.  PS-fed MECs had VSS reduction ~60%, which is a good as or better 
than AD.  As a first report of long-term semi-continuous MEC operation using PS, this study 
demonstrated that CR and sludge treatment could be enhanced by increasing pH and decreasing 
HRT in the flat-plate MEC.  We use this data as a basis for our kinetic models in Section 5.2 and 
the development of MPPC reactors fed with sludge as a surrogate for blackwater. 
 
5.2 Integrate results into MFC kinetic models (Task 2) 
 
5.2.1  General modeling results versus experimental data 
We compared the modeling results to Ki et al. (2016) results for a 12-d HRT, since the mass 
balance was most complete for that data set than for the other HRTs.  The model predicts correct 
trends for the amounts of current and CH4 produced in the system, as well as effluent TSS, VSS, 
and SCOD concentrations (Appendix A Figure A1).  Figure 39a illustrates the modeling results 
at hydrolysis rates of 0.12/d and 0.25/d for HRT 12 d using a diffusion layer thickness of 0.4 cm.  
Xm concentration influenced the accuracy of the model predictions, with the best fit occurring 
between 10 and 25 mg Xm as VSS/L.  Xm concentrations in PS are listed in literature from 0.1 to 
10 mg VSS/L (Batstone et al. 2002; Nopens et al. 2009; Young et al. 2013b); thus, additional Xm 
likely represents Xm present in the anode’s biofilm, which is not included in the model.   
 
Figure 39b illustrates that reducing the diffusion layer thickness from 0.4 to 0.1 cm increases 
current production by ARB.  Although higher acetate concentrations may be available in the bulk 
liquid at larger diffusion layer thicknesses, Figure 39c shows that higher acetate concentrations 
reach the biofilm surface when the diffusion layer is 0.1 cm, increasing ARB consumption of 
acetate and current production.  This increase is due to higher concentrations of acetate being 
available to the ARB biofilm, as seen in Figure 39c.  Coulombic recovery increased from 41% to 
49% at Xm = 10 mg/L and from 98 to 128% at Xm = 25 mgVSS/L as the hydrolysis rate 
increased from 0.12/d to 0.25/d, respectively.  Consequently, CH4 production decreased between 
20% and 34%. 
 
The model results indicate that the hydrolysis rate had a lower impact on diversion of electrons 
to ARB consumption than the influent Xm concentration or diffusion layer thickness.  Little 
difference is observed with increasing Xm concentration:  the fraction of electrons diverted to 
current production decreases 37% to 13% at a hydrolysis rate of 0.12/d versus 38% to 15% at a 
hydrolysis rate of 0.25/d when the diffusion layer thickness is held constant at 0.4 cm.  The 
impact of hydrolysis rate is greater with decreasing diffusion layer thickness, as more available 
acetate in the bulk liquid reaches the biofilm surface.  Thus, optimizing reactor design should 
prioritize methods to reduce Xm concentrations and decrease diffusion layer thickness rather than 
improving hydrolysis rate.   
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(a) 

 
(b) 

 
(c) 

Figure 39.  Electron balances on respiration products based on TCODin concentrations at a 12 d 
HRT (a) at varying influent methanogen concentrations (Xm = 1 to 100 mg/L) and hydrolysis 
rates (khyd = 0.12 and 0.25/d) at a constant diffusion layer (DL) thickness = 0.4 cm and (b) at DL 
= 0.4 and 0.1 cm at influent methanogen concentrations of 10 and 25 mgVSS/L and hydrolysis 
rates of 0.12 and 0.25/d.  (c) Acetate concentrations in the bulk liquid and at the biofilm surface 
at influent Xm concentrations of 10 and 25 mgVSS/L and hydrolysis rates for DL = 0.4 cm and 
0.1 cm.  Effluent represents SCOD and TSS concentrations removed from the reactor.  “Actual” 
refers to experimental results and “Other” to unaccounted TCOD as reported in Ki et al. (2017). 
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5.2.2  Influent methanogen concentrations affect methane production and bulk pH 
Similar to the 12-day HRT results, the best model fits for CH4 production and coulombic 
recovery for 9-day and 15-day HRT occur at Xm concentrations between 10 and 25 mgVSS/L.  
These results are summarized in Figure 40.  While the model appears to predict higher CH4 
production than Ki et al. (2016) at a 9-d HRT and lower coulombic recovery at a 15-day HRT, 
the discrepancies are in part due to unaccounted for electrons in the mass balance.   
 
Increasing influent Xm concentration resulted in increases in overall CH4 and coulombic 
recoveries for the 9-day HRT, and this apparently contradictory trend was due to increases in 
alkalinity, which provided more suitable pH ranges for Xm and ARB respiration.  Although the 
pH was adjusted to 7.5 daily, Figure 41a shows that the low influent alkalinity and Xm 
concentrations in the bulk at an HRT of 9 days were unable to prevent a significant decrease in 
anode chamber pH.  At an influent Xm concentration of 1 mg/L, < 400 mg CaCO3 alkalinity was 
available to buffer the acetate production of 450-600 mg/L-d, causing the pH to decrease rapidly 
from pH 7.5 to less than 6.  The low pH results in metabolic inhibition of methanogens and ARB 
respiration; consequently, Xm are washed out of the anode chamber, reducing overall CH4 and 
current production to <1% each.  As Xm increased to ≥ 10 mg VSS/L, HCO3

- from Xm acetate 
utilization and NH4

+ from endogenous decay provide additional alkalinity, reducing the daily pH 
fluctuations to a range more suitable for Xm and ARB respiration (pH 6.3-7.5).   
 
At the 12 and 15-day HRTs, MEC performance was similar regardless of hydrolysis rate or 
influent Xm concentration.  Figures 41a and 41b show that, with increased HRT, the daily bulk 
pH concentrations become increasing more stable above pH 6.5, improving the likelihood of 
ARB and Xm respiration.  pH stability is facilitated by higher and more consistent daily alkalinity 
concentrations regardless of Xm concentration.  Interestingly, the model predicts higher 
coulombic recovery at a 15-day HRT versus experimental results.   
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(a) 

 

 
(b) 

 
Figure 40.  Electron balances on respiration products based on TCODin concentrations at a (a) 9 
d and (b) 15 d HRT.  Effluent represents SCOD and PCOD concentrations removed from the 
reactor.  “Actual” refers to experimental results and “Other” to unaccounted TCOD as reported 
in Ki et al. (2017).
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                       (a)                                                                    (b)            (c) 

 
Figure 41.  Daily pH range, daily alkalinity range, and % of methanogens present expressed in terms of influent TCOD (TCODin) at 
HRTs of (a) 9 days, (b) 12 days, and (c) 15 days.
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5.3. Test Materials (Task 3) 

5.3.1. Anode and membrane testing with primary sludge  
 
PS-fed MEC.  Figure 42 and 43 are the photos of carbon fiber anodes woven with titanium 
plates and AEMs (AMI-7001).  We had no reactor downtime, did not need to replace any reactor 
parts, and observed minimal membrane fouling.  The flat-surface anode served as a barrier 
between the PS solids and the membrane.  At the end of semi-continuous operation, when we 
disassembled the MEC after 12-day HRT at high pH, we could see that the PS solids did not 
penetrate through the anode to the membrane side, as shown in Figures 42 and 43.    
 

 
Figure 42. Photos of anode fibers: i) initial (left) and ii) after 12-day HRT at high pH (right).   
 

 
Figure 43. Photos of the membrane at the end of the long-term operation for ~1 year: anode side 
(left) and cathode side (right).   
 
PS-fed MPPC.  As shown in Figure 44, we saw no evidence of membrane deterioration or 
chemical deposits after running 27 days in the MPPC fed with PS.  PS-fed anodes were 
deposited on the surface of carbon fiber anodes like the case of PS-fed MEC, thus anode 
reactions in the anode chambers in MEC and MPPC are the same.   
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Figure 44.  Anion exchange membrane used during MPPC fed with PS for 27 days. Left (anode 
side) and Right (cathode-chamber side).  

 
Figure 45.  Comparisons of solid biomass on carbon fiber anodes towards chamber and 
membrane after MEC (top) and MPPC (bottom) operation. 
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5.3.2. Cathode and membrane testing with hydrogen peroxide  
 
Membrane materials selection. Several factors are considered important in membrane 
selection.  Membrane compatibility with H2O2 is the most important factor as contaminants or 
functional groups on the membrane may potentially contribute to H2O2 degradation either 
catalytically or through a decomposition reaction with the membrane itself.  H2O2 reacting with 
the membrane may destabilize the membrane’s integrity, leading to membrane failures.  
Membrane compatibility at different pHs is also important since the OH- produced during the 
oxygen reduction reaction (ORR) has the potential to significantly increase the catholyte pH, and 
H2O2 deprotonates to the more reactive HO2

- at the pKa of 11.8.   Therefore, we evaluated H2O2 
degradation and membrane weight loss over a 45-day exposure period at pH 7 and 12.  We tested 
the membranes in a 100-mM NaHCO3 solution using EIS to determine their ionic transport 
resistances.  EIS was performed at 100 kHz and 10 mV amplitude with the anode as the working 
electrode and the cathode as the counter electrode.  As illustrated in 39, heterogeneous 
membranes exhibited 45-85 ohm-cm2 in resistance.  Homogeneous membranes demonstrated 
resistances <20 ohm-cm2.  For perspective, at 10 A/m2, the homogeneous membranes have 
Ohmic overpotential <20 mV and heterogeneous membranes between 50-85 mV.  

 
Figure 46.  Area-specific resistances determined using electrochemical impedance spectroscopy 
for seven different heterogeneous and homogenous membranes in 100 mM NaHCO3. 
 
Finally, the choice of using an AEM or CEM results in operational trade-offs.  HO2

- produced at 
high pH can potentially diffuse across an AEM.  However, a CEM provides preferential 
diffusion of cations other than H+ to the cathode to maintain electroneutrality, potentially 
lowering the pH below an acceptable threshold for ARB.  AMI-7001, CMI-700, and FAA 
membranes were evaluated for stability in a 10 g/L H2O2 solution at pH 7.  After 45 days of 
exposure, there was negligible H2O2 degradation at pH 7 (Figure 47a), and the membranes 
experienced negligible mass loss (Figure 47b).  This stability was likely due to the membranes 
being well suited for use near neutral pH and increased H2O2 stability at pH 7.  
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(a)     (b) 

Figure 47.  (a) Percent H2O2 degraded and (b) membrane weight loss for FAA, AMI, and CMI 
membranes at pH 7 and 10 g/L H2O2. 
 
Since OH- production due to H2O2 formation at the cathode would likely increase catholyte pH 
during MPPC operations, membranes were evaluated for compatibility and H2O2 degradation at 
pH 12.  Figure 48 illustrates that H2O2 was most stable in the presence of the Nafion membrane:  
~11% of the total H2O2 was degraded over 45 days while the electrolyte pH decreased from pH 
12 at day zero to pH 2.5 at day 45.  This degradation was significantly lower than the 91% 
degradation exhibited during H2O2 stability tests without the membrane (Figure 49).  All other 
membranes exhibited >85% H2O2 degradation, values similar to the 91% degradation measured 
during H2O2/NaCl stability tests without a membrane without significant pH change between 
days 0 and 45.  Thus, the lack of degradation with Nafion was likely due to acidification of the 
electrolyte.   

 
Figure 48.  H2O2 degraded during batch bottle tests for membrane stabilities at pH 12. 
 
H2O2 degradation did not necessarily correlate with membrane mass loss during the stability 
tests.  Figure 49 illustrates that all membranes had weight loss at pH 12, regardless of the 
presence of H2O2.  Except CMI-7000, all other membranes exposed to H2O2 experienced higher 
weight loss than membranes exposed to electrolyte only.  The CEM membranes demonstrated 
lower differences in weights (<5% for both CEMs) than AEMs, since the CEMs’ negatively 
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charged active sites likely repelled HO2
- ions from the membrane.  For AEMs, the I-200 

membrane had a 14% difference between the H2O2-exposed and electrolyte-only masses, making 
it the AEM with the smallest change in mass when exposed to H2O2.  AMI-7001 and FAA lost 
39% and 44% more mass, respectively, when exposed to H2O2 versus pH only.     
 

 
Figure 49.  (left axis) Percent reduction in membrane mass during batch bottle tests for 
membrane stabilities with 10 g/L H2O2 at pH 12 and (right axis) ratio of mass loss for 
membranes exposed to H2O2 versus membranes exposed to pH 12 only.  Values >1 indicate that 
membranes exposed to H2O2 lost more weight than membranes exposed to electrolyte only.  
Values <1 indicate that membranes exposed to electrolyte only lost more weight than membranes 
exposed to H2O2.  

 
While FAA is rated by the manufacturer as stable at pH 12, FAA’s lower thickness (130 μm) 
may have contributed to a lower structural integrity, causing the membrane to disintegrate when 
exposed to H2O2 at pH 12 (Figure 50).  AMI-7001 experienced the lowest absolute mass loss 
(0.69 mg/cm2 with and 0.96 mg/cm2 without H2O2), which we speculate is due to either AMI-
7001 being a less reactive material or its greater thickness (3.5x thicker than FAA), which 
hampered H2O2 permeation into and, therefore, decomposition of the membrane.  Total organic 
carbon (TOC) analyses (detailed in SI) revealed that membranes exposed to H2O2 and/or high pH 
consistently produced more TOC over the duration of the experiment, likely caused by the 
release of complex soluble organics into solution during polymer deterioration (Figure 51). 

 

(a)    (b)  
Figure 50.  FAA (a) before and (b) after pH 12 100-mM NaCl and 10 g/L H2O2 stability tests.  
The stability tests used a 3 cm x 3 cm square that deteriorated to pieces by the end of the 45-day 
test.   
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Figure 51.  Total organic carbon (TOC) from batch bottle tests of membrane stabilities with and 
without 10 g/L H2O2 present in the solution at pH 12.  TOC measurements were obtained using a 
Shimadzu TOC-V CSH Total Organic Carbon analyzer.  Tests were not performed on CMI-7000 
and I-200 at pH 12 only.   
 
Nafion, AMI-7001, and FAA demonstrated greater H2O2 stability in the short term, making them 
the most viable candidates for an MPPC.  In addition, all membranes exhibited low Ohmic losses 
<85 Ω-cm2.  Based on this evaluation, we opted to use an AEM in the MPPC to provide easy 
regulation of anode pH.  Based on its low reactivity with H2O2, we chose to utilize AMI-7001 for 
MPPC experiments.  If pH rises at the cathode, catholyte choice could help regulate the pH near 
neutral to reduce concentration overpotentials.   
 

Cathode materials characterization. We utilized LSV in a half-cell with 100-mM sodium 
perchlorate to narrow our catalyst and binder choices to Vulcan carbon and Nafion, respectively.  
The Vulcan carbon had ~0.4V lower activation potential than graphite carbon using the same 
binder (Figure 52).   

 

 
Figure 52.  Cathode potentials (up to 20 A m-2) established using linear sweep voltammetry with 
three catalyst/binder combinations:  50 g/L Vulcan carbon in a 5% Nafion solution (labeled 
Vulcan (Nafion)); 62.5 g/L of Vulcan carbon in an 3.13% AS-4 solution (labeled Vulcan (AS-
4)); and 87.7 g/L of graphite in an 8.77% Nafion solution (labeled Graphite (Nafion)).   
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We used RRDE testing to determine the optimal Vulcan carbon loading, as it distinguishes 
between 2-electron and 4-electron ORR.  Consistent with Bonakdarpour et al. (2008) and Paulus 
et al. (2001), lower catalyst loadings routed a higher number of electrons to H2O2, instead of to 
H2O.  Between -0.37 to -0.57 VAg/AgCl (Figure 53), loadings of 0.22 and 0.45 mg/cm2 provided 
the lowest average catalyst loading, 0.22 mg/cm2, yielded an average of 2.04 ± 0.03 electrons per 
O2 reduced, or almost 100% delivery of electrons to the 2-electron reduction to H2O2.  The 
highest catalyst loading (1.12 mg/cm2) yielded an average of 2.72 ± 0.06 electrons per O2 
reduced, or about two-thirds of the electrons were routed to H2O.  At higher loadings, the 
produced H2O2 must be transported through a thick catalyst layer, providing additional catalyst-
contact time that increases the likelihood H2O2 is reduced again through Eqn. 1 to H2O.  Figure 
53 also demonstrates the disk potentials because the cell required current input regardless of 
operating potential in order to operate.  At an EKA (the anode potential at one-half of the 
maximum current density) of -0.42 VAg/AgCl for Geobacter sulfurreducens, the MPPC will likely 
require some small power input to produce H2O2 (Torres et al., 2008). 
 
To summarize, the Vulcan carbon/Nafion binder combination produced the lowest cathodic 
overpotentials with an optimal Vulcan carbon loading of ~0.45 mg/cm2 for the highest H2O2 
production over a wide range of cathode potentials.  Based on these results, we applied ~0.5 
mg/cm2 Vulcan carbon to the cathode for MPPC operations. 

 
Figure 53.  Ring current density (dotted lines) and the number of electrons per O2 reduced (n; 
solid lines) as a function of disk potential for Vulcan carbon catalyst loadings ranging from 0.22 
to 1.12 mg/cm2. 
 
H2O2 stability tests. Figure 54 illustrates that H2O2 was more stable at lower pH in 120-h 
stability tests.  Phosphate buffers performed well, with pH 4.5 PBS resulting in no H2O2 
detectable degradation in 24 h and 7% degradation over 120 h, while pH 7.5 PBS resulted in 6% 
degradation over 24 h and 21% degradation over 120 h, which is consistent with Yang et al. 
(2014).  A NaCl solution at pH 6.5 also resulted in short-term stability of H2O2, as H2O2 
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degraded 13% in 24 h and 62% in 120 h.  H2O2 became increasingly unstable as pH increased to 
alkaline conditions in the presence of Na2CO3 and NaCl.  H2O2 in pH 11.5 Na2CO3 degraded 
31% within the first 2 h and 99% within 24 h.  Similarly, 49% of H2O2 degraded in pH 12 NaCl 
within 24 h. The susceptibility of H2O2 to degradation under alkaline conditions is consistent 
with Abbot and Brown (1990) and Qiang et al. (2002).  Worsening stability with CO3

2- may be 
attributed to increased H2O2 decomposition rates caused by the formation of metal-hydrogen-
carbonate complexes in alkaline conditions (Torres et al., 2008). 
 
From a broader perspective, the decreasing stability of H2O2 at higher pH becomes a processing 
and storage issue.  Our stability tests confirm that alkaline-produced H2O2 cannot be stored long-
term without significant degradation.  Thus, maintaining a relatively low or neutral pH at the 
cathode is optimal for H2O2 production and stability.  

 
 

 

Figure 54.  H2O2 stability in different electrolytes at different pHs. 

In this Task, we outlined a methodology for designing MPPCs. We described the material 
characterization required to design MPPCs to continuously produce H2O2. The Vulcan 
carbon/Nafion binder combination provided chemical stability with H2O2 while producing 
minimal activation overpotentials compared to graphite catalyst. Using a rotating-ring-disk 
electrode (RRDE), we determined that the optimal catalyst loading to achieve the 2-electron 
oxygen reduction reaction (ORR) was approximately 0.5 mg cm−2. Anion-exchange-membrane 
(AEM) stability tests established AMI-7001 as the optimal membrane to resist H2O2 degradation 
and promote long-term MPPC performance due to its high structural integrity.  These materials 
were used in Tasks 6 and 7 for the construction and optimization of MPPC prototypes. 
 
5.4. Process control strategies and design optimization algorithms (Task 4) 
 
5.4.1 Experimental evaluation of the direct adaptive pH controller 
In this section, we discuss the experimental evaluation of the direct adaptive controller. The 
experimental setup used is shown in Figure 55. In the laboratory experimental setup, the 
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peristaltic Pump1 is used to control flow rates of the acid, the buffer stream1, and the buffer 
stream2, the peristaltic Pump2 is used to control the base flow rate. Pump2 and the pH sensor are 
interfaced with Microcontroller1. The pH sensor has a quantization of 0.04 pH and sampling 
time of 1 second. Pump2 is interfaced with the Microcontroller1 using an MCP4725 12-Bit 
DAC. Microcontroller1 communicates with the DAC using I2C protocol and it communicates 
with the pH sensor using UART serial. An Arduino DUE micro-controller (Microcontroller1) is 
used to implement the control algorithm and another Arduino DUE micro-controller 
(Microcontroller2) is used to implement the adaptation algorithm. Microcontroller1 acquires the 
pH value from the pH sensor, computes and outputs control commands to the Pump2, it also 
transmits the sensor and the control values to a supervisor PC for logging using UART serial 
communication. Microcontroller2 receives input and output values from the Microcontroller1, 
computes the controller gain (𝐾𝐾) based on the proposed direct adaptive control algorithm and 
sends the computed controller gain value to the Microcontroller1. Data transfer between 
Microcontroller1 and Microcontroller2 is also done using UART serial communication protocol. 
The main motivation behind this experiment is to examine the behavior of the adaptive controller 
under realistic conditions and establish reasonable expectations as well as limitations of 
performance. It is shown that the linearized model of the plant, combined with controller gain 
adaptation, is sufficient to achieve uniform performance across a wide range of operating points. 
At the same time, undesirable performance effects caused by the simultaneous lack of excitation 
and disturbances appear to be within practically tolerable limits. The settings of the direct 
adaptive control algorithm for the experimentation are listed below. 

• A nominal data-driven plant model is identified at the pH of 6 and for buffer flow Case1. 
• Bandwidth of the target loop shape is chosen based on the uncertainty characterization of 

the residues from the system identification. 
• A nominal PI controller is designed for the nominal plant using offline FLS algorithm 

using a target loop shape 
• The nominal PI controller and the target loop shape used in the design of the nominal PI 

controller are used in the formulation of the direct adaptive control algorithm. 
• A Filter Bank for the direct adaptive control algorithm is constructed using 20 all pass 

filters with the logarithmic interval between 0.1BW to 10BW, where BW is the 
bandwidth of the nominal target loop shape.  

• Controller gains are restricted to a set [10 106]. 
• To provide excitation, a square with small amplitude is superimposed on the step signals 

used for the set-point transition 
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Figure 55. Block diagram of the lab -scale pH neutralization process CSTR. 

The transfer functions for pH = 6 (Case 1) of the identified plant (𝐺𝐺�6(𝑠𝑠)), controller (𝐶̂𝐶6(𝑠𝑠)) and 
target loop (𝐿𝐿�6(𝑠𝑠)) are given below.  
 

𝐺𝐺�6(𝑠𝑠) =
7.63×10−5(−𝑠𝑠 + 1.53)
(𝑠𝑠 + 4.26)(𝑠𝑠 + 0.018)

, 𝐿𝐿�6(𝑠𝑠) =
0.8273 (𝑠𝑠 + 4.28)(𝑠𝑠 + 0.409)

𝑠𝑠(𝑠𝑠 + 4.26)(𝑠𝑠 + 0.018)
 

 𝐶̂𝐶6(𝑠𝑠) =
2.124×104(𝑠𝑠 + 0.273)

𝑠𝑠
 

 
Figure 56. System identification signals; left- PRBS input; right- actual output (green trace) and 
predicted output (blue trace). 
 
A Direct Adaptive pH control algorithm is used to control pH of the liquid in the reactor with 𝐶̂𝐶6 
and 𝐿𝐿�6 as base controller and target loop shape respectively. Results for Case1 and Case2 of 
buffer flows are shown below    
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Figure 57. Closed-loop adaption results for Case 1 (a) plant output plot (b) controller gain plot 
(c) plant input plot (d) zoomed input-output plot. 

 
Figure 58. Closed-loop adaption results for Case 2 (a) plant output plot (b) controller gain plot 
(c) plant input plot (d) zoomed input-output plot. 
 
The experimental results with the direct adaptive pH controller are shown Figures 56-58. We 
observe that the proposed controller able to adapt reasonably well to the gain changes in the plant 
with the operating points and with the change in buffering capacity. Undesirable characteristics 
of the response include the rather large overshoot during the step change of the set point from pH 
6 to 9. This is not unreasonable since even the nominal loop exhibits some overshoot (red trace), 
but the overshoot is exacerbated by the slow adaptation of the gain. In such transitions, the 
transient response offers very little information on the plant around the step point and the 
adaptation cannot be expected to converge very quickly. We also observe that the controller gain 
convergence time depends on the input and parameter saturation. We conclude that using a 
single data-driven linear model (obtained using a system identification experiment) along with 
the proposed direct adaptive algorithm to update the gain, we achieve successful closed-loop pH 
control over a wide range of operating conditions including variations in the pH, as well as in the 
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buffer flows. The proposed algorithm is further tested using computer simulations and results 
from these simulations are discussed in the next section. 
 
4.4.2 Direct adaptive pH control simulation results 
The experimental results are qualitatively very similar to the simulations of the model derived 
from first-principles, even though it requires detailed modeling to achieve quantitative matching. 
This similarity allows us to investigate the behavior of the proposed adaptive controller under a 
much wider set of conditions. The simulations are also used to examine the effectiveness of 
alternative schemes and the determination of sound principles for their practical implementation. 
For our simulation study, we begin again with the derivation of the model for the simulated 
system (described in the previous section). The linearized plant at pH = 6 (Case 1) is used as a 
nominal plant (𝐺𝐺6) and a PI controller (𝐶𝐶6) is designed using an offline FLS algorithm for the 
target loop 𝐿𝐿6 
 

𝐺𝐺6(𝑠𝑠) =
0.000197

(𝑠𝑠 + 0.0191)
×𝑒𝑒−𝑠𝑠/6    𝐶𝐶6(𝑠𝑠) =

4206(𝑠𝑠 + 0.434)
𝑠𝑠

      𝐿𝐿6(𝑠𝑠) =
0.83 (𝑠𝑠 + 0.434)
𝑠𝑠(𝑠𝑠 + 0.0191)

 

Using 𝐶𝐶6 as the nominal controller in the proposed direct adaptive control algorithm and 𝐿𝐿6 as 
the target loop, we simulate the transitions to other operating points, namely pH 3, 4.5, 6, 9, 12. 
A small square wave with a 25min period is also injected after the transition to assess the speed 
of convergence. The results from the simulation show the adaptive controller performs well and 
the controller gain adaptation compensates for variation in the plant gain because of changes in 
the operating point and buffer flows, as anticipated. Some sample results of the simulations are 
shown below 

 
Figure 59. Direct adaptive pH control results for case 1 (a) Input output plot (b) controller gain 
plot (c-f) Zoomed in input-output plots after each big transition step. 
 



 92 

 
Figure 60. Direct adaptive pH control with buffer flow changes (a) Input output plot (b) 
controller gain plot. 
 
Set-point transitions and adaptation convergence are shown in Figures 59 and 60. We observe 
the similarity with the experimental results and the quick adaptation as it takes approximately 2-3 
cycles of the square wave for the controller gain to converge. We also note a significant 
overshoot during the step change, this results from the inability to estimate the correct gain in 
such a short time. The results also show direct adaptive algorithm successfully compensates gain 
changes in the plant because of change in the buffer flow rates. 
Simulation results reinforce our conclusions from the experimental results, that the proposed 
direct adaptive control algorithm is able to achieve reasonable and uniform performance, while 
relatively weak excitation requirements (e.g., small square wave) can yield quick parameter 
convergence. 
 
The pH neutralization process with high retention time is studied in detail and it is shown that 
only the gain of the plant changes significantly with the operating point and the buffering 
capacity. The gain changes are so large that the usual process delays caused by pump actuators 
and sensor sampling can cause instability with a fixed or a scheduled controller that does not 
account for buffering changes. To avoid excessive performance degradation due to a 
conservative controller gain selection, a direct adaptive controller is considered. The PI 
controller is tuned using a FLS objective and the online optimization based on the approximation 
of a  𝐻𝐻∞ Robust Stability Condition from input-output data. Experimental and simulation results 
indicate that the adaptive control solution can provide similar, practically acceptable 
performance over a wide operating range. The algorithm developed along with hardware 
implementation can be readily used to control pH of a MFC. 
  
4.4.3 Low-cost potentiostat test results 
 It can be seen from plots in Figure 61 our potentiostat performs reasonably well in tracking set-
points. There is an offset in our potentiostat response; this is a result of the shifter circuit and a 
variation in the reference electrode potential over time. Some of the bias can be corrected by 
calibrating potentiostat measurements. Statistical analysis of the proposed potentiostat 
performance is discussed in the next paragraph. 
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Figure 61. The low-cost potentiostat set-point tracking plots. 

We use an ADC with an effective resolution of 17 bits and a range of 0 to 2.048 V in our 
potentiostat to measure potentials of the anode and the reference electrodes and the ADC least 
significant bit (LSB) represents a voltage of 1.5625×10−5𝑉𝑉. If the ADC quantization error is 
modelled as a uniform random variable [-0.5LSB, +0.5LSB], then the theoretical standard 
deviation value of an ADC voltage reading resulting from the quantization is 4.5105×10−5𝑉𝑉. 
Table 18 shows the standard deviation of the cathode potential readings, where it is observed that 
its value is higher than the theoretical value (standard deviation because of quantization); this is a 
result of the presence of external noise. The effect of external noise can be decreased by 
migrating our potentiostat's analog circuit from a bread board to a printed circuit board (PCB). 
 
Table 18. Standard deviation of cathode potential measurements. 

 
 
 
 
 
 
 
As compared to Biologic-vmp3 cathode potential measurements, the standard deviation of our 
potential is slightly higher. There is an expected trade-off between the cost of a potentiostat and 
its accuracy. Even though the analytical grade potentiostat is more accurate (the standard 
deviation values of voltage readings of the analytical grade potentiostat are lower than our 
potentiostat) and can sample potentials faster, the cost of the analytical grade potentiostat is 
significantly higher than the proposed low cost potentiostat ($6000 vs $200). We conclude that 
the proposed potentiostat gives satisfactory performance at a fraction of the cost. 
 
In this subtask, we show that, in the typical industrial environment, the proposed potentiostat 
performance is practically similar to an analytical grade potentiostat. The trade-offs between the 
proposed potentiostat and an analytical grade potentiostats are also discussed. Moreover, the 
separation of analog, digital and processor hardware allows this potentiostat to be easily 
integrated with any hardware components used in the future projects. 
 
 

Potentiostat set-
point(V) 

Proposed 
potentiostat(V) 

 Biologic-vmp3(V) 

0.4 5.5575×10−4 4.3489×10−4 
0.45 5.5964×10−4 4.1844×10−4 
0.5 5.9194×10−4 3.5317×10−4 
0.6 5.8798×10−4 4.4608×10−4 
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5.5. Design of Prototype MFCs and Process Control Systems (Tasks 5 and 6) 

5.5.1. Design, operation, and characterization of flat-plate reactors 
Characterization of overpotentials in MECs. We first performed chronoamperometry to 
obtain j-V curves for an MEC constructed with stainless steel mesh cathodes (SS-1) and AMI-
7001 membranes (Figure 62a).  We performed at least two replicate measurements to obtain the 
curves for each condition and show only one representative set here.  

 
Figure 62 Characterization of the applied voltage in the flat-plate MEC with AMI-70001 
membrane and stainless-steel mesh cathode (a) without and (b) with CO2 addition to cathode.  
We performed chronoamperometry to plot j-V curves after producing high current densities (> 15 
A m-2) in the MEC. 
 
We divided the total overpotential into four individual overpotentials:  (i) anode overpotential 
resulting from ARB metabolism, (ii) Ohmic overpotential, which is related to ion transport 
between the anode and the cathode, (iii) concentration overpotential related to an increase in the 
cathode chamber pH due to low concentration of H+ or high concentration of OH-, and (iv) 
cathode overpotential, which includes cathode activation losses and potentially any concentration 
losses related to different local concentrations of reactants and products from the bulk 
electrolyte. The overall applied voltage in the MECs is then the sum of all overpotentials and the 
theoretical applied voltage necessary, as per the following equation.  
 
𝐸𝐸𝑎𝑎𝑎𝑎 = 𝐸𝐸𝑇𝑇ℎ + 𝜂𝜂𝑝𝑝𝑝𝑝 + 𝜂𝜂𝑂𝑂ℎ𝑚𝑚𝑚𝑚𝑚𝑚 + 𝜂𝜂𝑐𝑐𝑐𝑐𝑐𝑐ℎ𝑜𝑜𝑜𝑜𝑜𝑜 + 𝜂𝜂𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎      (Eqn. 21) 
 
where Eap is the applied voltage, ETh is the theoretical voltage necessary, ηOhmic is the Ohmic 
overpotential, ηpH is the concentration overpotential due to increased cathode pH, ηcathode is the 
cathode overpotential, and ηanode is the anode overpotential.  The applied voltage (Eap) was the 
difference between the anode and cathode potentials measured with the potentiostat.  The 
theoretical voltage (ETh) is the energy needed to overcome the thermodynamic barrier for H2 
production in MECs.  We calculated this with the Nernst equation with known acetate and 
bicarbonate concentrations, and pH, 
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𝐸𝐸𝑇𝑇ℎ = 𝐸𝐸𝑐𝑐𝑐𝑐 − 𝐸𝐸𝑎𝑎𝑎𝑎 = �𝐸𝐸𝑐𝑐𝑐𝑐0 − 𝑅𝑅𝑅𝑅
2𝐹𝐹

ln 𝑝𝑝𝑝𝑝
[10−7]2� − �𝐸𝐸𝑎𝑎𝑎𝑎0 − 𝑅𝑅𝑅𝑅

8𝐹𝐹
ln [𝐶𝐶𝐻𝐻3𝐶𝐶𝐶𝐶𝑂𝑂−]

[𝐻𝐻𝐻𝐻𝐻𝐻3−]2[10−7]9�      (Eqn. 22) 
 
where Eca and Ean represent the theoretical cathode and anode potential from the Nernst equation. 
 
We calculated concentration overpotential related to a high cathode pH (ηpH) by measuring the 
observed pH difference between bulk liquid in the anode and cathode, and using the relationship 
of 60.1 mV of overpotential per one unit that the cathode pH is higher than the anode pH at 
30 °C.  We determined Ohmic overpotential from the Ohmic resistance (ROhmic; Ohm cm2) 
measured using EIS. 
 
𝜂𝜂𝑂𝑂ℎ𝑚𝑚𝑚𝑚𝑚𝑚 = 𝑗𝑗 ∙ 𝑅𝑅𝑂𝑂ℎ𝑚𝑚𝑚𝑚𝑚𝑚         (Eqn. 23) 
 
We calculated the anode overpotential from the following equation, 
 
𝜂𝜂𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎 = 𝐸𝐸𝑎𝑎𝑎𝑎,𝑜𝑜𝑜𝑜𝑜𝑜𝑜𝑜𝑜𝑜𝑜𝑜𝑜𝑜𝑜𝑜 − 𝐸𝐸𝑎𝑎𝑎𝑎        (Eqn. 24) 
 
We assumed that the remainder of the applied voltage is due to the cathode overpotential. 
 
For the j-V curve shown in Figure 62a, we used 100 mM NaOH as the catholyte.  This in itself 
creates the concentration overpotential due to a high cathode pH.  However, this was out of 
convenience for the experimental protocol.  Even for MECs that are operated with NaCl 
electrolyte or buffers, the increase in cathode pH is a widely observed phenomenon (Rozendal et 
al., 2008; Sleutels et al., 2009; Nam and Logan, 2012).  We show in Figure 63 how the cathode 
pH increases over time up to almost 13 if we use a 100 mM NaCl solution at the cathode. 

 
Figure 63. pH increase in flat-plate MEC cathode.  pH in cathode fed with 100 mM NaCl 
increased up to >12.5 within 24 hours at ~10 A m-2. 

 
As shown in Figure 62a, at a high current density (~10 A m-2) where the total applied potential 
was 1.092 ± 0.017 V, the cathode has the largest fraction of the overpotential (0.429 ± 0.040 V), 
followed by the concentration overpotential due to a high cathode pH (0.344 ± 0.019V), the 
anode overpotential (0.153 ± 0.012 V), and the Ohmic overpotential (0.085 ± 0.002 V).  Energy 
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losses associated with the anode are usually not avoidable because they relate to the 
concentration gradients of reactants and products in the anode biofilm (substrate and proton), 
intracellular potential losses (ARB metabolism), and the extracellular potential losses (EET to 
anode) (Torres et al., 2010; Lee and Rittmann, 2010).  The anode overpotential is typically 0.1-
0.3 V depending on the current density (Lee and Rittmann, 2010; Jeremiasse et al., 2010).  This 
is reflected in the Nernst-Monod equation used for modeling ARB, in which the mid-point 
potential, which results in half the maximum current density production, is only ~0.1 to 0.15 V 
more positive of the theoretical anode potential for many pure and mixed cultures (Yoho et al., 
2014; Torres et al., 2008; Torres et al., 2008).  In this case, the anode overpotential (0.153 ± 
0.012 V) is within range of what is known for ARB with an efficient metabolism and EET 
mechanism.  Therefore, we should focus on the energy losses from concentration overpotential 
due to a high cathode pH and cathode overpotential to improve the voltage efficiency. 
 
Effect of CO2 addition to the cathode. The pH imbalance between the anode and the cathode in 
MXCs always results in a higher pH at the cathode (Rozendal et al., 2006; Popat et al., 2012).  
Since an increase in one pH unit decreases the redox potential for the hydrogen evolution 
reaction by 60.1 mV (at 30 °C), this results in a large concentration overpotential.  In the case 
shown in Figure 62a, the pH difference between the two chambers was 6.0 units, and so the 
concentration overpotential was 0.361 V.  We have previously tested a strategy whereby adding 
CO2 to the cathode can reduce the pH, and thus reduce the concentration overpotential in air-
cathode MFCs which include the oxygen reduction reaction (Popat et al., 2012; Torres et al., 
2009).  We tested this strategy for our flat-plate MEC design.  In MECs with a liquid catholyte, 
hydroxide ion (OH-) can be combined with the added CO2 to form bicarbonate (HCO3

-) and/or 
carbonate (CO3

-) anions (Figure 64).  These anions dissolved in catholyte will buffer the pH 
close to their pKa values of 10.3 and 6.3 for the HCO3

-/CO3
- and CO2/ HCO3

- couples, 
respectively.  This is advantageous in decreasing the pH-related concentration overpotential.  A 
previous study shows that the pHs of catholytes were ~5.9 and ~6.5 of non-buffer and buffer 
solution with CO2 addition to cathode in MFC (Fornero et al., 2010).   

 
Figure 64. Mechanism of CO2 in decreasing the concentration overpotential.  
 
We show in Figure 65 the effect of adding CO2 to the cathode on the applied voltage and the 
cathode pH at a high current density (~18.5 A m-2).  As soon as we introduced CO2 into the 
cathode chambers of the MEC, the applied voltage decreased from 1.285 to 1.083 V.  This 
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represents a decrease in the overpotential of 0.202 V.  The cathode pH decreased by roughly 5 
units.  This should result in a decrease in the applied voltage of ~ 0.301 V.  While the change we 
observe is smaller than this, it could be due to a higher local cathode pH than that measured in 
the bulk solution of the cathode chambers.  This overpotential could then thus be included in the 
cathode overpotential for which we do not distinguish between the activation losses and the 
concentration overpotential due to higher surface pH than bulk solution.  We have observed such 
phenomenon in MFC cathodes before (Popat et al., 2012).  Nonetheless, we confirmed that 
adding CO2 to the cathode represents a great opportunity to reduce significantly the applied 
voltage in MECs.  This improvement is greater than the previous report in air-cathode MFCs 
(Torres et al., 2008), which shows the improvement of the operational voltage of the MFC by 
0.08 and 0.12 V with 5 and 10% of CO2 addition to the MFC cathode, respectively.  The larger 
improvement we observed could be due to higher concentration of CO2 (100%) added to the 
cathode in our study.  

 
Figure 65. Decrease in applied voltage and cathode pH with CO2 addition to cathode.  Current 
density was 18.5 ± 0.3 A m-2. 
 
To further confirm that the benefit of CO2 is primarily on the pH, and not necessarily on the 
cathode activation overpotential, we performed EIS measurements on the cathode, at various 
cathode potentials.  Through these measurements, we determined the overall cathode resistance 
at each potential.  The results from these measurements are shown in Figure 66.  In Figure 66a, 
we show the cathode potential vs. the cathode area-specific resistance, from which it is apparent 
that the main impact of CO2 is on changing the cathode potential at which a given current density 
is obtained.  However, the overall shape of the curve remains similar, suggesting that the catalyst 
properties have not changed.  This is further exemplified in Figure 66b, where the current density 
vs. the cathode area-specific resistance relationship stays the same irrespective of adding CO2.  
These results indicate that CO2 only affects the performance by decreasing the pH in the cathode 
chamber without resulting in any cathode catalytic changes. 
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Figure 66.  Effect of CO2 on the cathode catalytic reaction: (a) cathode potential vs. the cathode 
area-specific resistance, (b) current density vs. the cathode area-specific resistance.  
 
Next, we characterized the flat-plate MEC the same way as in Figure 62a, but this time while 
continuously adding CO2 to the cathode chambers.  A comparison of the complete 
characterization with (Figure 62b) and without CO2 is shown in Figure 62.  Adding CO2 to the 
cathode chamber almost completely eliminated pH-related concentration overpotential (only 
0.027 ± 0.013 V).  At a current density of 10 A m-2, we reduced the total applied voltage from 
1.092 to 0.859 V, which is amongst the best reported performances for MECs in literature (An 
and Lee, 2013; Tartakovsky et al., 2011; Sleutels et al., 2013; Zhang et al., 2010).  There are few 
studies having exceptional high current densities (> 16 A m-2) with 1 V of applied voltage 
(Jeremiasse et al., 2010; Sleutels et al., 2009).  The high performance might result from a good 
reactor design with a high rate of flow through recirculation of anolyte and catholyte (hydraulic 
retention times [HRTs] ≈ 1~2 minutes). The recirculation helps mass transport of reactants and 
products to and from anode and cathode; this might be one of the reasons for their high 
performance.  The energy usage for high rate of recirculation with pump was not evaluated.    
 
Even though the overall overpotential was reduced with addition of CO2 to the cathode chamber, 
the Ohmic overpotential increased, and this is likely due to a shift in the predominant species 
being transported through the AEM from OH- to carbonate or bicarbonate.  We next focused on 
decreasing this Ohmic overpotential to ensure the maximum benefit of adding CO2 for pH 
control.  In addition, this leaves cathode overpotential as the major overpotential in the system 
(0.457 ± 0.023 V), and thus we focused also on testing other cathode catalysts with the aim of 
reducing the overall applied voltage. 
 
Material selection for reducing the Ohmic and cathode overpotentials. We show in Figure 
67 the area specific resistance to ion transport for five different AEMs in 100 mM bicarbonate 
solution. While AMI-7001 is a standard AEM that have been used in various laboratory MXC 
studies (Parameswaran et al., 2009; Fornero et al., 2010; Vyas et al., 2001), it had the largest 
resistances to transport of bicarbonate of all the membranes we tested.  The FAA, FAB, and 
A201 membranes provided significantly less resistance to bicarbonate transport compared to the 
AMI-7001 and I-200 membranes.  The result is consistent with the type of membrane, i.e. 
“homogeneous” or “heterogeneous.”  Heterogeneous membranes (AMI-7001 and I-200) have a 
backing material, providing greater mechanical strength but an increase in thickness and thus 
higher ion transport resistance.  On the other hand, homogeneous membranes (FAA, FAB, and 
A201) are the opposite since they are made from finer resin particles, thus resulting in thinner 
and flexible membranes with lower resistance (Güler, 2014; Krstajic et al., 2011) (see Table 6 for 
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thicknesses for each membrane).  Since FAA has also better stability at higher pH compared to 
AMI-7001 (Table 6), we selected FAA as the membrane to replace AMI-7001 in the next phase 
of our MEC testing.  

 
Figure 67.  Resistances of various membranes tested in 100 mM NaHCO3. 
 
Even though CO2 has a benefit in decreasing the concentration overpotential, the cathode 
overpotential also represents one of the major overpotentials.  A Pt-based cathode can decrease 
the cathodic activation losses most effectively, but Pt is expensive.  Thus, there have been many 
studies to develop efficient catalysts for reducing cathodic activation overpotential with non-
noble metals (Jeremiasse et al., 2010; Hu et al., 2009; Couper et al., 1990; Selembo et al., 2010).  
Many reports show that nickel or Ni-based cathodes are effective in decreasing the hydrogen 
evolution reaction overpotential (Jeremiasse et al., 2010; Hu et al., 2010; Rozendal et al., 2008).  
Therefore, to decrease the cathode overpotential by selecting a good low-cost catalyst, we chose 
a commercially available Ni mesh, and tested its performance against the SS mesh as a 
comparison (Figure 68).  The nickel mesh (Ni 200) had less overpotential compared to the SS 
mesh especially at high current density.  At 10 A m-2, cathode potential is higher by 0.12 (± 
0.002) V with Ni 200 mesh indicating a lower activation barrier to produce H2.  This could be 
because of higher catalytic activity of pure nickel vs. in an alloy, such as in stainless steel, or 
related to the specific configuration we used for the meshes (for e.g. open area, mesh size etc. – 
see Table 7). 

 
Figure 68. Linear sweep voltammograms (LSVs) of stainless steel and nickel mesh cathodes at 
pH 13. 
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Characterization of overpotentials in MEC with improved materials. With the Ni mesh 
cathode and FAA membrane, we performed the same characterization experiments for the MEC 
as we did with the MEC with stainless steel mesh cathode and AMI-7001 membrane, both with 
and without adding CO2 to the cathode chambers.  Figure 69 shows the j-V curve with the 
applied voltage separated into the various overpotentials.  We also summarize each individual 
overpotential at 10 A m-2 in Table 19.   
 
At 10 A m-2, the total overpotential without adding CO2 to the cathode was 0.989 ± 0.017 V, a 
significant decrease over the values obtained before the materials improvement (1.092 ± 0.017 
V).  The FAA membrane decreased the Ohmic overpotential by ~ 52 mV from 0.085 ± 0.002 V 
with AMI-7001 to 0.033 ± 0.004 V at 10 A m-2.  The cathode overpotential decreased from 0.429 
± 0.040 V to 0.405 ± 0.036 V.  The FAA membrane allowed for a slightly lower pH in the 
cathode chamber, which also resulted in a decrease in the concentration overpotential due to a 
higher cathode pH (0.279 ± 0.011 V overpotential with FAA vs. 0.344 ± 0.019 V overpotential 
with AMI-7001).  The overall reduction in the applied voltage however was smaller than the 
improvements in these overpotentials, because the anode overpotential was slightly higher at 
0.199 ± 0.013 V vs. 0.153 ± 0.012 V. 

 

 
Figure 69. Characterization of applied voltage in flat-plate MEC with FAA membrane and 
nickel mesh cathode.  
 
Table 19.  Individual overpotential characterized in flat-plate MEC at 10 A m-2 with and without 
CO2 addition to different cathodes (SS = stainless steel and Ni = nickel). 

Overpotential SS without CO2 SS with CO2 Ni without CO2 Ni with CO2 
Anode 0.153 (± 0.012) 0.168 (± 0.016) 0.199 (± 0.013) 0.210 (± 0.014) 

Cathode 0.429 (± 0.040) 0.457 (± 0.023) 0.405 (± 0.036) 0.513 (± 0.021) 
Ohmic 0.085 (± 0.002) 0.125 (± 0.007) 0.033 (± 0.004) 0.035 (± 0.003) 

pH 0.344 (± 0.019) 0.027 (± 0.013) 0.279 (± 0.011) 0.032 (± 0.002) 
Theoretical 0.081 (± 0.000) 0.081 (± 0.000) 0.091 (± 0.001) 0.098 (± 0.001) 

Total 1.092 (± 0.017) 0.859 (± 0.001) 0.989 (± 0.017) 0.888 (± 0.022) 
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When adding CO2 to the cathode chambers, the applied voltage at 10 A m-2 was 0.888 ± 0.022 V, 
which does not represent an improvement over the previous MEC before including new 
materials (0.859 ± 0.001 V).  This was despite improvement in the Ohmic overpotential, which 
decreased from 0.125 V ± 0.007 to 0.035 ± 0.003 V with the FAA membrane.  The largest part 
of the overpotential (0.513 ± 0.021 V) in this case was from the cathode overpotential.  There are 
several possible reasons for this.  It is possible that there was a local high pH on the cathode 
surface, despite a lower bulk pH with adding CO2, which could result in a higher cathode 
overpotential, which includes any losses due to local concentration gradients.   
 
In addition, the characterization with CO2 added to the cathode was done after several days of 
operation of the MEC, which could have resulted in inhibition of the nickel catalyst.  It has 
previously been reported that with long-term operation (> 1 month) with a Ni foam cathode, the 
overpotential increased, but the exact mechanisms of this change in performance are not known 
(Jeremiasse et al., 2010).  One possible mechanism is the formation of nickel hydride, which has 
been shown to diminish the catalytic properties of Ni (Couper et al., 1990).  In addition, another 
possible cause could be the decrease of active surface area due to either the H2 or CO2 bubbles 
trapped in the mesh, which were evident while operating the cathode in this fashion.  This would 
result not only in higher activation losses due to reduced surface area, but also possibly 
concentration overpotential due to accumulation of H2 on the reaction surface. 
 
In this Subtask, we characterized the applied voltage in flat-plate MECs as individual 
overpotentials from different phenomena. This is of great theoretical and practical importance for 
MPPC development that also requires a design optimization and increase in voltage efficiency. 
In our flat-plate MECs, low overpotentials at high current densities were observed with (i) high-
surface area anode, (ii) commercially available cathodes and membranes, and (iii) CO2 addition 
to the cathode. 
 
CO2 (100%) addition to the cathode eliminated concentration overpotential due to a high cathode 
pH, just like in air-cathode MFCs. We want to note here that while we used a two-chambered 
MEC where pH difference between the anode and cathode is directly apparent due to the use of a 
membrane, we have shown that local gradients could also cause a Nernstian concentration 
overpotential at the cathode in single-chambered systems, which can be decreased or eliminated 
using CO2. Recycle of the CO2 produced in the anode from oxidation of organics would be the 
ideal scenario. In the present study, we use the optimum system using pure CO2 and fast 
recirculation with pump. However, how CO2 is returned from the anode to the cathode needs to 
be optimized further, especially when dealing with real wastes at the anode. 
 
5.5.2. Design of microbial H2O2 producing cells (MPPC) 
We assembled a MPPC using the optimal conditions from our previous testing:  200 mM NaCl at 
pH 7, which demonstrated good stability with H2O2 in the short term; the AMI-7001 AEM, 
which demonstrated low mass loss; and 0.5 mg/cm2 of Vulcan carbon catalyst with Nafion 
binder, which maintained lowest cathodic overpotentials over the largest range while partitioning 
the highest number of electrons to H2O2.  We operated the MPPC continuously for 18 days with 
a 4-h HRT in the liquid cathode chamber and air flow rates of 10, 20, and 30 cm3/min through 
the air cathode chamber.  Prior to anode inoculation, we quantified the total cell abiotic Ohmic 
overpotential using EIS as 75.0 Ω-cm2.   
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As demonstrated in 63, the MPPC gave good performance with the optimized design variables.  
Varying the air supply rate had minimal effect on H2O2 concentration:  the average effluent H2O2 
ranged from 2.5 ± 0.4 to 3.1 ± 0.4 g/L, with the highest H2O2 concentration (3.8 g/L) achieved at 
20 cm3/min.  These high concentrations were achieved even though the effluent catholyte pH 
ranged from 12.1 to 12.4.  While the cathode potential decreased from -0.54 to -0.50 VAg/AgCl, the 
H2O2 concentration decrease from 20 to 30 cm3/min likely was due to the 1 A/m2 decrease in 
current density.  For comparison, our cell used 18% more energy to produce 3 times the amount 
of H2O2 compared to Rozendal et al. (2009). 
 
We used CVs to understand our MPPC’s performance.  The CVs illustrated that the MPPC 
achieved higher energy-neutral current densities (i.e., the current at which the reactor 
experiences 0 V cell potential) than other systems due to reduced overpotentials, and cathodic 
overpotentials are still the limiting factor in MPPC performance.  Figure 70 shows a CV of our 
MPPC at a 1 mV/s scan rate.  Correcting for Ohmic losses in the system, the open-circuit 
potential was 0.20 V for all scans, which is lower than the theoretical potential of 0.56 V.  The 
~0.3 V difference is associated with the equilibrium pH difference between the anode and 
cathode since there was a ~5 pH unit difference between the anode and cathode.  Energy neutral 
operations occurred at 3.72 ± 0.29 A/m2, which is significantly larger than that achieved by 
Rozendal et al. (2009), at 1.6 A/m2, and Modin and Fukushi (2012), 0.54 A/m2.  The superior 
energy-neutral performance indicates that H2O2 could be produced at up to 3.72 A/m2 without 
requiring energy input, and the cell had significantly lower overpotentials versus previous 
studies.  Based on the theoretical potentials at the anode and cathode and not corrected for 
Ohmic losses, Figure 70a demonstrates that, at energy neutral conditions, the anode overpotential 
was 0.149 V and cathode overpotential was 0.379 V.  Concentration overpotential due to pH 
differences between the anode and cathode chambers account for 0.27 V or 51% of cathode 
overpotentials.  Therefore, 0.029 V of Ohmic overpotential exists at energy neutral conditions, 
reiterating that our cell design significantly decreases Ohmic losses within the MPPC.  While 
small, these Ohmic losses significantly affected cell performance:  adjusted for Ohmic losses, 
Figure 70b shows that the anode and cathode overpotentials increase to 0.157 V and 0.403 V, 
respectively, and that the cell could operate at 4.58 A/m2 before drawing additional energy to 
produce H2O2.  At our operating current density of ~ 10 A/m2 and pH 12.08-12.43, the cathode 
overpotential increased to 0.524 V, of which 58% was due to pH differences between the anode 
and cathode chambers.  As discussed in Popat and Torres (2016), the production of OH- ions 
during the oxygen reduction reaction increases pH at the cathode, making it more difficult to 
reduce the cathode operating pH and, consequently, concentration overpotential. 
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Figure 70.  Performance during continuous operations with varying air flow rate:  (a) H2O2 
concentration, (b) current density, (c) pH, (d) cathode potential, (e) percent net cathodic 
efficiency (as H2O2), and (f) power input required to produce 1 g of H2O2. 

 
Figure 71.  Cyclic voltammetry of the MPPC for (a) unadjusted cell and (b) Ohmic corrected 
potentials, with cell (blue), anode (red), and cathode (green) potentials.  For the cell potentials, 
positive voltages represent power consumption and negative voltages represent power 
production. 
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The superior performance of the MPPC we report here likely was due to a combination of 
several factors.  The improvement in energy-neutral operations was largely driven by the 
decreased distance between anode and cathode:  When the distance was decreased from 1 to 0.5 
cm in the MPPC, the energy-neutral current density increased from 1.63 (± 0.03) to 3.72 A/m2 
(Figure 72).  Catalyst selection tailored to H2O2 production resulted in low cathode potentials 
and good net cathodic efficiencies with little power input.  The use of AMI-7001 membrane 
provided long term, stable performance while having minimal effect on H2O2 production versus 
other membranes, as shown is Figure 72.  Nevertheless, performance could be further improved 
by reducing the pH gradient between the anode and cathode chambers, consequently reducing 
the MPPC’s concentration overpotential. 

 

 
Figure 72.  CVs of preliminary reactor design.  The MPPC CVs were performed with two 
different membranes (FAA and AMI-7001) and three different catholytes:  100 mM NaCl, pH 
4.5 PBS, and pH 7.5 PBS. The MPPC was operated at a 4 hr HRT and 30 cm3/min air flow rate.  
The reactor design was the same as the reactor presented in this paper, except there was 1 cm 
distance between the anode and cathode.  The FAA membrane is ~1/3 the thickness of the AMI 
membrane and has a lower resistance. 
 
In this Task, we combined the findings of previous Tasks into an MPPC design, which we 
operated using 200 mM NaCl catholyte at different air-flow rates to optimize H2O2 
concentration. The air-flow rate did not drastically change MPPC performance: The MEC 
produced H2O2 at a concentration as high as 3.8 g L−1 and an average of 2.5±0.4 to 3.1 g L−1 at 
different air-flow rates. The MPPC's Ohmic overpotentials were small at 69.1 Ω cm2. During 
operation, anodic overpotentials were approximately 42 % lower than cathodic overpotentials, 
and >58 % of cathodic overpotential was caused by the pH gradient between the anode and 
cathode chambers. Thus, we assert that continuous H2O2 production in MECs is achievable if 
materials are optimized for compatibility with and production of H2O2. 
 
For perspective, our MPPC is capable of producing H2O2 at concentrations more than adequate 
for water and wastewater treatment. H2O2 concentrations of 2.5–3.0 g L−1 are five- to tenfold 
higher than the doses required to remove 90+ % chemical oxygen demand (COD) from 
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wastewater streams, 20-fold greater than required for 99+ % removal of micropollutants and 10–
100-fold higher than required for UV disinfection. 
 
5.6. Optimization of Prototype MFCs (Task 7) 

5.6.1. Acetate-fed MPPC 
 
Effects of varying cathode HRT. Based on the favorable results using NaCl as the catholyte in 
Young et al. (2016), we explored the impact of catholyte HRT with a fixed NaCl concentration 
of 200-mM on sustained performance.  Figure 74a illustrates excellent H2O2 production:  the 
concentration increased almost linearly from 1.0 to 3.1 g H2O2 L-1 as the catholyte HRT 
increased from 1- to 4-h at similar current densities (Figure 74c).  For perspective, these 
concentrations are more than adequate for disinfection (30-50 mg H2O2 L-1) and micro-pollutant 
removal (5-20 mg H2O2 L-1) when coupled with UV and Fenton processes (Yang et al., 2014; 
Rajala-Mustonen and Heinonen-Tanski, 1995). The increases in H2O2 concentration were 
coupled with pH increases from 11.8 to 12.3 (Figure 73), since OH- was produced during O2 
reduction and the catholyte was unbuffered.  System overpotentials did not demonstrate any clear 
trends with any of the parameters evaluated (Figure 74).   
 
As expected, an optimal HRT existed due to a tradeoff between H2O2 production rate, which is 
highest at the lowest HRTs, and decay rate, which outpaces the production rate at longer HRTs.  
Figure 73e illustrates that the net production rate of H2O2 decreased from 1.02 to 0.76 g Lcathode

-1 

d-1 as HRT increases from 1- to 4-h.  There was a corresponding decrease in Figure 74b shows 
the power required to produce H2O2 increased from 0.42 to 1.13 Wh g-1 H2O2 and cathodic 
coulombic efficiency (CCE) from 57% to 21%.  The decrease in net production rate with 
increasing HRT was a result of H2O2 decomposition that could have had several causes:  (1) 
H2O2 dissociating to HO2

- at high pH and diffusing across the AEM, (2) H2O2 reacting with the 
AMI membrane as illustrated in Young et al. (Young et al., 2016), and (3) H2O2 auto-decaying to 
H2O and O2 due to prolonged exposure to the carbon catalyst or metals (Drogui et al., 2001): 

 
H2O2  2H2O + O2                                                         (Eqn. 25) 

 
Above a 4-h HRT, the effluent H2O2 concentration decreased to 2.3 g H2O2 L-1, leading to a pH 
decrease to 12.2 via Eqn.  26, even though the cathode potential was consistent with the other 
HRTs (-0.52 V) and current density was similar to the 2- and 3-h HRTs (8.5 A m-2).  The 
deteriorating performance likely was due to the reduction of H2O2 to H2O via the 2-electron 
ORR: 

 
              H2O2 + 2e-  2OH-                                    (Eqn. 26) 

 
due to increased exposure to electrons at the cathode at the long HRT.  We observed membrane 
failures only during the experiment operated at the 6-h HRT.  The membrane failed twice in 6 
days while operating at the 6-h HRT, and the total down time was 2% of the total operating time.  
We suspect that the long HRT may have also promoted H2O2 auto-decay by reacting with the 
membrane itself to form O2 by Eqn. 25.    
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The MPPC design was efficient for sustained operation:  the open-circuit potential was 0.18-0.20 
V versus the theoretical value of 0.56 V, and the ~0.3 V difference was caused by the ~ 5-unit 
pH difference between the anode and cathode.  Consistent with the results in Section 5.5, the 
MPPC achieved high current density in energy-neutral situations (i.e., when the reactor 
experiences 0 V cell potential) ranging from 3.24 A m-2 at 1-h and 2-h HRT and 3.73 A m-2 at 4-
h HRT.   
 

 
Figure 73.  Results for the experiment with a range of HRT from 1- to 6-h using 200-mM NaCl 
catholyte:  (a) H2O2 concentration, (b) power input, (c) current density, (d) net cathodic 
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coulombic efficiency, and (e) H2O2 production.  The light gray boxes represent the first and third 
quartiles, and the black point represents the average value.  The whiskers represent the maximum 
and minimum data points. 

 

 
Figure 74.  Results for the experiment with a range of HRT from 1- to 6-h using 200-mM NaCl 
catholyte:  (a) cathode effluent pH, (b) cathode potential, (c) net cathodic efficiency, and (d) 
cyclic voltammetry of cell performance.  The light gray boxes represent the first and third 
quartiles, and the black point represents the average value.  The whiskers represent the maximum 
and minimum data points. 
 
Effects of varying NaCl catholyte concentrations. As expected, increasing the electrolyte 
concentration improved MPPC power efficiency, although H2O2 production did not change.  
Figure 75a shows that NaCl concentration ≥ 200-mM had little effect on H2O2 effluent 
concentration (2.4-3.1 g L-1), but the required power input declined from 1.1 to 0.4 Wh g-1 H2O2 
(Figure 75b).  This improvement was observed even though there was a small decrease in current 
density from 10.1 to 9.1 A m-2 (Figure 75c) and CCE stabilized between 37% and 43% (Figure 
75d).  100-mM NaCl catholyte produced a lower average H2O2 concentration than ≥ 200-mM 
NaCl (~1.2 versus ~3.1 g L-1), largely due to a limiting concentration of Cl- ions to maintain 
electroneutrality; on an electron basis, 100-mM of NaCl supports the production of 1.7 g H2O2 L-
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1 (50-mM).  Above 100-mM, cathode potential improved as expected from -0.54 V at 200-mM to 
-0.33 V at 500-mM NaCl (Figure 75e) at similar current densities, indicating reduced Ohmic 
losses.   

  

 

 
Figure 75.  Results for varied NaCl concentrations from 100- to 500-mM:  (a) H2O2 
concentration, (b) power input, (c) current density, (d) net cathodic coulombic efficiency, (e) 
cathode potential, (f) and the percent of anionic transport from the cathode chamber to the anode 
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chamber required to maintain electroneutrality.  The light gray boxes represent the first and third 
quartiles, and the black point represents the average value.  The whiskers represent the maximum 
and minimum data points. 
Figure 75f shows that, regardless of NaCl concentration, OH- was the primary ion migrating 
from the cathode to the anode chamber, ranging from 56% to 60%.  OH- as the dominant anion 
also explains why all conditions achieved approximately the same pH (12.14-12.23):  Cl- 
migrated from the cathode chamber until the catholyte achieved a stable pH ~12.2-12.3, at which 
concentration the OH- overcame the migration barrier to begin diffusing to the anode.  Cl- 
migration and/or diffusion increased 20-44% with increasing catholyte concentration and 
reduced ionic Ohmic overpotentials:  Each 100-mM of NaCl present in the catholyte led to a 
linear increase of ~6% in Cl- anions migrating to the anode and ~ 50 mV decrease in cathode 
overpotential.  The linear declines of Ohmic losses are consistent with the linear CVs in (Figure 
76b).  Consequently, reduced cathodic overpotentials led to a smaller power input for H2O2 
production.  
 

 
 
Figure 76.  Results for varied NaCl concentrations from 100- to 500-mM:  (a) cathode effluent 
pH and (b) the cathode CV.  The light gray boxes represent the first and third quartiles, and the 
black point represents the average value.  The whiskers represent the maximum and minimum 
data points. 

 
Since Cl- and OH- did not account for the total number of anions required to maintain 
electroneutrality in the cell, additional unidentified ions, identified as the “unknown” fraction in 
Figure 75f, must have diffused between the anion and cathode chambers.  These unidentified 
ions represented 17% of the migrating ions at 100-mM NaCl, but they steadily decreased to 0% 
at higher NaCl catholyte concentrations.  The unidentified ions could have been HO2

-, present at 
the cathode due to the pH being greater than the H2O2’s pKa, or counter diffusing cations like 
Na+ from the anode chamber.  It is more likely that HO2

- anions were migrating to the anode, 
since the concentration of unidentified ions linearly decreased from 17% at 100-mM NaCl to 0% 
at 400-mM NaCl; if Na+ had dominated the unidentified ions, then having more Na+ in the anode 
chamber should have made them more important.  
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Effects of applying EDTA as an H2O2 stabilizer. Metal chelators often are used to stabilize 
H2O2 solutions by preventing H2O2 from oxidizing metals (Campos-Martin et al., 2006).  Based 
on stability testing in NaCl and PBS solutions in serum bottles (Young et al., 2016), EDTA 
increased H2O2 stability over a range of pH values in comparison with solutions without EDTA 
(Figure 77).  Therefore, we hypothesized that EDTA addition to the catholyte would further 
stabilize and improve H2O2 production.   

 
Figure 77.  Results for the experiment varying EDTA concentrations from 0- to 2-mM:  (a) 
cathode effluent pH and (b) cathode potential.  The light gray boxes represent the first and third 
quartiles, and the black point represents the average value.  The whiskers represent the maximum 
and minimum data points. 
 
Even though EDTA improved the CCE from 37 to 52% (Figure 78d), Figure 75a illustrates that 
the highest H2O2 concentrations were produced without EDTA: H2O2 concentration decreasing 
from 3.1 to 2.0 g L-1 with increasing EDTA concentration due in part to current densities 
decreasing from 10.1 to 4.6 A m-2 (Figure 75c).  Nonetheless, EDTA addition improved the 
energy efficiency of the MPPC from 1.13 to 0.54 Wh g-1 H2O2 and CCE from 37 to 52% (Figure 
77).  The increased cathodic efficiency likely was due to EDTA slowing the decomposition of 
H2O2 and improving CCE and power performance.  This reiterates the trade off in operating 
MPPC:  without EDTA, the MPPC achieved higher effluent concentrations, but adding EDTA 
reduced power requirements.   
 
Decreased H2O2 concentrations were caused by EDTA diffusion to the anode, reducing current 
production.  At the cathode, effluent pH was in the range of 11.8-12.3 (Figure 77), meaning that 
EDTA was completely deprotonated and could diffuse through the AEM to the anode.  Figure 
78e shows that GC-FID analysis detected EDTA in the anode chamber at concentrations ranging 
from 0.030- to 0.043-mM when EDTA was present in the catholyte.  In the anode chamber, 
EDTA likely chelated with Fe2+ supplied as a nutrient for ARB to facilitate EET or with the iron 
in the cells involved with EET (Estevez‐Canales et al., 2015).   The detected EDTA 
concentrations exceeded the 0.021-mM concentration required to chelate all Fe2+ present in the 
anode medium.  In addition, Figure 79 illustrates little change in EKA at any concentration of 
EDTA, further indicating that the decrease in current likely was not due to modification of the 
metabolic EET pathway.   Iron has been identified as an important nutrient in the EET 
mechanism of a variety of ARB (Estevez‐Canales et al., 2015; Kato et al., 2013; Shi et al., 2016).  
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Estevez-Canales et al. (2015) demonstrated decreased current production due to a reduction in c-
type cytochromes in ARB cells when iron-containing media was supplemented with the metal 
chelator 2,2′-bipyridine, and these cytochromes are critical for EET.  Based on the CV results 
(Figure 79), it is likely that reduced current production was a result of ferrochelation rather than 
a change in metabolic pathway, as in Estevez-Canales et al. (2015).  While EDTA can be 
effective when added to the catholyte after it leaves the cathode chamber, it can harm MPPC 
performance if added with the catholyte.  Future research should explore the utilization of non-
metal-chelating stabilizers to improve H2O2 concentrations. 
 

 
Figure 78.  Results for the experiment varying EDTA concentrations from 0 to 2-mM:  (a) H2O2 
concentration, (b) power input, (c) current density, (d) net cathodic coulombic efficiency, and (e) 
EDTA concentrations in the catholyte and anolyte, where the black line represents the amount of 
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EDTA required to chelate with all Fe2+ added in the anolyte.  The light gray boxes represent the 
first and third quartiles, and the black point represents the average value.  The whiskers represent 
the maximum and minimum data points. 

 
Figure 79.  Cyclic voltammetry of anode performance as a function of EDTA concentration. 

 
Effects of buffering catholytes. Reducing the pH difference between the anode and cathode 
chambers decreases pH concentration overpotentials and potentially leads to increased energy 
efficiency for H2O2 production.  Based on this concept, we evaluated adding acid-base buffers to 
the catholyte to reduce concentration overpotentials. Although adding the buffers improved 
several performance variables -- including pH, current density, and cathode potentials -- acidic 
buffers failed to produce as much H2O2 as NaCl.  Figure 80b shows that PBS catholyte lowered 
the pH to 12.13 and 10.36 with 100- and 200-mM PBS, respectively, and to 11.4 and 9.4 with 
400-mM and 1-M NaHCO3, respectively, which are lower than NaCl’s pH of 12.3.  Cathode 
potentials improved to -0.49 V with 200-mM PBS versus 200-mM NaCl (Figure 80c).  Current 
densities were 2-3 A m-2 higher with NaHCO3 than NaCl, since the NaHCO3 diffused to the 
anode and improved mass transport through the anode biofilm.  In addition, Figure 77f illustrates 
that more phosphate anions and OH- anions were removed from the catholyte, versus with the 
NaCl electrolyte, which should have reduced Ohmic resistances in a method similar to that 
observed at the higher NaCl concentrations.   
 
Regardless of these improvements, Figure 80a shows that using PBS and NaHCO3 catholytes 
produced H2O2 concentrations ranging 0.34-2.54 g H2O2 L-1 (p-value <0.003), values 
significantly less than 3.10 g H2O2 L-1 with 200-mM NaCl.  Since less H2O2 was produced, 
Figure 80d shows that the CCE decreased from 37% with 200-mM NaCl to 15% and 8% with 
100- and 200-mM PBS and 26% and 4% with 400- and 1000-mM NaHCO3.  Correspondingly, 
power input was higher for all buffering catholytes versus NaCl (Figure 80e).       
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Figure 80.  PBS and NaHCO3 catholyte experiments results:  (a) H2O2 concentration, (b) 
cathode effluent pH, (c) cathode potential, (d) net cathodic efficiency, (e) power input, and (f) 
the composition of anions that diffused from the cathode to the anode.  The light gray boxes 
represent the first and third quartiles, and the black point represents the average value.  The 
whiskers represent the maximum and minimum data points. 
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Figure 81.  Current density for varied buffering electrolyte concentrations.  The light gray boxes 
represent the first and third quartiles, and the black point represents the average value.  The 
whiskers represent the maximum and minimum data points. 
 
Because anode performance did not deteriorate (it even improved a small amount), the poor 
performance for H2O2 production was caused by a net loss of H2O2 in the cathode chamber.   
With the buffering catholytes, the net loss probably was due to increased auto-decay of H2O2 to 
O2 or the 2-electron ORR of H2O2 to H2O at the influent end of the cathode chamber, where the 
pH was 2.5, even though the effluent pH exceeded 10.  At the entrance, pH 2.5 PBS is 
thermodynamically more favorable for the 4-electon and 2-electron ORR reactions than at higher 
pHs.  Consequently, the kinetics of these reactions are faster, likely resulting in the reduction of 
H2O2 to H2O via Eqn. 1.  With NaHCO3, we hypothesize that H2O2 auto-decayed to O2 in the 
presence of carbonate and bicarbonate, since both compounds have been shown to decrease H2O2 
stability (Young et al., 2016; Nicoll and Smith, 1955; Abbot and Brown, 1990; Qiang et al., 
2002).  Auto-decay of H2O2 to O2 is further supported by our observations of gas flowing out of 
the cathode chamber when NaHCO3 was used as the catholyte.  

A perspective for the application of MPPCs in wastewater applications.  MPPCs have the 
potential to provide cost savings to WWT plants that utilize H2O2 for disinfection. Since cathode 
performance is independent of the anode substrate content, we evaluated the potential for 
H2O2 production at WWT plants utilizing primary and waste-activated sludge. We estimated the 
amount of H2O2 produced in a MPPC treating either primary sludge or WAS in a 10 million 
L d−1 municipal WWT plant.   Depending upon the catholyte HRT, a WWT plant could produce 
890–1900 kg d−1 of H2O2 (or 89–191 mg d−1 L−1 of influent wastewater) while consuming 
1200 kg COD d−1 from primary sludge, a surrogate for blackwater.   
The flat-plate MPPC design demonstrated continuous H2O2 production at concentrations 
(3.1 g L−1) sufficient for disinfection and micropollutant removal and with low power input 
(1.1 Wh g−1 H2O2). This H2O2 concentration is ∼30-fold more than required for disinfection and 
micro-pollutant removal during water and wastewater treatment. The MPPC performed well 
using a simple NaCl catholyte with a 1- to 4-h HRT and no stabilizers. At a 1-h HRT, the 
H2O2 production rate provides more than 3 times the H2O2 required for disinfection and micro-
pollutant removal at a power input 5- to 25-fold lower than required in the conventional 
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anthraquinone process for H2O2 production. The addition of the metal-chelating stabilizer EDTA 
inhibited current production at the anode by chelating Fe2+ at the anode, reducing the amount of 
current produced by ARB and, consequently, reducing the number of electrons available for 
H2O2 production at the cathode. In the current reactor configuration, weak acid buffers provided 
no performance benefit versus a NaCl catholyte, largely due to increasing H2O2 auto-decay either 
due to pH gradients along the cathode or the presence of compounds reducing H2O2 stability. 
Ultimately, the best conditions for MPPC operation will depend upon the operational goals of the 
process. High HRTs generally favor higher effluent concentrations. However, the MPPC will 
require larger power inputs to achieve the necessary concentration and operate at lower net 
cathodic coulombic efficiencies. High production rates can be achieved at low HRTs with lower 
power inputs, but produce lower effluent H2O2concentrations. Given its in situ consumption, 
FOBs and WWT plants would benefit from operating at lower HRTs to produce more H2O2 for 
use in advanced oxidation processes or sludge pretreatment.  

 
5.6.2. Primary sludge (PS)-fed MPPC 
The PS was diluted ~3.8-fold with distilled water, and the influent PS fed to the MPPCs had ~7.6 
g/L of TCOD and ~3.8 g/L of VSS.  PS characteristics are provided in Table 20.    
 
Table 20.  Characteristics of PS influent and MEC and MPPC effluents for experiments with a 
9-day HRT. 

 MEC MPPC 
 Influent Effluent Influent Effluent 

TCOD 7450 (±330) 2860 (±20) 7700 (±90) 3940 (±40) 
SSCOD 370 280 420 (±20) 340 (±20) 

TSS 4260 (±40) 1880 (±20) 4590 (±140) 2650 (±70) 
VSS 3740 (±20) 1680 (±10) 3890 (±130) 2210 (±60) 
 

H2O2 production and efficiency. Figure 82a shows H2O2 concentrations (theoretical and 
measured) and H2O2 production efficiency (PPE, based on Eq (1)) during batch operation of the 
cathode in the MPPC.  The H2O2 concentration increased up to ~230 mg L-1 by 6 hours, but then 
decreased to ~121 mg L-1 by 24 hours.  The theoretical H2O2 produced, based on the electrical 
current produced at the anode, increased linearly up ~2300 mg L-1, indicating that the PPE kept 
decreasing with time, from 72% at 1.5 hours to 5% at 24 hours.  Clearly, H2O2 decomposition 
became increasingly important in the cathode chamber over 1 day of batch cathode operation.   
 
Catholyte pH in the MPPC decreased with time from ~12.6 (0 hour) to 10.4 (24 hour), as shown 
in Figure 82b.  This is contrary to the expected pH increase with time, since O2 reduction to 
H2O2 generates OH- (Eqn. 26).  Ion migration caused the decline in pH.  Specifically, OH- could 
have diffused from the cathode to the anode due to the large pH difference (~12.6 at the cathode 
and ~7 at the anode), and HCO3- could have diffused from the anode to the cathode due to its 
concentration gradient.  Either transport mechanism would have contributed to a pH decrease at 
the cathode:  loss of alkalinity due to OH- transport out of the cathode and pH buffering due to 
import of HCO3

-.  Based on the measured pH and total alkalinity of the catholyte (Figure 82b), 
OH- decreased significantly, while other alkalinity species (CO3

2- and HCO3
-) increased with 

time.  Thus, both ion-migration mechanisms appear to have been at work. 
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Figure 82.  Results of cathode batch operation of a microbial peroxide producing cell (MPPC):  
(a) theoretical and measured H2O2 concentrations based on 100% conversion from cumulative 
coulombs and detection method, respectively, and H2O2 production efficiency (PPE) (number of 
measurements, N = 3).  The inset zooms in on the first 6 hours’ operation in the MPPC.  (b) pH 
and alkalinity of catholyte over the 24-hour batch runs.   
  
During the first ~6 hours, the total alkalinity stayed approximately constant, while OH- and CO3

2- 
drastically decreased and increased, respectively, especially during the first 3 hours.  The 
increase in CO3

2- indicates that HCO3
- was moving from the anode to the cathode, and the 

stability of total alkalinity means that transport of OH- to the anode was off-setting the 
generation of OH- at the cathode and the input of HCO3

- from the anode. 
 
After ~6 hours, the pH was ≤ 11, and HCO3

- steadily increased due to a combination of an 
increase of the concentration of inorganic C and a shifting of the speciation of inorganic carbon 
towards, HCO3

-, since the pKa of the HCO3
-/CO3

2- couple is ~10.3.  Due to continued import of 
HCO3

- and generation of base, the CO3
2- alkalinity remained high.  High CO3

2- is important, 
because CO3

2- can be responsible for H2O2 decay (Lee et al., 2000); this is discussed more 
below.  The decrease in H2O2 concentration after 6 h means that the H2O2-decay rate was faster 
than the H2O2-generation rate at the cathode.  H2O2 decay could have been accelerated by four 
mechanisms:  1) metal cations in PS diffusing from anode to the cathode and catalyzing H2O2 
auto-decay, 2) membrane degradation with consumption of H2O2, 3) reaction of H2O2 with 
carbonate ions, and 4) diffusion of the HO2

- ion to the anode.  Direct movement of metal cations 
should not have been important, because we used an AEM.  As exemplified in Figure 44, we saw 
no evidence of membrane deterioration or chemical deposits after running 27 days in the MPPC 
fed with PS.  Thus, the first two mechanisms were unlikely. 
 
Accelerated loss of H2O2 by reaction with carbonate is supported by prior studies and special 
tests we carried out.  Lee et al. (2000) reported that the rate of decomposition of H2O2 loss was 
~9-fold faster in a carbonate solution than in a caustic solution (NaOH) when the pH was 
10~10.6, the temperature was 30~50 ˚C, and the ionic strength was 1.5~3 M.  Since the 
mechanism of H2O2 decay in the presence of carbonate ions has not been elucidated yet, we 
performed H2O2-decay tests to confirm that accelerated H2O2 decay was linked to the carbonate 
concentration.  Figure 83 shows that H2O2 decomposed quickly during ~1 day in a sodium 
carbonate solution.  Finally, produced H2O2 can dissociate to HO2

- ion at high pH (pKa ~ 11.8) 
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(Young et al., 2016), and the HO2
- anions could have diffused to the anode chamber.  We explore 

below evidence supporting this mechanism.    
 
Abiotic H2O2 decay tests in different salt solutions. We performed H2O2-decay tests in 100-
mM solutions of sodium carbonate, sodium bicarbonate, and sodium hydroxide with ~2700 mg 
L-1 of H2O2.  Although pH was maintained stable during ~1 day operation, the H2O2 
concentration in sodium carbonate decreased very rapidly (99% removed in 23 hours), while 
H2O2 in the positive control with deionized water was very stable.  H2O2 concentrations in 
sodium hydroxide and sodium bicarbonate were relatively stable, with 9 and 28% removals in 23 
hours.  

 
Figure 83.  H2O2 decay with time in different solutions: 100 mM sodium carbonate, sodium 
bicarbonate, and sodium hydroxide. (a) H2O2 concentration and (b) pH.  

 
Comparison of MEC and MPPC operation. Figure 84 shows current densities and applied 
voltages over three one-day feeding cycles for the MEC and the MPPC pseudo-steady state 
operation periods.  The pattern of current density was the same for both modes:  high current at 
start of a one-day cycle and a decrease due to the consumption of PS-COD.   The maximum 
current densities were similar, ~1 A m-2.    
 
The applied voltage for the MPPC was ~0.2 V, a value much lower than that of the MEC, 
~1.04V.  The theoretical applied voltage for H2 production in MEC is 0.14 V (Ki et al., 2016), 
which means that the total overpotential in the MEC was 0.9 V.  Likewise, the theoretical 
potential for H2O2 production in MPPC is +0.56 V (Rozendal et al., 2009), making the total 
overpotential 0.76 V, a value smaller than with the MEC.  In our previous study (Ki et al., 2016), 
we characterized the applied voltage of the same design of flat-plate MECs and categorized into 
anode overpotential (ηanode), cathode overpotential (ηcathode), Ohmic overpotential (ηOhmic), pH-
related concentration overpotentials (ηpH), and theoretical voltage (ETh).   The largest 
overpotentials were ηcat and ηpH, and that should be the same here for an MEC and an MPPC.  
Since we poised the anode potential at -0.3 V (vs Ag/AgCl) in both cases and used the same 
substrate, ηan should be similar.  ηOhmic should be small for current densities of ~1 A m-2 (in both 
reactors), although the distance between anode and cathode was ~0.5 cm larger with the MPPC.  
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Thus, the observed improvement of ~0.14 V of total overpotential with the MPPC should have 
been related to better cathodic catalysis with H2O2 production, compared to H2 production in the 
MEC (Young et al., 2016; Ki et al., 2016). 
 

 
 
Figure 84.  Current densities and applied voltages in the MEC and MPPC operated with semi-
continuous feeding (one-day cycle) and a 9-day HRT.  Data are for the last 3 days of operation 
after the current stabilized for successive cycles. 
 
Figure 85 summarizes performance parameters for the effluent from the MPPC and MEC.   
Influent concentrations did not differ much between the two conditions, but the COD-removal in 
MPPC was 49 (±1)% and 62 (±5)% in the MEC.  This difference was due to inhibition of 
methanogenesis in the MPPC, since the anode chamber of the MEC produced 27 ± 4 mL d-1 of 
biogas, versus only 2 ± 4 mL d-1 for the MPPC.  CH4 generation accounted for higher COD 
removal in the anode of the MEC.   Although CRs were similar in the MEC and MPPC, ~30%, 
the CE was higher in the MPPC:  64% versus 48%.  Higher CE in the MPCC was from lower 
COD removal efficiency due to the decline in methanogenesis.   

 

 
Figure 85.  COD-removal efficiency, CR, and CE for the MEC and MPPC for a 9-day HRT 
during semi-continuous operation with one-day feeding cycle of PS.  
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Inhibition of methanogenesis could have been caused by H2O2 and O2 diffusion into the anode 
chamber through the membrane from the air-cathode.  Most MFC studies using an air-cathode 
reported high COD-removal efficiency, but low CE, because O2 diffusing into the anode 
chamber allowed rapid aerobic biodegradation, which out-competed anode respiration (Angosto 
et al., 2015; Ge et al., 2013; Zhuang et al., 2012).  Since the MPPC in our study had lower COD 
removal than the MEC, the difference in performance between the MPPC and MEC probably 
was caused by diffusion of H2O2, not O2. 
 
Microbial phylotypes relevant to community structure and function. Figure 86 shows the 
taxonomy of the microbial communities, classified at the order level, in 6 samples:  AnS and two 
sets of BfS for the MEC and MPPC.  Biofilm samples were taken from the BfC and BfM of the 
anode.  The AnS and BfC communities were similar between the MEC and MPPC, but the BfM 
communities were significantly different.   

 
Figure 86.  Microbial community structure at the order level for anode suspension (AnS), 
biofilm of chamber side (BfC), and biofilm of membrane side (BfM) in the MEC and MPPC at 
the end of operation.  

 
The dominant phylotype in AnS was Bacteroidales, which includes bacteria well-known for 
carrying out hydrolysis and fermentation of complex organics (Jia et al., 2013; Rismani-Yazdi et 
al., 2013).  For the BfC in both systems, Desulfuromonadales and Desulfobacterales were 
dominant orders.  Geobacter, unclassified Pelobacteraceae, and unclassified Desulfobulbaceae 
were dominant at the genus level.  These genera contain species that typically are found in anode 
biofilms (Jia et al., 2013; Kiely et al., 2011; Torres et al., 2009; Wang et al., 2014). 
 
Despite being at the same anode surface, the BfM communities were different from the BfC 
communities of each system, and the two BfM communities (MEC vs MPPC) were very 
different from each other.  Natranaerobiales was the most abundant phylotype in the MEC BfM, 
with Dethiobacter (Family Anaerobrancaceae) and unclassified Anaerobrancaceae being the 
largest fractions at the genus level, 23 and 25%, respectively.  Dethiobacter alkaliphilus, which 
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is 96% similarity to the representative sequence in the MEC BfM, is an obligate anaerobe that 
uses H2 as an electron donor and thiosulfate, elemental sulfur, and polysulfide as electron 
acceptors in high-pH (~10) and high-salt (~0.6 M of sodium) environments (Sorokin et al., 
2008). 
 
In contrast, Oceanospirillales and Rhizobiales were predominant in the MPPC BfM, and 
Halomonas and Parvibaculum were the largest fractions at the genus level, 17 and 16%, 
respectively.  Halomonas species are aerobes living in saline conditions.  Some species, such as 
Halomonas salaria sp. and Halomonas denitrificans sp., have a yellow or brown-yellow color 
(Kim et al., 2007) that corresponded to the appearance of the membrane-side anode at the end of 
the experiments with the MPPC, shown in Figure 45.  Parvibaculum lavamentivorans DS-1 also 
is an aerobe known for biodegrading synthetic laundry detergents (e.g., linear 
alkylbenzenesulfonate, LAS) (Schleheck et al., 2011). 
 
The different community structures of BfM from BfC in the MEC and MPPC correlate to the 
very different environments of the cathode chamber.  In particular, BfM in the MPPC included a 
majority of aerobic bacteria, since O2 and H2O2, which can degrade to O2, diffused through the 
air-cathode and AEM.  Although H2O2 and O2 diffusion was not significant enough to change the 
microbial community structure of AnS and BfC or divert electron flow away from anode 
respiration (similar CRs of ~30%, Figure 85), it profoundly altered the BfM community.   
 
Low energy requirement. With a 6-hour cathode HRT that produced ~230 mg H2O2 L-1 in the 
MPPC, the cathode potential was around -0.5 V (vs. Ag/AgCl).  Since the anode potential was 
fixed at -0.3 V (vs. Ag/AgCl), the applied voltage was 0.2 V, resulting in ~0.87 kWh per kgH2O2 
for ~1 A m-2 current density.  This value is consistent with the ~1 kWh per kg H2O2 measured by 
Young et al. (2016) using the same reactor design (flat-plate MEC), but fed with acetate as the 
electron donor.  This energy requirement for H2O2 production is relatively low compared to other 
published studies using actual wastewaters:  2.5-78 kWh per kg H2O2 using real wastewater 
(Modin and Fukushi, 2012; Modin and Fukushi, 2013; Arends et al., 2014; Sim et al., 2015) and 
similar to when using synthetic wastewater (acetate) of ~0.93, 3, and 0.659 kWh per kg H2O2 
(Rozendal et al., 2009; Modin and Fukushi, 2013; Chen et al., 2014).  The low energy input can 
be attributed to the relatively small distance (~1 cm) between the anode and cathode, which 
minimized the energy loss of ion transport (Young et al., 2016; Ki et al., 2016). 
 
Modin and Fukushi (2013) demonstrated production of > 9 g L-1 of H2O2 (highest concentration 
reported so far using MPPC fed with acetate) with a rate of > 11 g L-1 d-1.  However, they needed 
a high energy input, ~3 kWh per kg H2O2.  Even though we demonstrate that we can produce 
H2O2 at ~1 kWh per kg H2O2, H2O2 can be theoretically produced with the production of power 
or at least with little or no energy input (Rozendal et al., 2009; Young et al., 2016).  A systematic 
investigation of cell design and materials (e.g., membranes, catalysts) may lead to a higher 
concentration of H2O2 with lower or zero net energy input (Young et al., 2016).  The energy 
input for H2O2 production using MPPC would be a significant improvement compared to 
conventional H2O2 production methods:  2-10 kWh per kg H2O2 by AO and 4-5 kWh per kg 
H2O2 by electrochemical technologies (Althaus et al., 2007; Goor et al., 2000; Eul et al., 2001; 
Foller and Bombard, 1995).  However, continuous H2O2 production in an MPPC using real 
wastewater needs to be studied and optimized in the future. 
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In summary, we demonstrated H2O2 production using PS in a flat-plate, dual-chambered MPPC. 
The maximum H2O2 concentration achieved ∼230 mg/L in 6 h of batch catholyte operation, but 
H2O2 net-decomposed for longer catholyte times; the main cause of H2O2 loss was reaction with 
carbonate ions that moved from the anode to the cathode and to diffusion of H2O2 from the 
cathode to the anode. The energy requirement for H2O2 production was relatively low, ∼0.87 
kWh per kgH2O2, compared to other H2O2-producing microbial electrochemical cells using real 
wastewater. While the MPPC and an MEC achieved ∼30% Coulombic recovery, the Coulombic 
efficiency was ∼12% higher in the MPPC than in the MEC due to lower TCOD removal from 
suppression of methanogenesis in the MPPC. Even though the microbial communities of the 
anode suspension and anode biofilm for both cells were similar, aerobic bacteria were significant 
only on the side of the anode facing the membrane in the MPPC. The presence of aerobic 
bacteria and the suppression of methanogenesis in the MPPC support that H2O2 diffused to the 
anode side. 
 
Transport of ions across the membranes was of importance in producing H2O2 when using real 
wastewater. When we use an AEM, carbonate and bicarbonate ions can move from the anode to 
the cathode; if we were to use a cation-exchange membrane (CEM), other cations, such as K+, 
Na+, and metals, would diffuse from the anode to the cathode to maintain electroneutrality. 
Transport of the cations would bring about two possible negative effects: (1) lowering the pH 
below an acceptable threshold for anode respiring bacteria (ARB) and (2) accelerated 
H2O2 decay with metal catalysis. 

 
5.6.3. Primary sludge-fed MPPC (single-chamber MPPC, sMPPC) 
 
Effect of separator for sludge treatment. Figure 87 details the results of the mass balances of 
input to and output from the sMPPC for various experimental designs.  In Figure 87, electrons 
captured on anodes (i.e, CR) are similar at ~20% using both GF and SPF.  COD and VSS 
removals also were similar at ~50% and ~55%, respectively (Table 21).  The values met one of 
two requirements for Class B biosolids (> 38% of volatile solids).  The use of the GF and SPF 
separators yielded effluents with similar levels of total coliforms, but the SPF effluent was 
shown to have a ~30-fold reduction in fecal coliforms when compared to the GF filter effluent.  
This indicates two effects; (1) H2O2 produced at the cathodes was likely transported to the anode 
chamber more efficiently through the SPF than through the GF and (2) anode respiration is not 
affected by H2O2 based on the Coulombic recovery and efficiency (Table 21) as well as the 
current density (Figure 88).  Efficient transport of H2O2 from the cathodes to the anode chamber 
in the sMPPC equipped with SPF is likely be due to its larger pores, increasing H2O2-to-
pathogen contact with a reduced decay of H2O2.  The Ohmic resistance between the anode and 
cathode decreased also when changing from GF to SPF, from 5.4 to 2.2 Ohms, supporting an 
increased transport through the SPF as compared to the GF.  There are several mechanisms of 
H2O2 decomposition: metal catalysis, material degradation, carbonate ion catalysis, and 
hydroperoxyl anion (HO2

-) migration (Ki et al., 2017b).  
 
In GF-equipped-sMPPC, slow diffusion of H2O2 or HO2

- along with a high pH might result in 
H2O2 decay with carbonate coming from the anode chamber as described in the previous study 
(Ki et al., 2017).  On the other hand, there was higher reduction of pathogens in the SPF-
equipped-sMPPC despite the same anodic performance including CR, CE, COD and VSS 
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removal.  The value of fecal coliform in the PS effluent with SPF was met with Class B biosolids 
(< 2 x 106 CFU or MPN per gram of biosolids, dry-weight basis) (US EPA, 2003).  

  
Figure 87.  COD-based mass balances of PSin and PSout in three experiments at 6-day HRT.  
Particulate is the solids fraction of PS; soluble is the soluble fraction of PS; e- recovered is 
accumulated Coulombs; Other is the unaccounted fraction of PS.   
 
Table 21.  Summary of performances in single- and dual-chambered MPPCs. 

MPPCs sMPPC (this study) dMPPC* Exp. GF-Closed SPF-Closed SPF-Open 
CR % 20 (±1) 19 (±2) 0 31 (±1) 
CE % 35 (±3) 38 (±6) 0 64 (±3) 

COD removal % 56 (±4) 49 (±8) 17 (±7) 49 (±1) 
VSS removal % 61 (±5) 52 (±5) 28 (±8) 43 (±4) 

Total 
coliform 

MPN 
/GDW 

6.3x107 

(±4.5x106) 
5.6x107 

(±4.0x107) 
2.9 x 108 

(±3.5x107) - 

Fecal 
coliform 

MPN 
/GDW 3.91 x 106 1.2 x 105 

(±1.2x104) 
1.4 x 107 

(±4.0x106) - 

* Operating conditions: 9-day HRT, 8 gCOD/L and 4 gVSS/L as influent PS, 0.89 gCOD/L/d 
and 0.44 gVSS/L/d as organic loading rate (Ki et al., 2017) 
MPN: most probable number  
GDW: gram of solids, dry-weight basis 
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Figure 88. Current densities under stabilized conditions at 6-dayHRTs in the sMPPC equipped 
with GF or SPF filter.  
 
Closed vs open circuit at 6-day HRTs. We operated the sMPPC at 6-day HRT in open-circuit 
condition (no current production) to investigate how much current recovery and H2O2 produced 
contributed to PS destruction.  When equipped with the SPF, SPF-Closed and SPF-Open are 
comparable (Figure 87).  PS destruction still occurred through anaerobic hydrolysis or aerobic 
oxidation with O2 from air-cathodes despite relatively lower COD and VSS removals (17 and 
28%, Table 21).  Since no CH4 was produced, a possible COD sink at the anode, we hypothesize 
that most of the unaccounted COD decrease in SPF-Open is due to aerobic degradation.  If we 
assume a similar O2 diffusion rate occurred in the other experiments, then we propose ~13% of 
PS-COD were degraded only with the contribution of H2O2 produced in the sMPPC.  Except the 
electron consumption by ARB, the degradation of PS-COD might have resulted from 1) 
mineralization with H2O2 or reactive oxygen species (ROS or radicals) derived from H2O2 or 2) 
oxidation by O2 after breaking down from H2O2.  
 
This is the first demonstration of sludge stabilization with H2O2 produced in a sMPPC fed with 
PS.  The SPF-filter equipped sMPPC had 19% of CR, 38% of CE, 49% of COD removal and 
52% of VSS removal along with 1.2 x 105 MPN/gram dry solid of fecal coliform at 6-day HRT 
(5 gCOD/L/day or 2.7g VSS/L/day).  Sludge stabilization met the requirement of Class B 
biosolids.  The microbial consortium of the sMPPC worked capturing energy for H2O2 
production and treated and stabilized PS in better effluent sludge quality.  
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5.7  Engineering Design and Life Cycle Analysis 
 
5.7.1. Engineering Design of a Pilot-Scale MPPC 
The main objective of this task was to develop an engineering design for a pilot-scale MPPC that 
can be demonstrated under ESTCP.  To achieve these objectives, the following subtasks were 
conducted and are described in the following sections: 

• Develop the design concept for the MPPC. 
• Develop a design basis for the MPPC concept. 
• Prepare engineering drawings and specifications suitable for pilot-scale system 

fabrication by a design-build contractor. 
 

Engineering design concept.  The conceptual design for the pilot-scale MPPC is illustrated in 
Figure 89.  This conceptual design is based on multiple fluidized-bed reactors in series with 
recycle and has several attributes that are intended to promote solids flow, distribution, residence 
time and hydrolysis; mass transfer; COD removal; operational flexibility; and ease of operations 
and maintenance.  Blackwater is pumped to the first subreactor and enters it from the bottom 
through a liquid distributor.  The recycle pump flow rate is adjusted to induce an upward water 
velocity in each subreactor.  An optimal upward velocity is one that:  1) keeps most of the solids 
suspended, and 2) maximizes solids retention time in the subreactors.  By achieving these two 
goals, the solids settling and deposition in each subreactor is minimized and solids hydrolysis is 
maximized.  The water containing some of the partially hydrolyzed solids overflows a weir in the 
first subreactor into a downcomer.  This water and solids mixture then enters the second 
subreactor for further treatment.  Additional subreactors are used to achieve treatment goals.  

 
Multiple electrode modules are situated in each subreactor (Figure 89b).  Two electrode modules 
are shown as an example only, and further discussion on their design and construction is 
presented below.  The electrode modules oxidize the BW and reduce water to hydrogen 
peroxide.  Catholyte is pumped into each electrode module and hydrogen-peroxide containing 
catholyte exits for subsequent use (e.g., GW oxidation or disinfection).  
 

Specific process-mechanical attributes of the design concept include: 
• Modular construction to promote scalability. 
• Closely spaced and removable electrode modules to maximize cathode area per unit 

volume and simultaneously facilitate maintenance and management of accumulated 
solids.  

• Controllable recycle rate to optimize solids hydrolysis, mixing, and energy consumption. 
• Minimization of head loss through each subreactor to enable use of gravity-overflow 

weirs between subreactors rather than pumps. 
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Figure 89.  Conceptual design of the pilot-scale MPPC showing (a) multiple fluidized bed 
subreactors in series with recycle and (b) a single fluidized bed subreactor containing electrode 
modules.  The number of subreactors and electrode modules are for illustration only and do not 
reflect the actual pilot-scale MPPC design.  
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The concept for the electrode module is illustrated in Figure 90.  The concept is based on the 
laboratory MPPC design described previously.  Details are provided in later sections, while a 
general overview is presented here.  The expanded titanium mesh serves as an inert and rigid 
current collector with high open area that presses against the carbon cloth anode.  This is the face 
that is in contact with the upward-flowing BW.  The carbon cloth is separated from the catholyte 
flow cell by an ion exchange membrane.  Catholyte is pumped into a port in the top of the 
catholyte flow cell and hydrogen peroxide-laden catholyte exits a second port.  Adjacent to the 
catholyte flow cell is the cathode constructed of carbon cloth with a Vulcan carbon catalyst.  In 
the middle of the electrode module sandwich is a porous spacer that promotes air flow and 
oxygen reactions at the cathode surface.  
 

 
 
Figure 90. Cross section of MPPC electrode module concept. Point of view is in the X direction 
as illustrated in Figure 89a above. 

 
Solids settling is an important issue that was identified during laboratory testing.  Laboratory 
reactors used a magnetic stir bar to keep the solids suspended which is not practical for a pilot-
scale or full-scale system.  Mechanical mixing systems are commercially available but involve 
moving parts that are subject to failure and require regular maintenance.  Hydraulic mixing is 
often used in full-scale anaerobic digesters successfully.  Fluidization of the solids can be 
induced by an upward liquid velocity gradient.  Validation of the fluidization concept involved 
laboratory experiments to estimate BW settling velocities. 

 
Estimation of Blackwater Settling Velocity.  PS was used to estimate the BW settling velocity.  
The method of Gerges et al. (1999) was followed.  It involved placing PS (250 mL) in a 
graduated cylinder and measuring COD in samples 5 cm from the top of the water level.  Figure 
91 shows the COD removal efficiency along with fit to the model: 
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𝐸𝐸𝐸𝐸𝐸𝐸 = 𝐸𝐸𝐸𝐸𝐸𝐸𝑚𝑚𝑚𝑚𝑚𝑚(1 − 𝑒𝑒−𝜆𝜆𝜆𝜆)       (Eqn. 27) 
 

where, Eff is the removal efficiency, Effmax is the maximum removal efficiency (ratio of 
nonsettleable COD to initial COD and assumed to be 0.75), λ is the settling parameter, and t is 
the settling time. λ was estimated to be 0.024 min-1.  
 
A frequency distribution of settling velocities was then developed Figure 92.  As a design basis, 
we decided that 85% of the solids must be fluidized which translates to a settling velocity of 0.53 
cm/min.  This value was used to size the recycle flow rate as described below. 

 

 
Figure 91. Relationship between settling time and particulate COD removal efficiency. 

 
Figure 92. Frequency distribution of settling velocity and COD-based solids fraction. 

 
Engineering Design Basis. The design basis was developed for a system capable of treating 
blackwater and producing hydrogen peroxide that could be used to treat graywater.  
 
Anticipated wastewater composition and treatment requirements.  Estimates for wastewater 
composition is challenging and varies widely.  Anticipated wastewater composition with respect 
to COD, BOD5, and TSS was evaluated using a variety of data sources.  These sources included 
engineering handbooks, USEPA publications, journal articles, theses, and engineering reports.  
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The results are summarized in Table 22.  A conservative estimate of 10,000 mg/L volatile 
suspended solids (VSS) was used as the design basis.  
 
Table 22. Graywater and blackwater composition documented in a selection of the literature. 

Wastewater 
type 

Source COD (mg/L) BOD5 (mg/L) TSS (mg/L) 

Blackwater European vacuum toilets 
(Wendland, 2008)  

9,500 to 19,000 NA NA 

Blackwater Nature park toilets (Oarga, 
2013)  

1,700±700* to 
2,700±1,000 

1,100±580 to 
1,500±6000 

720±160 to 
1,700±680 

Blackwater Vacuum toilets 
(Elimitwalli, 2006)  

10,000±8,900 to 
39,000±20,000  

NA NA 

Blackwater Vacuum toilets (de Graaff, 
2010)  

7,700 to 9,800 NA NA 

Blackwater Vacuum toilets (Wendland 
et al., 2007)  

8,700±3,980 NA NA 

Blackwater Naval shipboard (Lerke et 
al., 2010)  

NA 780 to 1,700 2,100 to 3,500 

Blackwater U.S. Septage (US EPA, 
1984)  

1,500 to 703,000 
(average 31,900) 

440 to 78,600 
(average 6,480) 

310 to 93,000 
(average 
12,900) 

Blackwater Lodging house (Atasoy et 
al., 2007)  

1,200  406  560  

Blackwater Housing area (Palmquist 
and Hanaeus, 2005)  

806 to 3,100 410 to 1,400** 920 to 4,300** 

Blackwater Cruise ship (CDM Stmith, 
2000)  

NA 1,950 1,510 

Graywater Lodging house (Atasoy et 
al., 2007)  

245 90 48 

Graywater Bath and shower (Atasoy 
et al., 2007)  

100 to 200 50 to 100 NA 

Graywater Hand basin (Atasoy et al., 
2007)  

263 109 NA 

Graywater Shower (Atasoy et al., 
2007)  

109 59 NA 

Graywater Housing area (Palmquist 
and Hanaeus, 2005)  

495 to 680 350 to 500*** 570 to 700** 

Graywater Cruise ship (CDM Stmith, 
2000)  

NA 153 to 270 85 to 170 

Combined 
black and 
graywater  

Naval shipboard (Lerke et 
al., 2010) 

NA 530 to 1,300 700 to 2,400 

Combined 
black and 
graywater 

Untreated domestic strong 
wastewater 

(Tchobanoglous et al., 
2003)  

1000 400 350 

*± Reported standard deviation. 
**Total solids 
***BOD7 
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Treatment requirements depend on ultimate end use and disposition.  Treated water that is 
discharged to surface water will need to meet requirements of the USEPA National Discharge 
Pollution Elimination System (NPDES).  Blackwater is highly concentrated and laboratory 
results typically showed about 50% destruction of organics.  Therefore, meeting NPDES permit 
limits was not considered reasonable.  Rather, stabilization was elected as the goal in general 
accordance with EPA Part 503 biosolids regulations. Specifically, these regulations stipulate 
38% volatile solids destruction for vector attraction reduction assuming the treated BW was land 
disposed in an area that would be restricted from human contact. This goal was selected as the 
design basis for this design.  
 
Process engineering calculations. Engineering calculations were conducted to finalize the design 
basis and estimate reactor size and performance.  These calculations are included in Appendix B 
and results are summarized in Table 23.  

 
Table 23. MPPC design basis summary. 

Parameter  Units Value Notes 
VSS influent  mg/L 10,000 Conservative assumption for blackwater 
Minimum VSS removal % 38 EPA Part 503 Biosolids rule 
First-order rate constant for VSS day-1 0.1 Based on laboratory experiments 
Hydraulic residence time day 7 Optimal based on laboratory experiments 
Flow rate gal/day 144 Assumed  
Predicted VSS removal % 50 Calculated 
Reactor water volume  gal 1000 Calculated 
Fluidization velocity cm/min 0.53 Equal to laboratory-determined solids 

settling velocity 
Number of subreactors - 6 Assumed  
Recycle ratio (Qreactor/Qinfluent) - 10 Assumed 
Subreactor flow rate gpm 1.0 Calculated 
Recycle flow rate  gpm 0.9 Calculated 
Current density A/m2 4 Based on laboratory experiments 
Area per electrode module (both 
sides) 

ft2 24 Based on 3-ft by 4-ft electrode module  

Total number of cathodes  - 36 Calculated 
Number of cathode modules per 
subreactor 

- 6 Calculated 

Catholyte flow rate in each 
electrode module 

mL/min 190 Calculated 

Total catholyte flow rate gpm 1.8 Calculated 
Current delivered to each electrode 
module (both anode-cathode pairs) 

A 9 Calculated 

Total delivered current A 324 Calculated 
Controlled anode voltage relative to 
reference electrode  

V 0.2 to 0.5 
± 0.05 

Based on laboratory experiments 

Hydrogen peroxide concentration 
generated 

mg/L 380 Calculated 
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Engineering Design Drawings and Specifications 
Process and instrumentation.  The main components of the MPPC are subreactor tanks, 
electrode modules and associated reference electrodes, catholyte tankage and pumps, and recycle 
pump.  In addition, provisions using the generated hydrogen peroxide to treat GW in a separate 
tank was also included.  The design builds upon the concept presented above in Figure 93.  
Figure 93 is a process flow diagram (PFD) for the system, and Figures 94 and 95 are process and 
instrumentation diagram (P&ID) and associated legend for the system.  

 
 
Figure 93. Simplified process flow diagram. 

 
The PFD simply shows that BW is treated by the MPPC conceptually described above, and 
hydrogen peroxide is generated in catholyte that is then used to treat GW in a separate tank.  The 
P&ID provides additional details of the physical process including all process equipment and 
pumps, shows the instruments, and shows how the information flows around the system.  Major 
process equipment and pumps in addition to the MPPC (labelled microbial fuel cell reactor on 
the drawing) include: 
 

• Feed pumps for black (PMP-103) and gray (PMP-100) for conveying wastewater to 
the process. 

• Self-cleaning strainers for BW (STR-133) and GW (STR-130) to remove grit and 
larger particulates. 

• MPPC recycle pump (PMP-106). 
• Catholyte concentrate tank (TNK-150) for manual preparation of the concentrated 

catholyte. 
• Catholyte pump (PMP-102) for conveying the concentrate to the catholyte 

equalization tank (TNK-152). 
• Blend pump (PMP-101) for conveying GW to be used for diluting the catholyte. 

Alternatively, potable water can be used for dilution. 
• Static mixer (MXR-131) and strainer (STR-132) for the diluted catholyte. 
• Pumps for catholyte deliver to (PMP-104) and from (PMP-105) the MPPC. 
• Mixer (MXR-134) and reaction tank (TNK-155) for mixing hydrogen peroxide-laden 

catholyte with GW and providing residence time and storage. 
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The P&ID also shows the instruments (e.g., flow rate, pressure, temperature) and controls (e.g., 
flow control, high/low level) for the system.  The destination / source of all signals (analog [solid 
triangle] and digital [open triangle]) is represented at the top of the drawing.  In addition, the 
electrical connections to the anodes, cathodes and reference electrodes (Ag/AgCl) are shown.  
 
Local and remote monitoring of flow rates, pressures, liquid levels, temperature, current and 
voltage are shown as well as control of motor operation, flow rates, strainer cleaning, and 
electrode potentials.  The control architecture drawing (Figure 96) provides a conceptual 
visualization of how the components of the system are connected on the network.  The 
boundaries of the physical locations are shown in dashed lines.  
 
A Keithley 2750 digital multimeter will be used as the data acquisition tool and will be 
connected to the operator workstation for data storage and analysis. The 2750 is designed to 
sense low voltages; leads from the fuel cells are connected directly to expansion cards which 
plug in to the back of the 2750. 7708 multiplexer module expansion cards will be used to provide 
sufficient I/O channels. For current measurement, a shunt with known resistance will be installed 
in the anode lead and the voltage drop across it measured. The current channels will be 
programmed in the Keithley to divide the measured voltage by the known resistance to calculate 
current. 
 
KickStart control software from Keithley will be installed on the Operator Workstation to view, 
process, and export the recorded data. The software can be configured to record data at specified 
intervals to collect “snapshots” of the process over time. It can also be automated to export data 
to the hard drive of the operator workstation at specified times.  
 
The Vision 1040 PLC/HMI with I/O expansion card V200-18-E3XB from Unitronics will collect 
the flowrate, temperature, pressure and liquid level data from the process sensors and output 
them to the Keithley 2750. The main purpose of the PLC is to communicate with the influent 
pumps over ethernet: sending start/stop and speed commands and receiving fault, running, and 
speed feedback commands. A low flow alarm will be configured in the PLC to shut down the 
pump should the flowrate remain below a configurable set point for a configurable time.  
 
The Vision HMI graphics will display the flowrates, pressures, temperature, currents and 
voltages. An alarm screen will show flow, level, and pressure alarms that are user-configurable.  
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Figure 94. Process and instrumentation diagram for the MPPC system. 
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Figure 95. Process and instrumentation legend. 
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Figure 96. Control architecture. 
 



 
 

Mechanical engineering design. The general approach to mechanical design was to have a modular system that is easily maintainable 
with removable electrode modules. Figure 97 shows plan, elevation, and isometric views of the reactor tank showing the 6 subreactors 
and 36 electrode modules.  

 

 
 

Figure 97. Plan, elevation, and isometrics views of the MEC reactor showing six subreactors, each preceded by a downcomer, and an 
effluent sump (right). Inlet and outlet valves are shown as well as drain valves for each downcomer, subreactor, and sump.



 
 

 
Figures 98 and 99 are isometric drawings of a subreactor from two perspectives.  

  

 
Figure 98. Isometric cutaway view (tank bottom and sides removed for clarity) of a single MEC 
subreactor showing the upstream downcomer wall with distribution holes located near the 
bottom, six electrode modules (light blue) with structural supports (pink) allowing for easy 
electrode removal from above, an overflow weir (green), and electrode floor supports (red) used 
to adjust the electrode height as necessary. 
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Figure 99. Isometric cutaway view of the MPPC subreactor shown above from a different 
perspective. 
 
Figure 100 shows not-to-scale sketches further illustrating the electrode module design and 
manufacturing sequence. Figure 101 is a to-scale isometric view of a single electrode module 
and Figure 102 illustrates the individual electrode module components and its manufacturing 
sequence, each component detailed in Figures 103-112.  Figure 113 is a detailed isometric view 
of the electrode module.  

 
 
 



 
 

Step 1 – Spacer, cathode support mesh, and plastic frame 

 
Step 2 – Catholyte flow cell 

 
Step 3 – Cathodes and catholyte flow cells 

 
Step 4 – Anion exchange membrane, carbon cloth anode, and expanded titanium mesh current collector 

 
Step 5 – Sealing gasket, securement angle brackets, and finished electrode module 

 
Figure 100. Electrode module components and manufacturing sequence. For illustration purposes only. Not to scale. Sequence reads each row sequentially. 



 
 

 

 
 

Figure 101. Isometric view of an electrode module illustrating the expanded titanium mesh (light 
blue) and the angle aluminum securement brackets (gray). The securement angle brackets are 
secured by countersunk screws into the plastic support frame. 

 
 

 



 
 

 
 
Figure 102. Expanded view of a single module showing the individual components. 



 
 

The next series of figures show detailed views of the individual components of the module. 
 

 
Figure 103. Plastic frame. 

 
Figure 104. Plastic frame with spacer frame. 
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Figure 105. Plastic mesh. 

 
Figure 106. Cathode sheet 
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Figure 107. Catholyte frame. Catholyte flows through the geonet insets in a serpentine flow pattern. 

 
Figure 108. Ion exchange membrane. 
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Figure 109. Carbon cloth. 

 
Figure 110. Titanium anode. 



145 
 

 
Figure 111. Foam gaskets. 

 
Figure 112. Angle brackets and screws. 
 
Liquid gasket that is compatible with individual components is to be used to coat material edges and provide permeation resistance to 
a minimum of 6 feet water column upon compression of the electrode sandwich by the angle brackets and screws.  



 
 

 

 
 
Figure 113. Isometric and cross-section detail views of the upper corner of an electrode module 
including the plastic frame, plastic spacer frame, plastic support mesh (Industrial Netting 
XN4821 polypropylene mesh; 0.1” x 0.1”; 0.031” thickness; 76% open area), specialized 
cathode (to be specified by others), plastic catholyte flow cell with inlet port, ion exchange 
membrane (Membranes International AMI-7001), carbon cloth (to be specified by others), 
expanded titanium mesh current collector (Stanford Materials or equivalent), neoprene closed-
cell foam gasket (0.25” thickness), and aluminum angle securement bracket (6061 aluminum 90° 
angle stock; 0.125” thickness; 1.25” wide x 1.25” high). The mesh material emplaced in the 
spacer frame (GSE Hypernet Geonet 250 MIL; 0.25” thickness) is not shown.  
 
Electrical engineering design.  Each The most intricate aspect of the electrical engineering 
design is current and/or potential control of the electrodes. Additional design aspects include 
wiring and interconnection details to ensure impedance losses are negligible; power distribution 
to motors, instruments and control devices and other appurtenances; and design of enclosures 
and conduit to ensure compliance with the National Electrical Code. The focus of this section is 
on the current/potential control. Other aspects are easily addressed by a qualified design-build 
contractor. 
 
The design current for each electrode module 9 A. There are two anode-cathode pairs in each 
electrode module thus the design current for each anode-cathode pair is 4.5 A. The design 
potential – measured across the anode and the reference electrode – is - 0.2 to - 0.5 V ± 0.05V.  
Two approaches can be taken: voltage control or current control.  Each will be discussed below. 
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A low-cost potentiostat is required for practical voltage control.  ASU has conducted a 
preliminary design of such as potentiostat illustrated in Figure 114. This potentiostat is 
theoretically capable of delivering 5A current.  

 

 

 
Figure 114. Potentiostat design. Top diagram: Bipolar junction transistors (Darlington pairs) 
used are TIP125 and TIP122 with a gain of -2000 to 3000 and a maximum current rating of 
5A(max). The low cost potentiostat unit (Voltage divider + voltage follower + proportional-
integral controller) requires 0-18V voltage source that can supply up to 5A current.; Bottom 
diagram: Op-amp circuit of PI controller, this is used to regulate anode(A)- reference(R)  (A-R) 
voltage to match to a set-point.  
 
Testing results of the above circuit using 1ohm resistor as load are presented in Figure 115. and 
illustrate good voltage control. A DC bias of about 0.08V exists because of the shifter circuits 
used in the measurement. Standard deviations in measurements are 0.0011V and 000826V for 
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1V tracking and for 0.5 V tracking respectively.  The delivered current for these tests was 
measured through a 1-Ohm resistor. 

 
Figure 115. Test results of the potentiostat design. Set-point tracking results; There is a dc bias (~ 
0.08V) because of shifter circuits (used in the measurement). 

 
Current control.  The objective of this circuit was to control potential. We can optimize a 
current related objective by continuously adjusting the set points to the potentiostat circuit. To 
control current, we would need to use the reactor model along the lines of the model predictive 
control paradigm (Rawlings and Mayne, 2009).  An individual controller would be required for 
each anode-cathode pair totaling 36 controllers. The wiring schematic for a single electrode 
subreactor containing six electrode modules is illustrated in Figure 116. 

 

 
Figure 116. Wiring schematic for a single electrode module.  
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5.7.2  LCA Results and Discussion 
 
Capital Costs.  The results of each alternative’s capital costs are summarized in Figure 117.  
Operations and maintenance costs were not directly analyzed as part of this assessment.  A full 
life cycle cost analysis would provide a more holistic view of the cost of each scenario.  
 
As expected, the highest capital cost per cubic meter treated water (functional unit) scenario is 
the MPPC, due to the increased cost of the MPPC itself.  A savings in cost per cubic meter 
treated water is seen at the battalion scale for the MFC and MPPC scenarios; however, the cost is 
slightly higher at the battalion scale for CT because of the increase complexity in the scenario, as 
opposed to pit burning in the company scale.  

 

 
Figure 117. Summary of capital cost per cubic meter treated water for each WWT scenario and 
scale. 
 
LCA.  Endpoint results comparing all scales and WWT scenarios are illustrated in Figures 118 
and 119.  With regard to all endpoint categories, with the exception of soldier casualties, the CT 
scenario has the highest environmental impact at the company and battalion scales.  This is 
mainly attributed to the positive environmental benefit of the electricity generation in the MFC-E 
scenarios and the H2O2 production in the MPPC scenarios.  However; the positive environmental 
impacts from the H2O2 production outweigh those seen in the MFC-E scenario (electricity 
production), which makes this scenario have the lowest environmental impact of all three.  At the 
midpoint level, the impacts to HH and the ecosystem are dominated by climate change categories 
at both the company and battalion scales, due in great part to the transportation requirements of 
goods to and from the FOB.  
 
With regard to soldier casualties, all scenarios show a similar impact.  The MFC and MPPC 
scenarios produce significantly less biomass, but as seen above in Table 23, the percent solids of 
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the conventional sludge is assumed to be 10%, whereas the MPPC sludge is assumed be to 4% 
solids, giving a similar impact for sludge disposal. 

 

       
 

       
 

Figure 118. Endpoint LCA impact to human health (a) Endpoint LCA impact to the ecosystem (b) 
Endpoint LCA impact to resource depletion (c) Endpoint LCA impact to soldier casualties (d). 
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Figure 119. Midpoint LCA impacts to human health – company scale (a) Midpoint LCA impacts 
to human the ecosystem – company scale (b), Midpoint LCA impacts to human health – battalion 
scale (c) Midpoint LCA impacts to human the ecosystem – battalion scale (d). 
 
Conventional Wastewater Treatment.  
All environmental impacts are lower at the battalion scale when compared to the company scale.  
Midpoint impacts are dominated by impacts to climate change for both HH and the ecosystem.  
This is due to the contribution from transportation of goods to the FOBs, discussed in more detail 
below. 
 
Across all scales, the impact from transportation, including frequent transport of water to the 
FOB for consumption and use by the soldiers, contributes the largest environmental impact.  At 
the company scale, a higher environmental impact is attributed to sludge disposal, which consist 
primarily of pit burning using some form of fuel.  These impacts are seen in use of fuel for the 
burning, which is included in the energy category seen in Figure 120, as opposed to 
environmental impact from sludge disposal to the landfill.  Solids are periodically dredged and 
disposed of at a landfill in these scenarios at both the company and battalion scale; however, at 
the battalion scale, it was assumed that solids would only be disposed of once during the 1 year 
time frame of this assessment due to the nature of solids accumulation in the facultative and 
aerated lagoons.  Similar patterns are seen in impacts to HH, ecosystem and resource impacts for 
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all scales with a more significant impact to fossil fuel depletion, as seen in the company scale.  
To show of the percent contribution of each LCA category to the overall LCA impact, the 
breakdown of each LCA category for each scale is shown in Figure 120. 

 
MFC with Electricity Production 
Similar to CT, the battalion scale has a lower impact when compared to the company scale.  The 
same patterns are seen at the midpoint due to the large contribution from transportation.  At both 
scales, the benefits from the production of electricity is seen.  As stated in the boundary 
conditions, impacts from effluent discharge were not included in this LCA.  The impact from 
capital construction goods has a higher percent contribution at the smaller scale.  This can be 
explained by economy of scale. 

 
MEC with Hydrogen Peroxide Production 
As was the case for CT, as well as the MEC for electricity production, the battalion scale has a 
lower overall environmental impact when compared to the company scale. Midpoint impacts are 
again dominated by climate change due to transportation, which is the case for all scenarios and 
scales.  The negative impact of peroxide production is seen, which is included in the ‘chemicals’ 
category in Figure 120, and is significantly higher than the negative environmental impact of 
electricity generation in the MFC-E scenarios.  The impact from capital goods has a higher 
contribution at the company scale than at the battalion due to economy of scale. 
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Figure 120. Human health LCA impacts by category – company scale (a) Ecosystem LCA impacts 
by category – company scale (b), Resource depletion LCA impacts by category – company scale 
(c). 

     
 

 
 

Figure 121. Human health LCA impacts by category – battalion scale (a) Ecosystem LCA impacts 
by category – battalion scale (b), Resource depletion LCA impacts by category – battalion scale 
(c). 
 

Recommendations 
This LCA provides the basis for future LCIA and cost work.  At the beginning of this task, it was 
assumed that feasible treatment trains could also be assessed for FOBs at the brigade and 
division scales.  Additionally, it was assumed that the treatment trains could also be modified to 
achieve adequate treatment for non-potable water to be reused at the FOBs.  Through this initial 
assessment, it was determined that at these larger scales the amount of package units that would 
be required to treatment the increased flow would make the cost of these applications infeasible.  
Additionally, due to the volume of effluent, disinfection would be required at the larger scales, 
which is not comparable to the smaller scales in which the effluent volume would not require 
disinfection.  At this point, the team decided not to include the larger FOB scales in the 
assessment.  Additionally, an enhanced greywater treatment system would be required following 
the MEC and MFC scenarios.  The team selected the Aquacell GX20A module for GW treatment 
(PHOENIX Process Equipment Co., Louisville, KY) for this application, but it was determined 
through discussions with vendor that this unit could not achieve the 30/30 effluent water quality 
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standards.  As such, GW treatment and subsequent nonportable water reuse at the FOBs was not 
included in this assessment.  During future phases of work, research should be done on feasible 
treatment processes that could be included in the treatment trains for MFC and MPPC scenarios 
that are capable of achieving 30/30 effluent standards.  Additional effort could be put into how 
larger scale plants would feasibly be built in remote FOB locations and how those would 
compare to smaller FOB installations.  A significant reduction in environmental and social 
impacts could be seen from the application of water reuse at the FOB sites.  
 
Cost results indicate that the MEC-H2O2 scenario has the highest cost per cubic meter treatment 
water.  Additional studies could be done on how to minimize MEC costs so that this treatment 
alternative becomes more economically viable, when compared to conventional or MFC 
alternatives.   
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6. CONCLUSIONS AND IMPLICATIONS FOR FUTURE RESEARCH 

Our research not only demonstrates the feasibility to produce hydrogen peroxide from 
blackwater using a microbial fuel cell, but it also shows that high rates and production 
efficiencies are possible.  The microbial fuel cell efficiently treats the blackwater with or without 
the aid of the hydrogen peroxide produced.  However, higher quality and rates are achieved 
through the aid of hydrogen peroxide.  The development of this technology can change 
approaches at forward operating bases and at municipal wastewater treatment plants by having 
an in situ chemical production of a strong oxidant for treatment. 
 
In Task 2, semi-continuous pre-fermentation of PS was evaluated as a means to avoid direct 
solids addition to the MPPC.  A 3-day SRT (= HRT) pre-fermentation led to more VFA 
accumulation and less methane production.  However, the overall recoveries from the sludge 
were low (Figure 34a), which led to experiments with direct addition of sludge into the MPPC.   
Through the direct sludge addition, HRT was a key parameter that we optimized.  We show that 
MPPCs can operate at significantly lower HRTs when compared to anaerobic digesters.  The 
maximum current density exceeded 2 A m-2 for the 6- and 9-day HRTs, and the CR was the 
highest with an 9-day HRT (34%).  A VSS reduction of ~60% shows similar or better 
performance than anaerobic digestion.  Also, we developed a non-steady-state mathematical 
model, MYAnode, which integrates the chemical and biological processes in the bulk liquid of 
the microbial fuel cell with substrate utilization and current production in the anode biofilm. 
MYAnode is able to predict similar behavior between methanogens and anode respiration, 
stressing the importance of pH and influent methanogens into the expected performance of the 
reactor.  Based on these results, other studies focused largely on a 6-9 day HRT in MPPCs. 
 
With anode processes optimized, a material characterization required to design MPPCs was 
performed. Vulcan carbon with a Nafion binder provided chemical stability in the presence of 
H2O2 while producing minimal activation overpotentials compared to tested catalysts. Stability 
tests with an anion-exchange-membrane (AEM) stability tests established AMI-7001 as the 
optimal membrane to resist H2O2 degradation and promote long-term MPPC performance due to 
its high structural integrity.  These materials were used in Tasks 6 and 7 for the construction and 
optimization of MPPC prototypes.  Our first MPPC produced H2O2 at a concentration as high as 
3.8 g L−1 during continuous operation when fed with acetate as substrate. These concentrations 
are much higher than those needed for disinfection and micropollutant removal and with low 
power input (1.1 Wh g−1 H2O2). The MPPC's Ohmic overpotentials were small – 69 Ω cm2 – and 
the cathode performed well using a simple NaCl catholyte with a 1- to 4-h HRT and no 
stabilizers. Thus, continuous H2O2 production in an MPPC is achievable if materials are 
optimized for compatibility with and production of H2O2. 
 
Our optimized MPPC was also able to produce H2O2, with a maximum H2O2 concentration 
achieved ∼230 mg/L.  The lower current densities and degradation within the cathode chamber 
explain the lower concentrations obtained.  The MPPC achieved ∼30% Coulombic recovery for 
primary sludge in these studies.  On the other hand, a single-chambered MPPC had only a 
Coulombic recovery of 19%, since the H2O2 aided in COD removal, which reached 49%, along 
with a 52% of VSS removal.  The high rates of VSS destruction in the single-chamber MPPC  
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at a 6-day HRT (5 gCOD/L/day or 2.7g VSS/L/day), along with a low fecal coliform 
concentration (1.2 x 105 MPN/gram dry solid), confirm that the MPPC is an excellent alternative 
for sludge stabilization, meeting the requirements of Class B biosolids.   
 
In summary, the MPPC technology has proven to reliably obtain significant treatment and solids 
reduction from municipal primary sludge used as a surrogate for blackwater.  Better and faster 
treatment is achieved if the H2O2 produced is delivered directly to the anode chamber, where 
sludge treatment occurs.  cathodic H2O2 production efficiency was as high as 78%, although at 
lower H2O2 of 1.02 g/L, partly because of degradation H2O2 within the cathode at longer HRTs.  
Thus, our report compiles a comprehensive knowledge of optimum materials and design for an 
MPPC that achieves the major goals of the project: efficient blackwater treatment and efficient 
production of H2O2 at near energy-neutral conditions. 
 
Based on our research results, we developed a pilot-scale design that takes into consideration the 
major hurdles regarding solids treatment, cathodic flow for H2O2 collection, and power 
management.  The design closely resembles our laboratory prototypes, while using cheaper 
alternatives available at larger scale.  Despite this, our LCA economic analysis shows a 
significantly higher capital cost in our MPPC treatment when compared to conventional 
treatment.  While benefits of H2O2 production and lower energy consumption can offset capital 
costs, our future research should focus on finding lower-cost materials with similar performance 
to the ones used in our laboratory.  
 
The cathodic HRT was the most crucial parameter affecting the effluent H2O2 concentration and 
its production efficiency.  The MPPC design also plays an important role in the HRT and 
concentration.  A smaller cathode chamber can reduce the HRT without affecting the effluent 
concentration, which depends on the cathode surface area and current density.  Future studies 
should take our learnings to re-optimize the MPPC design to the specific current density 
achievable and desired H2O2 concentration desired. 
 
Finally, we performed an initial effort to compare MPPCs and MFCs with conventional 
treatment for FOBs through LCA.  This is a first effort that definitely requires a more extensive 
analysis in order to correctly determine the impacts of this new technology when compared to 
existing approaches.    
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APPENDIX A 

Integrate results into MFC kinetic models (Task 2) 

  



Application of the Proton Condition  

A general form of the complexation reaction is defined in reference to the components: 

∑ νijĈj ↔ P̂i

Nc

j=1

 

(Eqn. 1) 

where νij is the stoichiometric coefficient giving the number of moles of component j in complex 

i, Ĉ is the chemical formula for component j (listed in the first row of Table A.2), and P̂ is the 

chemical formula for complex i (listed in the first column of Table A.2), and Nc is the number of 

components in the system.  For example, in row 1 of Table A.2 one mole of H+ and one mole 

CH3COO- produce one mole of CH3COOH, or the reaction H+ + CH3COO- ↔ CH3COOH.  The 

following are the component species in MYAnode:  H+, CH3COO-, HPO4
2-, HCO3

-, NO2
-, NH4

+, 

NO3
-, Na+, and Cl-.   

 Since the complexation reactions generally achieve thermodynamic equilibrium very 

rapidly, the concentration of complexes and components satisfy the law of mass action: 

pi = βi
c ∏ υijcj

Nc

j=1

 

(Eqn. 2) 

where pi is the concentration of complex i (M/L3), cj is the concentration of component j (M/L3), 

and βi
c is formation constant of complex i adjusted for the solution’s ionic strength (thus, the c 

coefficient).  The units of βi
c vary depending upon the reaction stoichiometry.  Several textbooks, 

including Snoeyink and Jenkins (1980) and Benjamin (2015), discuss correcting formation 

constants for ionic strength. 

 The law of mass conservation requires that the total aqueous concentration of component 

j must equal the sum of component j and all complexes i in the system for all components in the 

system, or 

Cj = cj + ∑ υijpi

Np

i=1

       j = 1, … , Nc 

(Eqn. 3) 

where Cj is the total analytical concentration of component j and Np is the total number of 

complexes associated with component j.  For example, the mass conservation equation for 

bicarbonate is  

CHCO3
− = pH2CO3

+ cHCO3
− + pCO3

2− 

(Eqn. 4) 

The value of Cj is always a positive value.   

The PC has a key advantage in biological systems in that the tracking of protons 

integrates well with oxidation-reduction reactions, which produce and consume H+ ions.  

Variations in H+ can be used to determine changes in pH.  (Eqn. 3) is expanded to include 

protons 

CH+ = cH+ + ∑ υiH+pi

Np

i=1

 



(Eqn. 5) 

where CH+ is the total analytical concentration of H+ defined in reference to the component 

species and cH+is the concentration of uncomplexed H+ which is represented by the solution pH.   

Since υiH+pi represents the amount of protons in reference to the component species i, CH+ can 

be a positive or negative value.  Since electrochemical reactions result in electrical charge taking 

different paths in the anode and cathode chambers, the PC is useful in the anode biofilms for 

estimating ionic current production at the anode and ionic migration (i.e., the impacts of ion 

transport due to an electric field) calculations. 

 Since the total analytical concentration is sufficient for calculating the concentrations of 

all components and complexes, I follow the precedent of previous works and use the total 

aqueous concentrations of the components as the primary dependent variables for pH and 

transport, while treating the complexes as secondary variables and calculating their values for 

biological reactions as needed (Steefel and McQuarrie 1996; Parkhurst and Appelo 1999; Van 

Briesen and Rittmann 1999).  Chemical complexation reactions are generally much faster than 

biological reactions; thus, they are treated as instantaneous values rather than time dependent 

variables. 

Table A.1. Acid-base reactions and pKa information 

Reaction pKa
 a 

CH3COOH ↔ CH3COO- + H+ 4.76 

H2CO3 ↔ HCO3
- + H+ 6.35 

HCO3
- ↔ CO3

2- + H+ 10.33 

H3PO4 ↔ H2PO4
- + H+ 2.14 

H2PO4
- ↔ HPO4

2- + H+ 6.77 

HPO4
2- ↔ PO4

3-  + H+ 11.57 

NH4
+ ↔ NH3 + H+ 9.25 

HNO2 ↔ NO2
- + H+ 4.50 b 

H2O ↔ H+ + OH- 14.00 
a From Snoeyink and Jenkins (1980) unless otherwise stated 
b From da Silva et al. (2006) 

  



Table A.2.  The tableau method illustrating the relationship between components and complexes for reaction and transport as 

described for the proton condition.  Blank cells are equal to zero. 

Complexes Components  Charge D (cm2/d) 

a H+ CH3COO- HPO4
2- HCO3

- NO2
- NH4

+ NO3
- Na+ Cl-  

CH3COOH 1 1         0 1.05 

H3PO4 2  1        0 1.00b 

H2PO4
- 1  1        -1 0.83 

PO4
3- -1  1        -3 0.71 

H2CO3 1   1       0 1.66 

CO3
2- -1   1       -2 0.80 

HNO2 1    1      0 1.00b 

NH3 -1     1     0 1.00b 

             

Charge +1 -1 -2 -1 -1 +1 -1 +1 -1    

D (cm2/d)a N/A 0.94 0.66 1.02 1.65 1.69 1.64 1.15 1.76    
a From Haynes et al. (2011) 
b Value not available -- assumed value 

  



Biofilm kinetics modeling 

 

 The maximum specific growth rate in the biofilm (q̂Xf; M/L3-t) was adjusted using 

Nernst-Monod kinetics (Marcus et al. 2007; Torres et al. 2008a): 

q̂Xf at E =  q̂Xf

1

1 + exp (−
F

RT
(E − EKA))

 

(Eqn. 6) 

where F is Faraday’s constant (96485 C/mol), R is the idea gas constant (8.314 J/mol K), T is 

temperature (K), and EKA (V) is the potential at which half of the maximum specific growth rate 

is achieved. 

Within an ARB biofilm, two phenomena dictate the transport of ions:  mass transport via 

diffusion and migration due to the induced electric field.   The total flux of an ion, Jion (M/L2-t), 

within the system is described as 

Jion,k = Jdiff,k + Jmig,k 

(Eqn. 7) 

where k is the ion (component or complex), Jdiff is the diffusion flux (M/L2-t), and Jmig is the 

migration flux (M/L2-t). Diffusive flux of components j and complexes i through the biofilm is 

described by Fick’s law 

−Jdiff,j = Dj

∂cj

∂x
+ ∑ (Di

∂pi

∂x
)

Nx

i=1

 

(Eqn. 8) 

where Jj is the total flux of component j (M/L2-t), D is the diffusion coefficient (L2/t), x is the 

spatial coordinate (L), and Nx is the number of complexes.  Since there can be large variations, I 

assign independent diffusivities for each complex and component.  Derived in Marcus et al. 

(2010), migration of ions is due to changes in the electrostatic potential through the biofilm and 

is described as 

Jmig,k = zkckDkE∗ 

(Eqn. 9) 

where z is the charge of ion k, c is the concentration (M/L3), and E* is the apparent electric field 

(1/L).  E* can be calculated from  

E∗ =
F

RT
E 

(Eqn. 10) 

where E is the electric field (V/L), F is Faraday’s constant (96485 C/mol), R is the ideal gas 

constant (8.314 CV/K-mol), and T is temperature (K).   

 

  



Supplemental Figures 

 

            (a)                                                                     (b) 

 
(c)                                                                                 (d) 

 
 

Appendix A Figure A1.  Effluent TSS, VSS, and SCOD concentrations at a 12-day HRT for 

hydrolysis rate 0.12/d and:  (a) Xm = 1 mgVSS/L, (b) Xm = 10 mgVSS/L, (c) Xm = 25 mgVSS/L, 

and (d) Xm = 100 mgVSS/L.  Effluent TSS, VSS, and SCOD concentrations at a 12-day HRT for 

hydrolysis rate 0.25/d and:  (e) Xm = 1 mgVSS/L, (f) Xm = 10 mgVSS/L, (g) Xm = 25 mgVSS/L, 

and (h) Xm = 100 mgVSS/L. 

 

 

 

  



 

 

        (e)                                                                      (f) 

 
                        (g)      (h) 

 
 

Appendix A Figure A1 continued.  Effluent TSS, VSS, and SCOD concentrations at a 12-day 

HRT for hydrolysis rate 0.12/d and:  (a) Xm = 1 mgVSS/L, (b) Xm = 10 mgVSS/L, (c) Xm = 25 

mgVSS/L, and (d) Xm = 100 mgVSS/L.  Effluent TSS, VSS, and SCOD concentrations at a 12-

day HRT for hydrolysis rate 0.25/d and:  (e) Xm = 1 mgVSS/L, (f) Xm = 10 mgVSS/L, (g) Xm = 

25 mgVSS/L, and (h) Xm = 100 mgVSS/L. 

 

 

 

 



 

 

 

 

 

 

 

 

 

Appendix B 

Engineering Design Calculations 



ESTCP ASU MXC Design

1.0 Purpose/Objective

Design fluidized bed reactor for black water stabilization and H2O2 production

2.0 Procedure
Calculate reactor size/dimensions required to keep blackwater solids suspended via upflow
fluidization. Consider solids hydrolysis rates, desired volatile solids destruction, and optimal
residence time. Use assumptions and data from ASU to develop design. 

3.0 References/Data Sources
ASU laboratory data demonstrating:

1) Settling velocity is 0.53 cm/min 
2) First order hydrolysis rate constant of 0.1/d
3) Optimal residence time is 7 days

4.0 Assumptions
Primary sludge settling velocity based on results from ASU.

vreactor 0.53
cm
min



Assume influent VSS is 10,000 mg/L

VSSin 10000
mg
L



EPA 503B rule for Class B biosolids requires 38% volatile solids destruction for vector reduction.
ASU has been able to get 50% VSD. 

ASU has determined rate constants for hydrolysis of about 0.1/d

k
0.1
day



Assume fluidized bed reactor operates as a plug flow reactor and apply first-order kinetics
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ESTCP ASU MXC Design

5.0 Calculations

For a plug flow reactor where dC/dτ = -kC where τ is space time or V/Q. 

Assume pilot system has a flow rate of 144 gal/day (0.1 gpm) and a full-scale system is for a battalion
with 3150 gal/d. Just calculate pilot system for now.

Qin 144
gal
day



Fix HRT based on ASU data

τ 7day

This is the wetted reactor volume. It does not include
volume of anode/cathode modules and return-flow
downcomers (see below).

Vreactor Qin τ 1008gal

Solving plug flow equation:

VSSout VSSin exp k τ( ) 4965.853
mg
L



Calculate volatile solids destruction. 

This is similar to what ASU has been getting and
is greater than 38% so OK.VSD

VSSin VSSout 
VSSin

50.3415 %

Now calculate reactor dimensions to get fluidization. The reactor dimensions will be a function of
the reactor flow rate which is defined as the recycle ratio times the influent flow rate. Assume the
recycle ratio is 10. 

Recycle 10

Qreactor Qin Recycle 1 gpm

Calculate recycle flow rate

Qrecycle Qreactor Qin 0.9gpm
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ESTCP ASU MXC Design

Now calculate the total reactor area (i.e., cross-sectional area for flow). First we need to define the
reactor dimensions as shown below. There will be multiple subreactors (sub) where flow is upward.
X, Y, and Z are defined in the figures. The white spacers inbetween the subreactors are downcomers
to allow flow to go from one subreactor to the next while maintaining upward flow.

The cross sectional area to flow is the XY cross section in the above figure.

Asub
Qreactor

vreactor
7.6879 ft2

Calculate the total reactor length (i.e., length with respect to fluid flow) based on required
reactor volume. This is the Z direction multiplied by the number of modules

Lreactor.flow.path
Vreactor

Asub
17.5276ft

Assume we have multiple subreactors in series rather than one very tall reactor. Assume each
module is 3 ft tall (wetted height). 

Lz.wetted 3ft

Now calculate number of subreactors in series

Nsub round
Lreactor.flow.path

Lz.wetted









0








6
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ESTCP ASU MXC Design

The sketch below illustrates the concept with 6 subreactors. The
downcomers and the recycle stream are also shown.

The following sketch illustrates a single subreactor along with  adjacent downcomers and electrode
modules. The water flow path is also shown.
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ESTCP ASU MXC Design

Now calculate the wetted subreactor dimensions. Assume the X dimension (Lx) is 4 ft for the pilot.
Calculate the Y dimension for water flow (additional width will be calculated for the electrode
modules later. 

Lx.sub 4ft

Ly.sub.flow
Asub

Lx.sub
23.0637 in

Now calculate the anode/cathode module requirements.

First calculate the area of a single module. Define the area as one side of the module.

Amodule.side Lz.wetted Lx.sub 12 ft2

The area of both sides of the module is:

Amodule 2 Amodule.side 24 ft2

Calculate the number of modules by determining the total current for COD reduction in
combination with the current density.

First convert TSS to COD. Assume 1.6 g COD per g TSS

CODremoved VSD VSSin 1.6 8054.6351
mg
L



Calculate COD removal mass rate

RCOD CODremoved Qin 3.049
gm
min



Calculate electron flow via COD reduction to hydrogen peroxide (2 e-/mol)

F 96485.3329
C

mol
 Faraday constant

Assume conversion efficiency from COD to current

ηCOD.current 50%

ICOD RCOD
mol

32gm






 4
mol
mol







 F ηCOD.current 306.4426A
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ESTCP ASU MXC Design

Assume rate limiting current density of anode/cathode 

Idensity 4
A

m2


Calculate total anode/cathode area for reactor

Amodules
ICOD

Idensity
824.6301ft2

Calculate total number of modules required in overall reactor

Nmodules round
Amodules

Amodule









0








34

Calculate the current per module

Imodule
ICOD

Nmodules
9.013A

Calculate number of modules per subreactor

Nmodules.per.subreactor round
Nmodules

Nsub









0








6

The number of modules per subreactor (6) times the number of subreactors (6) is greater than the
number of modules calculated above (35) because of rounding. So recalculate the number of total
modules using the rounded values.

Nmodules Nmodules.per.subreactor Nsub 36

MathCAD V14
c:\cdmxm\evanspj\d2509119\fluidized bed 

Saved 8/29/20172:43 PM Page 6 



ESTCP ASU MXC Design

Each module design is shown below:

Now calculate the module thickness

Thicknessspacer 2.0in

Thicknessanode 0.37mm

Thicknesscathode 1mm assumed 

Thicknessix.membrane 0.45mm Assume Membranes International AMI-7001

Thicknessgeonet 0.25in Assume 250 mil GSE Hypernet Geonet

Thicknesstitanium.mesh 1mm

McMaster Carr 8982K4 or K11Thicknessangle.bracket 0.125in

Thicknessfoam 0.25in McMaster Carr 93375K16

Only 50% of the foam thickness will be on the frame

Thicknessfoam.on.frame 0.5 Thicknessfoam 0.125 in

Ly.module Thicknessspacer 2 Thicknessanode Thicknessix.membrane
Thicknessgeonet Thicknesstitanium.mesh



Thicknessangle.bracket Thicknesscathode


Thicknessfoam.on.frame














 3.222 in
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ESTCP ASU MXC Design

Thickness of plastic frame is thickness above minus the angle bracket

Thicknessplastic.frame Ly.module 2 Thicknessangle.bracket 2.972 in

Calculate spacing between modules and between module and reactor wall (y direction) for flow.
Note the spacing between modules is twice the spacing between the module and the reactor wall.
This is because the former is exposed to 2 anodes and the later only to 1 anode. First calculate the
number of inter-module spaces in each subreactor:

Nintermodule.spaces Nmodules.per.subreactor 1 5

Now calculate the y dimension between a module and the wall. 

Needs to have enough
space for solids flow.

Ly.flow.wall
Ly.sub.flow 

2 2 Nintermodule.spaces  1.922 in

The spacing between modules is established as twice this value because the water will be exposed to
twice the anode area and theoretically twice the wastewater flow can be treated.

Ly.flow.between.modules 2 Ly.flow.wall 3.8439 in
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ESTCP ASU MXC Design

Calculate surface area to volume ratio and compare to ASU lab value of 40 m2/m3. 

AV
Amodules

Vreactor
20.0778

1
m



Now calculate total subreactor width (Ly.sub) including wetted dimension and module.

Ly.sub Ly.sub.flow Nmodules.per.subreactor Ly.module 3.533 ft

Assume downcomer Lx is 6 inches 

Lx.downcomer 6in

Calculate velocity

vdowncomer
Qin

Ly.sub Lx.downcomer  0.0001
ft
s

 Will not cause headloss

Total reactor length in the X direction including downcomers and the sump (assumed to be 1 ft) is:

Lreactor Nsub Lx.sub Lx.downcomer  1ft 28 ft

From the figure above, the geonet is the place where the catholyte is and H2O2 is produced.
Calculate the liquid volume of the geonet compartment in a single module. 

Thicknessgeonet 0.25 in

Voidgeonet 80% Assumed

There are 2 geonets per module, so calculate the catholyte volume in each module

Vcatholyte.module Lx.sub Lz.wetted Thicknessgeonet 2 Voidgeonet 2.9922 gal

Assume catholyte hydraulic residence time in each module 

tmodule 1hr

Assume catholyte flows to each module in parallel

Calculate catholyte flow rate in each module and for the entire reactor

Qcatholyte.module
Vcatholyte.module

tmodule
188.779

mL
min


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ESTCP ASU MXC Design

Qcatholyte.reactor Qcatholyte.module Nmodules 6796.0432
mL
min



Calculate catholyte velocity in geonet. Assume a serpentine flow (i.e., up and down) through geonet
sections that are isolated with baffles. 

Assume the width of each geonet section is 4.4375 inches.

Wgeonet.section 4.4063in

Specify slop between geonet section edge and frame edge

Slopgeonet
1in
32

0.0313 in

Space between baffles:

spacebetween.baffles Wgeonet.section 2 Slopgeonet 4.4688 in

The entire width of the geonet frame is the width of the electrode module frame minus the electrode
module frame thickness.

Thicknessframe 0.5in

Wgeonet.frame.available Lx.sub 2 Thicknessframe 47 in

Specify baffle thickness

Thicknessbaffle 0.125in

Nbaffles 9

Ngeonet.sections 10

Wgeonet.frame Nbaffles Thicknessbaffle Ngeonet.sections spacebetween.baffles
2 Thicknessframe

 46.813 in

Calculate liquid velocity in geonet

Velocitygeonet
Lz.wetted Ngeonet.sections

tmodule Voidgeonet
0.0104

ft
s

 Too low to cause head loss
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ESTCP ASU MXC Design

Now calculate H2O2 production rate and concentration. First calculate mass of H2O2 produced per
unit mass of COD destroyed.

Stoichelec.H2O 4
mol
mol

 ηCOD.current 0.5FWO2 32
gm
mol



FWH2O2 34
gm
mol

 Stoichelec.H2O2 2
mol
mol

 ηcurrent.H2O2 0.8

MH2O2.COD
Stoichelec.H2O ηCOD.current ηcurrent.H2O2 FWH2O2

FWO2 Stoichelec.H2O2
0.85

gm
gm



Now calculate rate of H2O2 production

RH2O2 RCOD MH2O2.COD 2.5917
gm
min



Now calculate H2O2 concentration

CH2O2
RH2O2

Qcatholyte.reactor
381.3483

mg
L

 < 1/4 of what has been observed.

MathCAD V14
c:\cdmxm\evanspj\d2509119\fluidized bed 

Saved 8/29/20172:43 PM Page 11 



ESTCP ASU MXC Design

Design of inlet distribution system. Use orifice equation from Perry. Beta is 0 because of infinite
expansion.  

Qreactor 1 gpm
Make actual holes 0.75 inches to allow for 10 gpm flow. Use grommets to
reduce size to 0.25 in for 1 gpm flowDorifice 0.25in

Aorifice π

Dorifice

2








2
0.0003 ft2
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ESTCP ASU MXC Design

Assume on orifice for each intermodule space and also between the end modules and the
subreactor walls.

Norifice Nintermodule.spaces 2 7 Note the previous drawing shows only 3 orifices.

This velocity will help to move particles in the x
direction.

vorifice
Qreactor

Norifice Aorifice
0.9337

ft
s



C 0.62 This is a typical value for the orifice coefficient

ρ 8.34
lb

gal


Note gc is not needed because
Mathcad does internal unit correction.

Ploss.orifice
vorifice

C








2
ρ

2
 0.0153

lbf

in2


Calculate pressure loss in inches of water

Ploss.orifice.in.wc Ploss.orifice
34ft( )

14.7
lbf

in2








 0.4238 in

Pressure losses will be incurred for each subreactor entrance. Calculate the total head loss for
the subreactors. Assume loss in downcomer and over weirs at subreactor exits are negligible.

Ploss.total Ploss.orifice.in.wc Nsub 2.5429 in

Need to include a safety factor for unaccounted losses and for orifice fouling. Assume 1 in
loss for each subreactor for a total loss of 6 in. So make reactor height 1 ft greater than
wetted height.

Lz Lz.wetted 1ft 4 ft
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ESTCP ASU MXC Design

Design Summary

Reactor components

Number of subreactors Nsub 6

Number of downcomers is equal to the number of subreactors

1 sump at end

Reactor operating conditions

Wastewater flow rate Qin 0.1gpm

Recycle flow rate Qrecycle 0.9gpm

Reactor flow rate Qreactor 1 gpm

Hydraulic residence time based on wastewater influent flow rate τ 7 day

Catholyte flow rate in each module Qcatholyte.module 188.779
mL
min



Total catholyte flow rate Qcatholyte.reactor 1.7953 gpm

Reactor dimensions

Subreactor width Ly.sub 3.533 ft

Lx.sub 4 ftSubreactor length

Subreactor height Lz 4 ft

Downcomer length Lx.downcomer 6 in

Lreactor 28 ftTotal reactor length

Number of electrode modules Nmodules 36

Number of electrode modules per subreactor Nmodules.per.subreactor 6

Electrode module length Lx.sub 4 ft

Lz.wetted 3 ftElectrode module height

Electrode module width Ly.module 3.222 in

Current in each module Imodule 9.013A

MathCAD V14
c:\cdmxm\evanspj\d2509119\fluidized bed 

Saved 8/29/20172:43 PM Page 14 
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Ash to landfill

Table 1- Influent Criteria- Combined Gray/Black

Check Design Parameter Value Units Reference
Black Water Flow 0.000788 mgd Company

Black Water COD 8,350 mg/L

Black Water TSS 4,600 mg/L

Ash Production 30% EPA Biosolids Technology Fact Sheet, 1992: Approximately 65-75% of solids are combustable

Gray Water Flow 0.00446 mgd Company

Gray Water COD 285 mg/L

Gray Water TSS 215 mg/L Assumed Gray Water TSS concentration (average) based on literature survey

Table 2- Working Mass Balance Table

Check Node Description Flow (mgd) BOD5 (mg/L) COD (mg/L) COD Load (lb/d) TSS (mg/L) TSS (lb/d) Notes

B1 Black Water Influent 0.000788 4175 8,350 55 4,600 30

B2 Black Water Effluent 0.000788 4175 8,350 55 4,600 30 Assumed no removal

B3 Ash to Landfill

- - - - - 9

Assume 70% destruction. EPA Biosolids 

Technology Fact Sheet, 1992: Approximately 65-

75% of solids are combustable

G1 Gray Water Influent 0.004463 142.5 285 11 215 8

G2 Gray Water Effluent 0.004463 142.5 285 11 215 8 Assumes no removal

1- Conventional Treatment (Company - CT)

WW Holding 

Tank

Influent

(Black Water)

Burn Pits/Drums w/o Treatment

B1 B2 B3

WW Holding 

Tank

Influent

(Gray Water)

Drying Pits/Land Disposal w/o Treatment

G1 G2

a



Design Parameter Value Units Reference/Notes

 Flow Rate 0.021 mgd Gray and Black Water

Influent TSS 875 mg/L

Effluent TSS 90 mg/L Effluent can be <30 mg/L to >  150 mg/L  - EPA Facultative Lagoon Fact Sheet

Effluent TSS Loading Rate 16 lb/day

Total Solids Influent Loading 55,935 lb/year

VS Loading Rate 39,155 lb/year Assume VSS/TSS = 0.7

FS Loading Rate 16,781 lb/year Assume FSS/TSS = 0.3

Total Solids Undegraded 32,442 lb/year Assume 60% VSS destruction

Cell Yield 10% Assumed for aerobic/facultative

Cell Yield 1402 lb/year For growth on COD

Total Solids Accumulation in Lagoon 28,092 lb/year Undegraded solids plus cell yield minus discharged solids

Sludge Wasting 14 dry tons/year

Sludge concentration 10% Assumed

Sludge Volume 33,683 gallons/year assume 10% solids and density of 8.34 lb/gal

Facultative Pond Sizing

HRT 3 days Wastewater Engineering, Metcalf&Eddy, 4th Ed, pp. 840-854

Volume 0.097 mg include volume for HRT and annual solids accumulation

12,926 ft3

 Depth 10 ft

Area 1,293 ft
2

Dual Powered Lagoon - COD Removal

Design Parameter Value Units Reference/Notes

CODin - Aerated Lagoon 1500 mg/L

k rate constant -0.5 day^-1 Wastewater Engineering, Metcalf&Eddy, 4th Ed, pp. 840-854

HRT 3 days Wastewater Engineering, Metcalf&Eddy, 4th Ed, pp. 840-854

CODout - Aerated Lagoon 335 mg/L

CODout Loading - Aerated Lagoon 58.62 lb/d

COD Removal Efficiency 77.69 % removed

CODin - Facultative 335 mg/L  

k rate constant -0.2 day^-1 Assumed to be 20% of aerated lagoon rate constant

HRT 3 days Wastewater Engineering, Metcalf&Eddy, 4th Ed, pp. 840-854

CODout- Facultative 184 mg/L

BOD5 out - Facultative 91.8 mg/L Assumed to be 50% of COD

COD Effluent Loading Rate- Facultative 32.17 lb/d

Mass Loading Rates Summary

COD In 263 lb/d

CODout - Aerated Lagoon 59 lb/d After three days (SRT = HRT)

CODout- Facultative 32 lb/d After three days (SRT = HRT)

COD Removed (6 days retention) 231 lbs After six days

COD Removed per day 38 lb/day

1-Conventional Treatment without Water Reuse 

(Battalion)

Influent

(Gray/Black)

To 

Surface 

Water

Aerated Lagoon Facultative Lagoon

b

1- Conventional Treatment (Battalion - CT)



Table 1- Performance Criteria- Combined Gray/Black

Design Parameter Value Units Reference
Influent Flow 0.00525 mgd Battalion

MFC Influent COD 1,500 mg/L Combined Gray/Black Water- Assumed BOD is 50% of COD

Assumed % COD Removal 80% Penn State University research study

Assumed Rate Constant (k) 4.0 1/day Penn State University research study

Calculated MFC Effluent COD 300 mg/L

Calculated HRT 10 hrs Based on 1st Order Kinetics  Ct=Co*e^(-kt)

MFC Influent TSS 875 mg/L Combined Gray/Black Water

Influent VSS/TSS 70% Assumed

MFC influent VSS 613 mg/L

MFC VSS Removal 60% Assumed

MFC VSS Removed 368 mg/L

MFC Yield 5% TSS lb/lb COD removed Assumed for anaerobic

MFC Yield 60 mg/L VSS VSS contributed by growth on COD

MFC FSS effluent 263 mg/L

MFC VSS effluent 305 mg/L Undegraded VSS plus cell yield

MFC TSS effluent 568 mg/L

Clarifier COD Removal % 0.45 M&E 4th ed. P. 405, figure 5-46 primary settler

Clarifier TSS Removal % 0.60 M&E 4th ed. P. 405, figure 5-46 primary settler

Clarifier COD effluent 165 mg/L

Clarifier TSS effluent 227 mg/L

Clarifier Sludge 4.0% Typical Gravity Thickening Performance per Wastewater Engineering, Metcalf&Eddy, 4th Ed, Pg. 1489

Clarifier sludge removal 45 gal/day

Table 2- Working Mass Balance Table

Node Description Flow (mgd) BOD (mg/L) COD (mg/L) COD Load (lb/d) TSS (mg/L) TSS (lb/d)
A Screenings Influent 0.005250 750 1,500 66 875 38

B MFC Influent 0.005250 750 1,500 66 875 38

C MFC Effluent 0.005250 150 300 13 568 25

D Clarifer Effluent 0.005205 83 165 7 227 10

E Plant Effluent 0.005205 83 165 7 227 10

F Sludge Withdrawal 0.000045 40,000 15

G Screenings Assumed to be negligible

G

F
Disposal

a

2- MEC with Electricty Generation (Company - MEC-E)



Table 1- Performance Criteria- Combined Gray/Black

Design Parameter Value Units Reference
Influent Flow 0.02100 mgd Battalion

MFC Influent COD 1,500 mg/L Combined Gray/Black Water- Assumed BOD is 50% of COD

Assumed % COD Removal 80% Penn State University research study

Assumed Rate Constant (k) 4.0 1/day Penn State University research study

Calculated MFC Effluent COD 300 mg/L

Calculated HRT 10 hrs Based on 1st Order Kinetics  Ct=Co*e^(-kt)

MFC Influent TSS 875 mg/L Combined Gray/Black Water

Influent VSS/TSS 70% Assumed

MFC influent VSS 613 mg/L

MFC VSS Removal 60% Assumed

MFC VSS Removed 368 mg/L

MFC Yield 5% TSS lb/lb COD removed Assumed for anaerobic

MFC Yield 60 mg/L VSS VSS contributed by growth on COD

MFC FSS effluent 263 mg/L

MFC VSS effluent 305 mg/L Undegraded VSS plus cell yield

MFC TSS effluent 568 mg/L

Clarifier COD Removal % 0.45 M&E 4th ed. P. 405, figure 5-46 primary settler

Clarifier TSS Removal % 0.60 M&E 4th ed. P. 405, figure 5-46 primary settler

Clarifier COD effluent 165 mg/L

Clarifier TSS effluent 227 mg/L

Clarifier Sludge 4.0% Typical Gravity Thickening Performance per Wastewater Engineering, Metcalf&Eddy, 4th Ed, Pg. 1489

Clarifier sludge removal 180 gal/day

Table 2- Working Mass Balance Table

Node Description Flow (mgd) BOD (mg/L) COD (mg/L) COD Load (lb/d) TSS (mg/L) TSS (lb/d)
A Screenings Influent 0.021000 750 1,500 263 875 153

B MFC Influent 0.021000 750 1,500 263 875 153

C MFC Effluent 0.021000 150 300 53 568 99

D Clarifer Effluent 0.020820 83 165 29 227 39

E Plant Effluent 0.020820 83 165 29 227 39

F Sludge Withdrawal 0.000180 40,000 60

G Screenings Assumed to be negligible

b

G

F
Disposal

2- MEC with Electricty Generation (Battalion - MEC-E)



.

Table 1- Performance Criteria- Black Water Treatment in MFC

Check Design Parameter Value Units Reference
Influent Flow 0.000788 mgd Company Blackwater

MFC Influent COD 8,350 mg/L Black Water Only - Assume BOD is 50% of COD

COD Removal 80% Assumed to be equal to Penn State study

Assumed Rate Constant (k) 0.19 1/day Arizona State University research study

Calculated MFC Effluent COD 1670 mg/L

Calculated HRT 8.5 days Based on 1st Order Kinetics  Ct=Co*e^(-kt)

MFC Influent TSS 4,600 mg/L

Influent VSS/TSS 70% Assumed

MFC Influent VSS 3,220 mg/L

MFC VSS Removal 60% Assumed

MFC Yield 5% TSS lb/lb COD removed Assumed for anaerobic

MFC Yield 334 mg/L

MFC FSS effluent 1,380 mg/L

MFC VSS effluent 1,622 mg/L

MFC TSS effluent 3,002 mg/L

Gray Water Flow 0.004463 mgd

Gray Water Influent COD 285 mg/L

Gray Water Influent TSS 215 mg/L Assumed Gray Water TSS concentration (average) based on literature survey

Gray Water COD Load 11 lb/day

O2 Load from H2O2 18 lb/day

COD removal efficiency 90% Assumed based on relative H2O2 and COD load

H2O2 reaction tank effluent COD 29 mg/L

H2O2 reaction tank effluent TSS 215 mg/L Assumed to have no net removal 

Clarifier influent Flow 0.005251 mgd

Clarifier influent COD 275 mg/L

Clarifier influent TSS 633 mg/L

Clarifier COD Removal % 45% Wastewater Engineering, Metcalf&Eddy, 4th Ed, P. 405, Figure 5-46

Clarifier TSS Removal % 60% Wastewater Engineering, Metcalf&Eddy, 4th Ed, P. 405, Figure 5-46

Clarifier effluent COD 151 mg/L

Clarifier effluent TSS 253 mg/L

Clarifier Sludge 4.0%  Wastewater Engineering, Metcalf&Eddy, 4th Ed, Pg. 1489

Table 2- Working Mass Balance Table

Check Node Description Flow (mgd) BOD (mg/L) COD (mg/L) COD Load (lb/d) TSS (mg/L) TSS (lb/d)
A Screenings Influent 0.000788 4,175 8,350 55 4,600 30

B MFC Influent 0.000788 4,175 8,350 55 4,600 30

C MFC Anode Eff 0.000788 835 1,670 11 3,002 20

D Clarifier Influent 0.005251 137 275 12 633 28

E Clarifier Eff 0.005200 76 151 7 253 11

F Sludge Withdrawal 0.000050 40,000 17

G, K Screenings

H Gray Water Influent 0.004463 143 285 11 215 8

I Influent to H2O2 treatment 0.004463 143 285 11 215 8

J H2O2 treatment effluent 0.004463 14 29 1.1 215 8

Table 3 - Hydrogen Peroxide Production

Design Parameter Value Units
CODin 55 lb/d

CODout 11 lb/d

Δ COD 44 lb/d

H2O2:COD 0.85 lb/lb

H2O2 Mass Loading 37 lb/d

O2 Mass Loading 17.5 lb/d

Transfer Efficiency 1.0

Available O2 17.5 lb/d

Annual O2 Available 6,405 lbs/year

Annual H2O2 Available 13,611 lbs/year

Note:

Assume 0.5 mole O2/mole H2O2

Assume O2 is available for direct COD oxidation at in H2O2 reaction tank

Assumed to be negligible

Screenings MFC Reactor

Landfill

3- MFC with H2O2 Production (Company-MFC-H2O2)

Influent

(Black Water)

Odor 

Control

Anode

Cathode

B

G

H2O2

Solution

H2O2

Reaction

Tank

Influent

(Gray Water)

Screenings

To Surface Water
A

H J

C
E

Clarifier

D

F

Sludge Disposal

I

Screenings

Landfill

K

a
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Table 1- Performance Criteria- Black Water Treatment in MFC

Check Design Parameter Value Units Reference
Influent Flow 0.003150 mgd Company Blackwater

MFC Influent COD 8,350 mg/L Black Water Only - Assume BOD is 50% of COD

COD Removal 80% Assumed to be equal to Penn State study

Assumed Rate Constant (k) 0.19 1/day Arizona State University research study

Calculated MFC Effluent COD 1670 mg/L

Calculated HRT 8.5 days Based on 1st Order Kinetics  Ct=Co*e^(-kt)

MFC Influent TSS 4,600 mg/L

Influent VSS/TSS 70% Assumed

MFC Influent VSS 3,220 mg/L

MFC VSS Removal 60% Assumed

MFC Yield 5% TSS lb/lb COD removed Assumed for anaerobic

MFC Yield 334 mg/L

MFC FSS effluent 1,380 mg/L

MFC VSS effluent 1,622 mg/L

MFC TSS effluent 3,002 mg/L

Gray Water Flow 0.017850 mgd

Gray Water Influent COD 285 mg/L

Gray Water Influent TSS 215 mg/L Assumed Gray Water TSS concentration (average) based on literature survey

Gray Water COD Load 42 lb/day

O2 Load from H2O2 70 lb/day

COD removal efficiency 90% Assumed based on relative H2O2 and COD load

H2O2 reaction tank effluent COD 29 mg/L

H2O2 reaction tank effluent TSS 215 mg/L Assumed to have no net removal 

Clarifier influent Flow 0.021000 mgd

Clarifier influent COD 275 mg/L

Clarifier influent TSS 633 mg/L

Clarifier COD Removal % 45% Wastewater Engineering, Metcalf&Eddy, 4th Ed, P. 405, Figure 5-46

Clarifier TSS Removal % 60% Wastewater Engineering, Metcalf&Eddy, 4th Ed, P. 405, Figure 5-46

Clarifier effluent COD 151 mg/L

Clarifier effluent TSS 253 mg/L

Clarifier Sludge 4.0%  Wastewater Engineering, Metcalf&Eddy, 4th Ed, Pg. 1489

Table 2- Working Mass Balance Table

Check Node Description Flow (mgd) BOD (mg/L) COD (mg/L) COD Load (lb/d) TSS (mg/L) TSS (lb/d)
A Screenings Influent 0.003150 4,175 8,350 219 4,600 121

B MFC Influent 0.003150 4,175 8,350 219 4,600 121

C MFC Anode Eff 0.003150 835 1,670 44 3,002 79

D Clarifier Influent 0.021000 137 275 48 633 111

E Clarifier Eff 0.020799 76 151 26 253 44

F Sludge Withdrawal 0.000201 40,000 67

G, K Screenings

H Gray Water Influent 0.017850 143 285 42 215 32

I Influent to H2O2 treatment 0.017850 143 285 42 215 32

J H2O2 treatment effluent 0.017850 14 29 4.2 215 32

Table 3 - Hydrogen Peroxide Production

Design Parameter Value Units
CODin 219 lb/d

CODout 44 lb/d

Δ COD 175 lb/d

H2O2:COD 0.85 lb/lb

H2O2 Mass Loading 149 lb/d

O2 Mass Loading 70.2 lb/d

Transfer Efficiency 1.0

Available O2 70.2 lb/d

Annual O2 Available 25,622 lbs/year

Annual H2O2 Available 54,446 lbs/year

Note:

Assume 0.5 mole O2/mole H2O2

Assume O2 is available for direct COD oxidation at in H2O2 reaction tank

Assumed to be negligible

Screenings MFC Reactor

Landfill

3- MFC with H2O2 Production (Battalion MFC-H2O2)

Influent

(Black Water)

Odor 

Control

Anode

Cathode

B

G

H2O2

Solution

H2O2

Reaction

Tank

Influent

(Gray Water)

Screenings

To Surface Water
A

H J

C
E

Clarifier

D

F

Sludge Disposal

I

Screenings

Landfill

K

b
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Basis of Design and Cost Summary

Alt Scale
Waste

 Stream
Major Process Unit

Dimensions

(varies)

Standard Volume

(gal)

 Standard Cost

($) 

Module Unit Weight

(tons)

Module Unit Power 

(hp)

Energy Production

(kWh/m^3)

Flow Rate

(gpd)

HRT

(days)

Calculated Min. Volume

(gal)

Unit Scale (1 = full 

size)

Scaled Module 

Volume

(gal)

Scaled Module 

Cost

($)

Weekly Run Time

(hr)

Duty Modules

(qty)

Spare Modules

(qty)

Total Scaled 

Modules

(qty)

Total Scaled Weight

(tons)

 Total Scaled Capital 

Costs

($) 

Total Scaled Annual 

Usage

(kW-hr/yr)

Energy Recovery

(kWh/yr)
Gallons of Diesel

1 Company Black
WW Holding Tank -

Poly Tank or Equal

Round Poly Tank

8-ft D x 24-ft L
8,000  $                   20,000 1.5 0.5 - 788 7 5,516 1 8,000  $          20,000 1 0.7 0 1.0 1.5 20,000$                          13 -

1 Company Gray
WW Holding Tank -

Poly Tank or Equal

Round Poly Tank

8-ft D x 30-ft L
18,000 25,000$                    2.5 0.5 - 4,463 2 8,926 0.5 9,000  $          12,500 7 1.0 0 1.0 1.3 25,000$                          68 -

Total: 2.0 2.8 45,000$                      81.1 - 2

1 Battalion Combined Dual Lagoon

1 x Aerobic Pond

30-ft L x 30-ft W x 10-ft D

1 x Falcutative Pond

30-ft L x 30-ft W x 10-ft D

- 250,000$                  - 5 - - - - 1 -  $        250,000 168 1.0 0 1.0 - 250,000$                       32,760 -

Total: - - 250,000$                    32,760 - 814

Headworks Conex Module 18,000 100,000$                  6.5 0.5 - 5,250 0.34 1,785 0.1 1,800  $        100,000 56 1.0 0 1.0 0.7 10,000$                          108

MFC Conex Module 18,000 136,000$                  6.5 1 0.24 5,250 0.40 2,112 0.2 3,600  $        136,000 14 0.6 0 1.0 1.3 27,200$                          64 1,748

Settling Tank Conex Module 18,000 150,000$                  6.5 0.5 - 5,250 0.34 1,785 0.1 1,800  $        150,000 168 1.0 0 1.0 0.7 15,000$                          325

Solids Disposal
Round Poly Tank

8-ft D x 24-ft L
8,000 20,000$                    1.5 0.1 - 45 7 315 0.1 800  $          20,000 0.5 1.0 0 1.0 0.2 2,000$                            0.20

Total: 4.0 2.8 54,200$                      497 1,748 -31

Headworks Conex Module 18,000 100,000$                  6.5 0.5 - 21,000 0.34 7,140 0.5 9,000  $        100,000 56 0.8 0 1.0 3.3 50,000$                          433

MFC Conex Module 18,000 136,000$                  6.5 1 0.24 21,000 0.40 8,450 0.5 9,000  $        136,000 14 0.9 0 1.0 3.3 68,000$                          256 6,990

Settling Tank Conex Module 18,000 150,000$                  6.5 0.5 - 21,000 0.34 7,140 0.5 9,000  $        150,000 168 0.8 0 1.0 3.3 75,000$                          1,299

Solids Disposal
Round Poly Tank

8-ft D x 30-ft L
12,000 25,000$                    2.5 0.2 - 180 7 1,258 0.1 1,200  $          25,000 0.5 1.0 0 1.0 0.3 2,500$                            0.39

Total: 4.0 10.0 195,500$                    1,989 6,990 -124

3 Company Gray GW Holding
Round Poly Tank

8-ft D x 30-ft L
12,000 25,000$                    2.5 0.5 - 4,463 0.5 2,232 0.2 2,400  $          25,000 56 0.9 0 1.0 0.5 5,000$                            203 -

Headworks Conex Module 18,000 100,000$                  6.5 0.5 - 788 0.34 268 0.1 1,800  $        100,000 56 0.15 0 1.0 0.7 10,000$                          16 -

MFC Conex Module 18,000 300,000$                  6.5 1 - 788 8.5 6,675 0.4 7,200  $        300,000 14 0.9 0 1.0 2.6 120,000$                       202 -

Settling Tank Conex Module 18,000 150,000$                  6.5 0.5 - 788 0.34 268 0.1 1,800  $        150,000 168 0.1 0 1.0 0.7 15,000$                          49 -

Solids Disposal
Round Poly Tank

8-ft D x 24-ft L
8,000 20,000$                    1.5 0.1 - 50 7 351 0.1 800  $          20,000 0.5 1.0 0 1.0 0.2 2,000$                            0.2 -

Total: 5.0 4.6 152,000$                    471 - 12

3 Battalion Gray GW Holding
Round Poly Tank

8-ft D x 30-ft L
12,000 25,000$                    2.5 0.5 - 17,850 0.34 6,069 0.5 6,000  $          25,000 56 1.0 0 2.0 2.5 25,000$                          552 -

Headworks Conex Module 18,000 100,000$                  6.5 0.5 - 3,150 0.5 1,575 0.1 1,800  $        100,000 56 0.9 0 1.0 0.7 10,000$                          96 -

MFC Conex Module 18,000 300,000$                  6.5 1.0 - 3,150 8.5 26,683 1.5 27,000  $        300,000 14 1.0 0 1.0 9.8 450,000$                       809 -

Settling Tank Conex Module 18,000 150,000$                  6.5 0.5 - 3,150 0.34 1,071 0.1 1,800  $        150,000 168 0.6 0 2.0 1.3 30,000$                          195 -

Solids Disposal
Round Poly Tank

8-ft D x 24-ft L
12,000 25,000$                    1.5 0.2 - 201 7 1,405 0.2 2,400  $          25,000 0.5 1.0 0 1.0 0.3 5,000$                            0.8 -

Total: 7.0 14.5 520,000$                    1,653 - 41

3 Battalion Black

3 Company Black

2 Company Combined

2 Battalion Combined
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23-Aug-17

End Point Totals

Convention 

w/o reuse

MXC elec w/o 

reuse

MXC h2o2 

w/o reuse

Convention 

w/o reuse

MXC elec w/o 

reuse

MXC h2o2 

w/o reuse

Convention 

w/o reuse

MXC elec 

w/o reuse

MXC h2o2 

w/o reuse

Convention 

w/o reuse

MXC elec 

w/o reuse

MXC h2o2 

w/o reuse

CT MEC-E MEC-H2O2 CT MEC-E MEC-H2O2 CT MEC-E MEC-H2O2 CT MEC-E MEC-H2O2

Company 1.42994E-05 1.33838E-05 1.23178E-05 Company 5.83234E-08 5.61058E-08 5.11709E-08 Company 47.5189559 38.7213564 33.759647 Company 0.0002567 0.00026 0.000261

Battalion 1.3932E-05 1.2377E-05 1.18751E-05 Battalion 5.69842E-08 5.29696E-08 4.94967E-08 Battalion 39.329909 36.4493658 32.5207644 Battalion 0.0002576 0.00026 0.00026

Mid Points
Convention 

w/o reuse

MXC elec w/o 

reuse

MXC h2o2 

w/o reuse

Convention 

w/o reuse

MXC elec w/o 

reuse

MXC h2o2 

w/o reuse

Company

Mid Point CT MEC-E MEC-H2O2 CT MEC-E MEC-H2O2

Climate change human health 1.02E-05 9.85135E-06 8.98238E-06 Climate change Ecosystems 5.79556E-08 5.57985E-08 5.08782E-08

Ozone depletion 2.57E-09 6.62481E-09 1.60158E-08 Terrestrial acidification 1.92658E-10 1.59244E-10 1.51194E-10

Human toxicity 8.27E-07 6.29436E-07 4.61722E-07 Terrestrial ecotoxicity 1.7515E-10 1.48069E-10 1.41486E-10

Particulate matter formation 3.24E-06 2.89634E-06 2.85771E-06

Human Health Ecosystem Resource Depletion Casualties

Human Health Ecosystem

4.4E-08

4.6E-08

4.8E-08

5.0E-08
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5.4E-08

5.6E-08

5.8E-08

6.0E-08
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