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1. SUMMARY

This repcrt presents the results of a pollution abatement program
sponsored by the U.S. Army, Picatinny Arsenal, under Contract
DAAA 21.72-C-0455, The program objective was the initial development
of a novel, rotary regenerative reactor for the abatement of NOx pollu-
tion from nitric acid tail gas. The reactor is based -upon the catalytic
reaction of NOx (and oxygen) with methane, but incorporates internal
heat recovery to circumvent the problems of lightoff, excessive temper-
ature, and necessarily low oxygen concentration which plague the currentiy

available systems.

This initial development program was successful, starting with a
concept and culminating in the operation of a simulated regenerative reactor
and the design of a prototype, pilot-unit reactor to process 100G SCF/hr

of tail gas.

1.1.. The Pollution Abatement Problem

In the manufacture of nitric'acid, ammoria is catalytically burned to
nitric oxide and nitrogen dioxide which are then absorbed in water, pro-
ducing the product acid. The absorption of these nitrogen. oxides by water
is imperfect; therefore, a waste gas containing about 3000 ppm NOx is
discharged irom the absorber tower. This NOx is a serious pollutant and
an important intermediate in photochemical smiog formation; the tail gas
must be chemically treated to minimize the NOx discharged to the atmo-
sphere. Currently available NOx abatement processes have generally not
operated: well. The relatively low operating temperature limitation of
the catalysts, in conjunction with the high temperature required for reac-
tion initiation, is the underlying cause of abatement problems using inex~
pensive methane fuel. The rotary regenerative reactor, developed in
this program, overcomes these problems, In addition, it permits oper-
ation with relatively high oxygen concentrations in the tail gas with max-

imum -control of the process,

1.2, The .Novel Reactor Concept

The heart of the novel reactor is the incorporation of regenerative
heat récovery into the system. The :exothermic heat of .the necessary
methane~oxygen combustion is used to preheat the inlet gases, absorbing
the heat of the reaction from the reacting .gases. Regenerative heat
exchange is ‘capable of high efficiency and is particularly amenable to
the honeycomb catalysts conventionally used in this reacting system. In

essence, the reactor operates like a catalyzed wheel, The reacting
INSTITUTE O F lGA§ TECHNOL OGY
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gases pass over this wheel and reaét on the catalyzed surface, leaving
‘the exothermic heat of reaction in the solids of the wheel. The wheel
is rotated to place the hot solids in the path of the incoming gases, and

the heat is transferred from the wheel into the untreated tail gas.

1.3. Program Achievements

1.3.1. Thermodynamic Analysis

A thermodynamic analysis proved that the NOx in the tail gas should
theoretically decompose to acceptable limits without treatment. However,
in practice, the rate of decomposition is slow. When fuel is added to
the tail gas, the theoretical concentration of the NOx pollutants is de-
creased by several orders of magnitude. Practice has proved that the
abatement reactions can occur over noble metal catalysts. However, the
extremely low -theoretical NO;{ concentrations have not been realized.
Even the achievement of the new Federal pollution standards, equivalent
to 209 ppm NOx, has been difficult, The thermodynamic analysis. also
predicted that-the formation of other possible pollutants — NH;, HCN, and
CO — could be 'held within acceptable limits,

1,3.2. Mathematical Model

A simplified model was derived to predict the temperatures and
reactant concentrations in the novel reactor as functions of the chemical
and physical parameters of the system. Several modes of operation
were modeled: simplée heat exchange, simple reaction, cocurrent regen-
erative reaction, countercurrent operation, and mixed cocurreat and
‘countercurrent flow of reacting gases with the incoming tail gas. The
cocurrent mode of operation proved to be ideal. In this mode, the con-
figuration of the reactor is defined by the chemical characteristics of
the system, forcing the temperature in the reactor to be essentially
constant. The resulting system would provide maximum reaction rate
with inherent control capabilities.

1.3.3. Experimental Kinetic Study

Kinetic .data necessary for the design of the regenerative reactor
were not available from the open literature or the éatalyst vendors, We
therefore ‘tested samples. of commercial NOx abatement catalysts to de-
termine these chemical parameters. We found that the chemical reac-
tion rate (for the reduction of oxygen by methane) was high and, at 90
psig operating pressure, controlled primarily by the rate of diffusion

within the honeycomb carrier. The »NOx reduction could be directly
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related to the reaction of oxygen with methane, Satisfactory NOx reduc-
tion, using a factor .of safety to achieve the EPA standards, could be
achieved at a 'standard space velocity of 27,500 hr~!, Emiploying proposed
bed medifications, the design space velocity might be increased to 66, 000
hr-'. Also, work with reformed natural gas for fuel predicts reduced

operating ternperatures with lessened probability of catalyst degradation,
Data on non-noble catalysts indicate promise for cost reduction.

1.3.,4. Regenerativer Reactor Operation

The outputs of the reactor modeling task and the -kinetic evaluation
were integrated to specify the operation of a cyclic reactor which -simu-
lated the performance of the rotary regenerative reactor. The cyclic
reactor operated with 5.2% oxygen in the simulated tail gas, yet it re-
duced the NO concentration from 3000 ppm to 16 ppm. Oxygen. consump-
tion was 99.5% without exceeding the temperature limitations specified
by the catalyst manufacturer, and the temperalure variation through the
length of the bed was predictable., Federal standards were met in another

test even with a degraded catalyst.

1.3.5. Design of Prototype ‘Rotary Regenerative Reactor ‘

A small-scale rotary regenerative reactor was designed to treat
1000 SCF/hr tail gas, This reactor is 7 in. in diameter x 3 in. deep
and incorporates a variable partition between the preheéating and reaction
sections of the rotary reactor. This: feature permits modification of the
reactor operating characteristics to compensate for changes in the chem-
ical parameters of the reaction system. Reactor designs for both co-

.current and countercurrent operation were prepared.

1.4, Proposed Reactor Developrent

For a continuation of this successful development program, the
small-scale rotary regenerative reactor should be built and operated in

the NOx abatement process.
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2. OBJECTIVE

The purpose of the work in this program was the initial development
of a novel reactor for abatement of NOx pollution from. the tail gas pro-
duced in nitric acid manufacture. Conceptually, this reactor offers sig-

nificant operational advantages over currently available abatement systems,

Additional efforty,under a project continuation grant, were directed

at improved performance of existing simple reactors, studying four areas:

System modeling, using experimental reaction rates
Kineti¢ studies on non-noble catalysts

Kinetic studies with reformed natural gas fuel

Catalyst degradation studies
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3. INTRODUCTION

3.1, Introduction to the Problem

The production of nitric acid has been a basic industry for at least
40 years, and the manufacturing procedures have become well established, %28
Recently, however, interest in improving the process has been reawakened
because of the NOx emissions in the stack gas: and their effect on en-
vironmental quality!%Although only 2.1% of the total NO_ emitted from
stationary installations in the United States is attributable to noncombus-
tion sources, the NOx pollution from nitric acid manufacturing facilities

is severe because of the locally high pollutant concentrationsl!!

Of the nitric acid plants in North America, less than half incorpor-
ate stack decolorization facilities and few have reliable total NOx abate~
ment processes, Esso's! report to NAPCA discusses the operating
problems and relative performances of the proposed solutions for total
NOx abatement from nitric.acid plants. More recently (1971 and 1972),
Adlhart gt_;a__l_:f" and Newman®? presented data .on the merits of their
abatement systems, No process has been proved to be entirely satis-

factory in the field, according to Reference 11.

The Institute of Gas Technology has. conceived an improved reactor
for combining the heat transfer and chemical reactions that are necessary
for minimizing the NC)x emissions from nitric acid plants, The purpose

of this program was to e.valua,‘;é the feasibility of that reactor.

3.2. Nitric Acid Manufacturing Process.

3.2,1., The Proécéss

Although nitric acid manufacturing is an established process, many
variations exist, with at least 10 process licensors.?® All of these pro-
cesses employ the same chemiqal reactions, but equipment, pressures,
and temperatures vary in the different plants. A typical plax;t might
have the flow sheet illustrated in Figure 3-1, taken from Referénce 13,
which lists ‘the process conditions. Filtered air is compressed to 100
.psi and heatéed (by exchange with hot reaction products) before being mixed
.with ammonia, The ammonia burns with the ait over a catalyst to make

nitric oxide and water:
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4NH; + 50, - 4NO + 6HR0 (3-1)

The catalyst is usually platinum or platinum-rhodium gauze, although
at least one licensor has developed a non-noble metal catalyst for Reac~

1%

tion 3- The reaction products are cooled, and nitric oxide reacts

with excess air, forming nitrogen dioxide:
2NO + Oz - 2NO; (3-2)

This gas is dissolved in water in ilie absorption tower to produce 50-60%
nitri¢ acid:

3NOz + HO - 2HNO; + NO (3-3)
Secondary air feeds the bottom of the tower to reoxidize the nitric
oxide. Theoretically, however, the: water cannot absorb all of the NOx
unless the tower is infifiitely large. Absorption units are currently sized on

the economic recovery of NO; the resulting NOx loss is the pollutant in

the exhaust gas.
3.2.2, Tail Gas
The tail gas from the tower has the following ''typical' properties:

Temperature: 85°F

Pressure: 92 psig:
Composition:
Compound vol %
NO 0.15
O: 3.5
H:0 - 0.6
N Balance

The oxides of nitrogen, NO and NO;, are serious pollutants that
are noxious in themselves and important intermediates in photochemical

smog formation,
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4NH; + 50, = 4NO + 6H,0 (3-1)

- The catalyst is usually platinum or platinum-rhodium gauze, although

at least one licensor has developed a non-noble metal catalyst for Reac-

1,2

tion 3- The reaction products are cooled, and nitric oxide reacts

with excess air, forming nitrogen dioxidé:

2NO + Oz - 2ZNO; (3-2)
] This gas is dissolved in water in the absorption tower to produce 50-60% :
. nitric acid:
. 3NO: + Ho0 - 2HNO3; + NO (3-3)
] Secondary air feeds the bottom of the tower to reoxidize the nitric
- oxide. Theoretically, however, the water cannot absorb all of the NOx

~ unless the tower is infinitely large. Absorption units are currently sized on
the economic recovery of NO; the resulting NOx loss is the pollutant in

the exhaust gas.

L 3.2.2. Tail Gas
M The tail gas from the tower has the following "typical® properties:

Temperature: 85°F

] Pressure: 92 psig

- ‘Composition:

- Compound vol %

- NO 0.15

2 NO, 0,15

A Oz 3.5

. H0 0.6
N» Balance

The oxides o6f nitrogen, NO. and NO,;, are .serious pollutants that
are noxious in themselves and important intermediates in photochemical

smog formation,
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3.3. The Conventional :Catalytic Abatement Process U

Three basic chemical reactions occur during the catalytic treatment

of this tail gas over noble metal catalysts using methane as a reductant: L
CH¢ + 4NOz = 4NO + CO; + 2H20 (decclorization) (3-4)
CHy + 202 » CO; + 2H:0 (combustion) (3-5) l
CHy + 4NO - CO; + 2H0 + 2N: (abatement) (3-6)

-

An offensive red color in the tail gas is caused by NO,, The NO;

can be catalytically decolorized to NO (Reaction 3-4) over rcble metal

.

catalysts with minimum fuel addition, This reaction is' Kinetically more

rapid than Reactions 3-5 or 3-6 and has been practiced in some plants

for years.? ! l

e ey

The catalytic reduction of oxygen (Reaction 3-5) is highly exothermic.!’® ;

The temperature rise with methane is about 240°F for each percentage
point. of oxygen burned from the tail gas. Therefore, the tail gas can
be decoldrized and provide energy for gas turbines by catalytic combus- %

tion with controlled fuel addition. -

The abatement reaction (3-6) will kinetically occur only after near
completion of Reactions 3-4 and 3-5.%!% The catalytic removal of nitric
oxide is an order of magnitude more difficult than decolorization because 1

of thermal problems discussed in the next subsection, s

3.3.1, Temperature Limitations

To ensure ignition of the tail gas -with natural gas, its temperature

must be raised to about 900°F., Lower temperatures are used with Hy

4

fuel, but ‘the less expensive CHj; is more r.efractory.l’ The conventional

noble metal .catalysts are temperature-limited to 2 maximum of 1400°F

6 Because the comibustion reaction is exothermic, -

for satisfactory lifetime.
the oxygen concentrations in the tail gas are limited to about 2.5% to

avoid exceeding that maximum operating temperature in a single-pass

reactor, *!'® However, the absorption towers should be operated with )
high excess oxygen concentrations to ensure a bleached acid product. {
Various compromises are required in abatement process operation. -
8
.y
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3.4, Existing Treatment Processes

3.4.1, Single-Stage, Fixed-Bed Catalytic Abatement

Figure 3-2 is a schematic diagram of a single-stage catalytic abate-

ment process, 2

TAIL GAS

<= CATALYST

WASTE -HEAT
-
BOILER

"EXPANDER -»

A-13-68

Figure 3-2. SINGLE.STAGE ABATOR SYSTEM DESIGN

The tail gas is preheated to 900°F, mixed with fuel, and passed over

the noble metal catalyst. The hot, 90-psig treated tail gas is then ex-
hausted through a gas turbine which recovers energy for compressing
the inlet air to the process. Because the maximum inlet temperature

of most commercial expanders is 1200°F, a waste-heat boiler is included
before the turbine., Abatement is possible in a single-stage reactor but,
ag discussed carlier, only if the tail gas oxygen concentration is limited
to about 2,5%; higher O: concentrations cause excessive temperature

rise and catalyst degradation.
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3.4,2. Two-Stage Catalytic Abatement Systems

A possible solution to the limitation on oxygen concentration is the

use of a two-stage abatement system (Figures 3-3 and 3-4).

TAIL GAS

-+ PREHEAT
FUEL

FIRST STAGE
= CATALYST

\
[[ . WASTE-HEAT

ADDITIONAL BOILER

FUEL ™%

- SECOND STAGE
CATALYST

WASTE -HEAT
= BOIER

EXPANDER =

A-13-69

Figure 3-3, TWO-STAGE ABATOR SYSTEM DESIGN

After a first-stage catalyst béd (Figure 3-3), the temperature is reduced

to 900°F in a waste-heat boiler, more fuel is added, and the gas is
similarly passed over a second bed. Another operating technique is to
inject water into the hot gas between the two stages. Figure 3-4 illus-
trates still another reactor configuration. Some of the tail gas bypasses
the preheater and first reactor bed and is mixed into the first-stage
reaction product for cooling before the seccnd-stage reactor. The two-
stage processes require more equipment and catalyst than the single-

stage systems.
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» ’"‘ ." '“' N D ons "'j’:‘." y m e
TAIL GAS
<+ PREHEAT
BYPASS
TAIL
GAS , FUEL
FIRST STAGE

= CATALYST

ADDITIONAL - ~=o~ MIXING SECTION
FUEL.

o e
SECOND STAGE
“*= CATALYST

WASTE - HEAT
BOILER

EXPANDER —= ‘

A-13-70

Figure 3-4. TWO-STAGE ABATOR SYSTEM WITH BYPASS PIPE

3.4.3. Hydrogen-Fueled Abatement System

The reaction initiation temperature (lightoff) is reduced to about
300°F using hydrogen fuel. With 300°F ignition, tail gas with nearly 4%
O: content can be processed ‘without exceeding thé temperature limitations
of the catalyst. Hydrogen, however, is relatively expensive. In one
process version?the methane fuel is steam-reformed in the waste heat
of the ammonia burner, producing Ha. This system, however, has not
yet been commercially explcited. If, however, the nitric acid facility
plant is located near an ammonia plant, a purge gas is available with

approximately 60% hydrogen content. This gas is a suitable fuel,
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3.4.4, Selective NOx Reduction

The oxides of nitrogen .can be selectively reduced in an oxygen-

containing stream using ammonia for fuel, 326

The ammonia, however,
is expensive, causing high operating costs, Catalyst specialists do not

recommend. this system.

3.4.5. Molecular Sieves

Special molecular sieves are applicable for the selective sorption of NO
from moisture-free tail gas.!®*3% This process has long-range potential; the
technical and economic viability is now béing proved in a DOD-EPA demon-

stration facility.

3.4.6. Increased Sorption Tower Size

Present absorption towers in nitric acid plants are sized for economic
recovery of the NO; and NO, Greater recovery (and less pollution) is
possible by increasing the operating pressure and/or the sorber size,®
Assuming that both the NO oxidaticn -and sorption obey conventional rate
expressions, the tower size must be increased by 75% to meet EPA
standards with no factor of safety. This alternative may be applicable

for a new facility, but is expensivé in acid-proof, high-pressure construction,

3.5. Rotary Regenerative Reactor

Although the rotary regenerator is relatively common in power gen-
eration and large industrial furnace applications, it is not well known to
many -engineers. This discussion is presented to describe the device and

indicate its potential in fields other than 'simple thermal regeneration,

3.5.1. Regenerative Heat Recovery — Packed Bed

The subject of regeneration is best introduced by considering heat
recovery in a packed bed. Assuming that the bed ies initially cold and
a hot gas is passed through it, heat will be transferred from the hot gas
to the cold bed. The quantity of heat absorbed is a function of the mass,
heat capacity, and temperature increase of the bed. After a given time
interval, when the bed temperature approaches the gas temperature and
little ‘more heat can be recovered, the hot gas flow to the bed is stopped
and cold gas is passed over it. The process is reversed, and heat is
transferred from the bed into the cold gas, increasing its temperature.
Thus, heat has been indirectly transferred from a hot gas to a cold gas,

12
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Although this process appears cumbersome, high efficiencies of heat
transfer can be achieved and the resulting equipment is often more econ-

omical than other types of heat exchangers. Usually, at least two sim-

ilar béds are operated with automatic valving so that continuous flows

can be employed.

3.5.2, Other Regenerative Processes — Packed Bed

Regeneration is used not only in heat transfer, but also in mass
transfer (molecular sieves, etc.) and chemical reactions (regeneration
of spent catalyét, etc.): Allof thesé procéssés aré ayclical, itk inters
rupted flows, .uniless multiple béds. are used. The packsd bed is often
preferred for regenerative processes, particularly if long cycle times
are involved. Long cycle timies, however, promote temperature .and

concentration -extremes, with resulting loss of efficiency.

3.5.3. Rotary Regenerator

The deficiencies of the packed bed can be largely overcome by using
the rotary regenerator. This device, continuously regenerating, con-
stantly blends the products in each stream and operates at shorter
effective cycle times, The rotary redctor is generally a porous wheel.
Its porosity is generated by constructing a disk of corrugated rmetal or
ceramic (Figure 3-5) so there is free passage for gas flow along the
axis .of the wheel, but gas transfer cannot occur radially, This wheel
is rotated through the gas paths of two adjacent ducts, as illustrated
schematically in Figure 3-6. Two ducts of semicircular cross 'séction
are intersected by the rotary wheel. The ducts in front of the wheel are

not shown for clarity, Gases flowing in one duct will therefore pass

through the wheel and continue in an extension of that duct.

Figure 3-6 illustrates an example in which exactly half the wheel is
used for each function of the heat transfer; however, many different con-
figurations are possible on this wheel. The proportions of the wheel used
for each of the gas streams may vary, and more than two sectors of

the wheel may be used if, for example, a steam purge is desirable,

13
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Figure 3-5, TYPICAL REACTOR WHEEL CONSTRUCTION ,
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3.5.4. Present Applications

SUUSPEY

r

The rotary wheel has been used for many years as a heat transfer

device, High heat transfer efficiencies can be attained in a regenerative

-

exchanger of this type. Reégenerators are common in large furnace in-

r

stallations, and regenerative air preheaters, called Ljungstrom Wheels,
are used for economizers in electrical power plants. Chrysler Corporation
used this type of device for cooling the exhaust from its prototype

turbine-powered automobiles, The rotary regenerator is also used in

I

o

commercially available ovens, industrial space heaters, and dehumidifiers.

In these applications, the wheel generally has a significant advantage {
over multiple-valved fixed-bed reactors because of its continuous opera-
tion and the relatively short cycle time., It has similar advantages over r
the fluidized-bed reactors becausé of the relatively high concentration of L)
solid material in contact with the gas stream and the shorter cycle times. A
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Figure 3-6, . SCHEMATIC REPRESENTATION
OF ROTARY REGENERATOR

3.5.5. Chemical Reaction on Rotary Regenerator

The ‘NOx abatement process is exothermic, largely caused by the
oxygen burnout. Yet the tempeérature limitations of the process require
sufficient preheat for reaction initiation, Conceivably, this catalytic
process. could operate in a caialyze’d rotary regenerative heat exchanger,
withdrawing the exothermic heat from the reacting gases and supplying
that heat to the incoming gases for preheat. This concept is presented
in. detail in Section' 6 of this report. In essence, the incoming tail gas
is passed over the hot bed of solids, preheating the gas and cooling the
solids,  Fuel is then introduced, and the hot gas mix is passed back
over the cooled solids. These solids are catalyzed, so the chemical
abatement reaction occurs, releasing the exothermic heat to the solids,
raising their temperature. The heat is regenerated in a manner similar

to the rotary heat exchanger, but the source of that heat is the -chemical
15
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reaction occurring in the second pass of the rotary device. As the
mathematics in Section 6 prove, the treated gas exit temperature is a
function primarily of the oxygen content of the tail gas: It is sufficiently
low so that the gas can be fed directly to the expansion turbines withou_t

cooling.
This process offers several advantages:

a. Maximum control of abatement process. for minimum pollution.
b. Minimum equipment, with no interstage coolers.

c. Amenable to high oxygen content in tail gas.

d. Maximum energy recovery.

eé. Separation of abaternent reaction section of the nitric acid plant
from ammonia burner.

The purpose of this project was to determine the feasibility of the novel

concept.

3.6. Program Plan

The program was subdivided into three main tasks: mathematical,
experimental, and design. This program was based upon the use of
mhethane fuel over conventional noblé metal catalysts}? | The bulk of the
developmental program, including the design of the pilot unit rotary re-
generative reactor used this basis. However, a minor éffort was directed

at using alternative fuels or non-noble catalysts.

©3.6.1. Mathematical Program

3.6.1,1. Thermodynamic Study

The thermodynamics of the N-O and C-H-N-O chemical systems

were evaluated to determine if any theoretical barrier existed that would

limit the chemical reduction of the NO_x -pollutants.

3.6.1.2. Reactor Modeling

A simplified mathematical model of the novel, rotary, regenerative
reactor was developed., The outpu't of this machine computation, together
with the experimental data, was used for the design of the first prototype

reactor,
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3. 6.2, Experimental Program

3.6.2.1, Kinetic Study

The: catalyst vendors or the open literature did not provide enough
information for the design of the prototype reactor. Therefore, we were

. required to determine the chemical rate parameters experimentally.

3,6,2.2. Cyclical Reactor Study

A pair of fixed-bed reactors was operated cyclically to simulate the
performance of the rotary regenerative reactor. Fixed-bed reactors are
more readily instrumented than the rotary device, and they were used to
. check the validity of the concept.

3.6.3. Design Program

The ¢ulmination of the project was a conceptual design of a proto-
type rotary regenerative reactor capable of treating 1000 SCF/ht of nitric

acid. tail gas.

-
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4. THERMODYNAMIC STUDY

- 4,1, Summary

Evaluation of the thermodynamic potential of the oxides of nitrogen
proves that these compounds should, theoretically, decompose into oxygen
" and nitrogen in ambient atmospheres. The expected concentration of NOx
is less than 1 ppm. This decomposition does not spontaneously occur,

however, indicating that the reaction kinetics are slow.

When fuel is added to a NOx-containing system, in greater than
stoichiometric quantities, the theoretical NOx equilibrium concentration
decreases by 10 orders of magnitude at 1000°F, Théoretically, the forma-
tion of other possible pollutants — HCN, NH;, and CO — is small.

4.2. Objective

The purpose of this phase of the program was to determine ‘the
theoretical minimum concentration of NOx pollutants in nitric acid tail
gas. These calculations would define any potential theoretical barrier

to NO_ pollution abatement.
4.3. Introduction

A chemical system can be analyzed thermodynamically to determsine

-l

the theoretical equilibrium concentrations of the components. A thermo-
dynamic evaluation of the NOx abatement system would indicate the max-

imum degree of possible NOx removal,

The thermodynamic studies were broken down into three sections:
a) correlations of published data, b) determination of equilibrium com-
position of the N-O system, and c) determination of equilibrium compo-
sition of the C-H-N-0 system.

The free energy of a given reaction is a measure of the potential
{or driving force) for that reaction to occur. In this thérmodynamic
subprogram, weé determined the concentrations -of the products and reac-
tants at which the overall free energy of the system is minimized. Under
these conditions, further reaction will not occur, and the system is in

equilibrium.

However; a thermodynamic study -only determines the driving. force

for a reaction; it does not consider the ‘resistance to the reaction.
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Therefore, the thermodynamic study cannot determine the rates of reac-
tions, (This is a fufiction of the kinetic study presented in Section 7.)

4,4, Correlations. of Published Free~Energy Data

The published data on the free enérgies of formation were correlate It
with temperature for use in the following two subsections of this study.
The primary free energy-temperature data were taken from: Rossiniﬁ
and JANAF,** These basic sources list the free energies of forma-
tion of the necessary compounds as functions of temperature. They also
present the logarithm of the ‘equilibrium constant of formation, log Kf
(a quantity directly related to the free energy of formation), wkich was
used in this work. A correlation of the following forfn was used to

relate K, with the absoluté temperatures (T).

log Kf

This equation should be valid if the heat capacities of the gaseous ¢om-

= A+ B/T +C log T + DT + ET? (4-1)

pounds have the form —

c,=atbT+ cT? (4-2)

The constants A, B, C, D, and E were determined for each of the
¢ompounds of interest using .a nonlinear least-means-squares regression
technique to fit the data to ‘ti_ye correlation, In general, the back-
calculated values for log Kf agree closely with the published values, in-
dicating the validity of the curve-fitting process.

4.5, Determination of Equilibrium Composition of N-O System

The second phase of the thermodynamic study was a determination
of the equilibrium composition that should exist if the oxides of nitrogen
in the tail gas could decompose -to- the theoretical limits. The five-
component system of Nz Oz N.O, NO, and NO; requires a simultaneous
solution of six equations as derived in Appendix A. These equations
contain the equilibrium. constants of formation which were correlated as
described in Subsection 4.4. The simultaneous solution was generated by
a ‘machine computation, and the results are presented graphically in
Figure 4-1 for a typical tail gas containing 1500 ppm NO; 1500 ppm NO,
3,5% oxygen, with the balance nitrogen. This graph indicates that the
concentration of the primary pollutant, WO, theoretically increases with

19
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. temperature, reaching 62 ppm at 1600°F (the highest temperature calcu-

lated because of catalyst limitations), These calculations show that the
NOx pollutants should theoretically decompose to concentration levels

which are acceptable by today's Federal standards. Of course, the NOx
does not decompose to this extent in practice because of kinetic limitations.,

4, 6. Determination of Equilibrium Composition
of C-H-N-O System

The third phase of the thermodynamic study was to determine the
equilibrium concentrations of the various reactants and products expected
in the combustion of nitric acid tail gas with methane, an alternative
route to the simple decomposition described above. Appendix A présents
the .equations derived for machine computaticn of this equilibrium. Twelve
compounds were considered as possible reactants or products of the reac-
tion — Nz, Oz, N0, NO, NO;, CHy CO, CO; H:0, H; HCN, and NH;.
Higher hydrocarbons were not considered, although they would possibly
exist in the concentration range we have calculated (down to 10°?° mole
fraction), The feed composition was similar to that presented in the
previous section, but humidified to 100°F, Methane was added in these
calculations over a concentration range from 80 to 120% of the stoichic=

metric requirement,

Four graphs (Figures 4-2 through 4-5) illustrate the equilibrium con-
centration of major pollutants (NO, NHj; HCN, and CO) as functions of
the excess methane reductant at temperatures of 1000° and 1500°F,

Five other graphs (Figures 4-6 through 4-10). present the concentrations
of all the components as a function of temperature at various fuel

utilizations.

The equilibrium concentration of the NO pollutant (Figure 4-2) is not
significantly affected by the presence of methane in the feed stream until
the methane concentration is above the stoichiometric requirément for
combustion of the O; and NOx. This suggests that the oxygen is burned
out of the system before the majority of the NO reacts., The difference
of the NO concentration at equilibrium between no reductant added and
95% of stoichiometric is only a reduction from 40 pprn to 10 ppm at

1500°F, However, at stoichiometric fuel addition, this concentration

.drops to 0.1 ppm, and at 5% fuel rich, the equilibrium NO concentration
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is about 10~5 ppm, Excess reductant favors the decomposition of NO on
a theoretical basis, This point is illustrated practically in the compari-
son of decolorization and abatement processei. In the decolorization
process some methane is used for reducing the NO,;, but the NO is. not
significantly reduced until the reductant concéntration exceeds the stoichio-

metric requirement,

The concentration of the other three pollutants, however, increases
with excess reductant. The concentration of HCN (Figure 4-3) approaches
10°!° mole fraction at higher reductant usages, This concentration is
significantly less than the generally accepted TLV (threshold limiting
value) of 10 ppm concentration in air after dilution. Therefore, we do-
not expect HCN to be a problem in this work unless, by somé kinetic
me‘chaﬁism, HCN is formed in concentrations 1 miilion times greater

than expected.

Ammonia is also generated with excess reductant present (Figure 4-4).
The NH; concentration increases as temperature decreases, but even at
low temperatures the concentration is over an order of magnitude less
than the TLV of 100 ppm. However, other investigatorss"”"’s"" have
found that significant quantities of the NO afe converted to NH; when
using hydrogen reductant. Possibly the nitrogen atoms do not readily
combine into an N; molecule at the catalyst site; the reduction can per-
haps proceed to a greater extent than would be expected thermodynamically.
This point has been checked in the experimental program. In a practical
sense, however, the formation of NH; in the tail gas will generally not
be noticed at a nitric acid manufacturing facility because o;' the strong

general ammonia conceatration in the area.

Carbon monoxide (CO) is the fourth major pollutant; it is generated
in greater quantities at higher temperatures and higher excess methane
concentrations (Figure 4-5), Theoretically, the CO c acentratiown can
exceed 1000 ppm in the tail gas if 20% excess methane is used, This
concentration is 10 times greater than the TLV of 100 ppm but, of course,
would be significantly reduced by dispersion in the air at the top of the
stack, This expected concentration is only half of the 2000 ppm now per-
mitted in large burner installations. Nevertheless, efforts should be
made to run the reaction at lower temperatures and with lower excess

reductant to minimize the manufacture of CO.
27
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5. REACTOR MODELING — SIMPLE HEAT TRANSFER L

~

5.1. Summary [

A simplified heuat transfés .model has been developed to describe
potential operating conditions if the regerierative device were used for i
heat transfer only. In othér woids, the chemical reaction is agsumed L

to take place .outside of the adiabatic regénvrative heat exchanger, either

as a heterogeneous catalyti¢ réactics or z ‘homogeneous, gas-phase reaction, |

Operational regenerative heat eéxrhafigérs can have efficiencies ap-
proaching 90%; high é&fficiencies @w#a not acceptable in this system because
extremely high temperatures result. Rather, operating conditions were

determined in which efficiencies of approximately 50% weére attained.

e

If conventional, noble metal catalysts are used in fixed-bed reactors,

~ approximately 40-53% efficiency is required to achieve sufficient preheat

Fr—

temperature for ignition. The higher éfficiencies are required with lower

oxygen content fth;n the tail gas: stréam. On this basis, the maximum {
temperature in the reactor will be about 1600°-2100°F, beyond the usable ‘
range of the noble metal catalysts. Therefore, simple regenerative heat 4
exchange is not desirable with conventional noble metal catalysts unless L

other design features such as split beds, low oxygen concentration, inter- .-

frm—

stage cooling, or other techniques are tused to minimize the reaction

temperature.

o anom——
b

If non-noble catalysts are used in fixed-bed reactors, higher preheat

temperatures are required for ignition with methane fuel, On this basis,

e e

approximately 48-60% efficiency is required in the adiabatic heat exchange
device. In this case, the maximum temperature on the catalyst surface
ranges from 1900’0 to 2400%F, pgrhapé above the usable temperature limit G
for these catalysts,

For a homogeneous reaction, an efficiency of about 54-67% would ! i
be required to achijeve 1500'F preheat temperature. This should be suf-
ficient temperature for initiation of the chemical reaction; adding the ex- \ ]
pected temperature rise of the exothermic reaction, temperatures of
2200°-2700°F might be expected. Cur thermodynamic calculations were
not extended to this temperature range; therefore, we cannot estimate 5
if 'the equilibrium NOx concentrations at these temperatures would be

satisfactory.
28
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The paragraphs above are based upon countércurrent regenerative
heat exchangers. In general, cocurrent heat exchangers are not applicable
to the system of external chemical reactions. In this system, the final
exiting gas temperature is equal to the inlet temperature plus the adia-
batic temperature rise. In a well-engineered heat cocurrent exchanger,
the preheated gas temperature will approach the outlet gas temperature.
Therefore, the system can have sufficient prehéat gas temperature for
the catalyst lightoff only if the feed gas contains sufficient oxygen so that
the final gas leaving the cocurrent heat exchanger is above the lightoff
temperature., With this quantity of oxygen in the tail gas, the maximum
temperature in the external reactor will necessarily exceed the temper-

ature limitations of the noble metal catalyst.

5.2. Objective

The purpose of this phase of the investigation was to develop a
simplified model for regenerative, adiabatic, countercurrent heat ex-
change under conditions where an exothermic chemical reaction occurs
in the process stream after the gas has been preheated, but before it
is cooled in the exchanger. A secondary purpose is to introduce the
heat transfer concepts which are used in the. remainder of the reactor
model,

5.3. Introduction

In this section of the report, we will consider the performance of a
countercurrent, regenerative heat exchanger that operates with the same
gas. stream flowing in both passes of the exchangef: however, an exo-
thermic chemical reaction occurs in the gas between the passes. As
will be shown, this constraint results in a2 high-temperature reaction,

even at moderate heat exchange efficiencies.
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5.4, Discussion

5.4.1, General Adiabatic: Heat Transfer

By definition of an adiabatic system, no heat is exchanged between
“the system and the surroundings. Generally, with higher temperature
systems, this implies perfect insulation so that no heat is lost from the

—— "

systein {gases, reactors, or heat exchangers)., Of course, this is an
ideal situation but one that can be approached in practice when large
quantities of heat are processed in relatively small equipment.

The concept of adiabatic heat exchange is shown schematically in

Figure 5-1,

—

—
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Figure 5-1, SIMPLE ADIABATIC HEAT TRANSFER

I'NSTITUTE o F G A S TECHNOLOGGY

ST g gy Sy e N oty ot g b e et N o S R TR N
. el BRI i ¥ R R S 2t o SO R MY 113 e SO SRR AR B 2 2 oy oo




f
M

?C‘-" ! . ‘L i . l

J

e

“d

In this drawing, stream a enters the system at an elevated temperature
and stream b enters the system at a reduced temperature. .They are
heat-exchanged countercurrently (flowing in reverse directions) so that
stream 2 is cooled and stream b is heated. Because the system is
adiabatic, the total quantity of heat removed from stream a must appear
in stream b or —

m,c, AT, = mycoh AT, (5-1)

One of the constraints in our process is that the gases in a and b
are identical. Under this condition, m, = my and cpa is similar to

cpb. Equation 5-1 reduces to —

me, AT_ = me, AT, (5-2)

or the temperature rise of the colder stream must be equal to the tem-
perature change of the hotter stream.,

If the adiabatic heat exchange were perfect, the hotter gas stream
would be cooled to the inlet temperature of the cooler gas stream. We
can therefore define an efficiency of heat transfer for the system which

is countercurrent, -adiabatic, equal flow, and has an identical heat capacity:

. — T
ain _a out (5_3)

Efficiency = N = T
'Pa m - Tb in

This definition of efficiency will be used throughout the rest of this
report,

5.4.2, Adiabatic Heat Exchange With External
Chemical Reaction

An interesting constraint is placed upon the system of heat transfer
if the flowing gases undergo an external exothermic chemical reaction,
as illustrated in Figure 5-2. Figure 5-2a illustrates this operation with
the rotary regenerative heat exchanger. In this case, the feed gases
enter the system at some inlet temperature, pass through the heat ex-
changer, and then undergo an adiabatic chemical reaction, The hot
products of the chemical reaction pass back through the heat ekchanger
countércurrently, preheat the inlet gas, and leave the system. The en-
tire system is assumed to be adiabatic: No heat is lost from the heat
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exchanger or the reaction zone of the system. Under these conditions,

the outlet gas temperature must always equal the inlet gas temperature

—

plus the adiabatic temperature rise of the reaction.

In the system above, the mass of the two gas streams is identical

I

and the heat capacities of these streams are usually similar. Therefore,

the efficiericy can be defined in terms of the temperatures in the :system:

—

T — T L
efficiency = 7= -'I"_r-:_'"ri .
r o (5-3a) {'
T —T ) o
z B O
T - T
r o
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Figure 5-2a. OPERATION OF CYCLICAL BED
1 AS. COUNTERCURRENT HEAT EXCHANGER
) This system is interesting because it feeds upon itself; higher reaction
E temperatures increase the preheat temperature, which in turn increases
the reaction temperature.
[‘ In the simplest case of Figure 5-2, with no heat exchange, the
heated gas temperature, TP, is equal to the original inlet gas temper-
i ature, T, and the reaction temperature, Tr’ is equal to the final .outlet
- gas temperature, ’I‘f. However, if heat exchangé is permitted, Tp is
- greater than T,. Because T is equal to Tp plus the adiabatic reaction
5 . temperature rise, T, will also increase. Even with low efficiencies,
. therefore, Tr can become. quite large, as will be shown later,

]
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The definition of the efficiency, 7 (Equation 5-3a), may be manipulated
to define the preheat gas temperature (Tp) and the maximum reaction
temperature (Tr) in terms of the inlet gas temperature (To), the adiabatic

temperature rise (ATad)’ and the efficiency (N):

AT‘ad= Tf~—,'ro= Tr-Tp (5-4)
T, = Tyt AT . (M1~ ) (5-5)
T, = To + ATad/(l - n) (5-6)

The equations above are used to deterrmine the reaction temperatures
for an adiabatic system in which the heat content of the exhaust products
is recovered to preheat the reactants,

5.4.3. Adiabatic Heat Exchange With External
NOx' Abatement-Reaction

We shall now present the heat exchange efficiency required for the
nitric oxide abatement process, assuming that the NOx abatement chem-
ical reaction occurs between the passes of a countercurrent heat exchanger.

Three types of processes will be considered:

® In the first example, we will assume the use of conventioral, noble
metal catalysts in fixed-bed reactors. General practice, as confirmed
by our data reported later (Section 7), indicates a preheated gas tem-
perature requirément of 900°F for proper operation on these catalysts
with methane fuel.

¢ In the second case, we will consider non-nobie catalysts such as
Co304. Our preliminary data indicate that these less-active catalysts
require a preheated gas temperature of about 1200°F for operation
with methane, These preliminary data, however, have not yet ex-
hibited satisfactory NO reduction; the example is presented to indi-
cate the potential and limitations of thie catalyst system.

® TFor the third case, we shall assume sufficient temperature for a
homogeneous, gas-phase reaction with methane, Past experience at
IGT predicts that a preheated gas temperature of 1500°F would be
required. Again, we do not know that satisfactory NO, reduction.
can be achieved with this scheme,

Satisfactory reduction of NOx from nitric acid tail gas requires that
nearly all of the oxygen in the tail gas be reduced. This is the primary
gsource of heat in the process, The temperature will rise approximately

237%F for each percentage point (by weight) of oxygen in the tail gas,
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For proper bleaching of the nitric acid in the sorption tower, the tail
£as should contain about 4% oxygen., Calculations below are made for
3% oxygen (713°F rise), 4% oxygen (950°F), and 5% oxygen (1187°F).

Table 5-1 presents the reaction temperature for each of the three
preheat atemperé,tures at the different oxygen :concentrations. The preheat
temperature of 900°F is used with noble metal catalysts. Even at the
lowest oxygen concentration, the reaction temperature is above the oper-
ational limitation of ‘these catalysts, Therefore, in this example, conven-
tional beds are not satisfactory without severely limiting the oxygen
concentration or operating two-stage systermns, With the non-noble catalysts
and 1200%" preheat, réaction temperatures of 1900%:2400°F are calculated.
At this time, we do not know the upper temiperature limitations of these
-catalysts., In the case of the homogéeneous chemical reaction with 1500°F
prelieat, temperatures of 2200°-2700%F resuit. We have not extended
our thermodynamic calculations to these temperatures, but we estimate

that equilibriurn would not permit satisfactory NO reduction.

Table 5-1. MAXIMUM REACTION TEMPERATURES¥*

Preheat Temperatire, °F
Oxygen A T oF >
Concn, wt % ad’ 900 1200 1500
3 713 1613 1913 2213
4 950 1850 2150 2450
5 1187 2087 2387 2687

Inlet temperatire = 100°F,

The proper prelieat temperature with each system will be achieved
if the ‘heat exchange has: the correct efficiency., Figure 5-3 indicates
the preheat and reaction temperatures as a function of heat exchange
efficiency when the tail gas: containg 3 weight percent oxygen. Extremely
high temperatures are possible if the efficiency approaches 80-90%,
common for regenerative exchangers. In Table 5-2, the required effi-
ciency, ‘as calculated from Equation 5-5, is presented for the preheat
temperatures and the three oxygen concenirations, These efficiencies

of 40-656% are well within the range of available heat exchange equipment,
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wall which separates the two gaseous -streams., Shell-and-tube or extended-

-over the same bed, withdrawing the stored heat from the solids. This
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Table 5-2, REQUIRED HEAT EXCHANGE EFFICIENCY

Prcheat Temperature, °F

Oxygen - '
Conen, wt % 900 1200 1500
, AL = 7
3 52.9 60, 6 66, 3
4 45,8 53,7 59,5
5 40,2 48.0 54,0

5.4.4. Design of Heat Recovery Equipment
for Proper Eifficiency

To this point, we have been discusging heat recovery in general,
This heat recovery is usually accomplished in one of two modes ~ re~

cuperation or regeneration,

ok Aremn s NESE £ S

In recuperation, the heat is transferred .continuously th¥cugh a sclid

area, compact heat exchangers are examples -of the. recuperative equip-
ment are often used for heat recovery. However, with gaseous systems,
large areas of recuperative equipment are generally required because low
heat transfer coefficients are common.

In the alternative system, —regeneratiqn, the heat is iransferred from
one gas stream into a bed' of solids, in which it is stored. Then, after.

a given time interval, valves are changed and the colder gases are -passed

regeneration of heat is simila¥ to the regéneration of molecular sieve :
beds or spent fixed-bed catalysts. ' ) E

In another type of regenerative heat exchange device, -a fixed bed of
solids is alternately located in the path of the hot gas and the cold gas
streams, Consider a fixed disk of @erforat‘gd ceramic, similar to the
photograph of Figure 5-4, which rotatés on its axis so that intersects
two adjacent gas ducts, Similar to Figure 5.5, With 7thi‘s dévice, the
heat is transferred frem. the hot gas 7tA”(>‘ the: moving bed. of ceramie, in-
creasing the témperatures of the ceramic. Whoen the céramic Ipoves‘

out of the path of the hot .gas -stream and into the- cold gas "stream, it

releases its heat to the colder gas. This system is quite commonly used

for heat recovery from gas turbines and has beer used for self-cleaning

ovens, indirect-fired space heaters, etc., because ‘vefy\ high heat transfer

efficiencies. can be -achieved with small equipment.
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Figure 5-4. TYPICAL HEAT EXCHANGER WHEEL CONSTRUCTION

The heat exchange efficiency in the rotary regenerative heat exchanger
can be directly related to the physical properties of the system. Appendix '
B derives this relationship.* 1In this derivation, we have assumed that 1
the wheel rctates infinitely fast so that there is no temperature variation
at any point in the solids as that point rotates through the cycle of the
wheel. Therefore, this derivation indicates the average temperature of
the sclids in the wheel. The derivation also assumes that fully developed
laminar flow conditions exist within the individual channels of the wheel.

With the small channel sizes used, this assumption is reasonable unless

discontinuities are present within the channels, This assumption permits

* ,
More complete derivations, with fewer simlplifying assumptions, are
presented in Jakob'® and Kays and London.!?
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Figure 5-5, SCHEMATIC REPRESENTATION
OF ROTARY REGENERATOR
the heat transfer coefficient to be directly related to the thermal .con-
ductivity of the gas, the hydraulic diameter of the channel, and the
Nusselt number for the systemi — a dimersionless quantity which is es-

sentially constant in laminar flow.

Figure 5-6 presents. the regenerative heat exchange efficiency at a
constant gas. frlo\g-:r-tatg ag a function of the wheel fraction which is oper-
ating in the preheat {(or cooling) service; with parameters of channel
diameter. The efficiency increases as -the channel diameter decreases
and is always a maximum whén the preheat and cooling sections of the
wheel are: equal. TFigure 5-7 p‘r:éséhté: the e'ff{ciericy as a function of the
division of the wheel heat exchanger at a constant channel diameter with
parameters of gas flow rates. The efficiency increases as the gas flow
decreases, again reaching a maximum at each flow rate at a 50:50 split
between the two functions of the heat exchanger. Figure 5-8 presents
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HEAT EXCHANGER; FLOW = 5000 Ib/hr-cu ft §
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the maximum efficiehcy (at 50% preheat) as a function of the channel

diameter with parameters of gas flow rate.
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/32 -~

L L 1
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A-13-88
Figure 5-8. MAXIMUM EFFICIENCY

These three graphs indicate that relatively high heat transfer efficiéncies
can be attained with small channel diameters at lower gas flow rates.
They also indicate that efficiencies required for Table 5-2 can be achieved

by proper design of the rotary wheel heat exchanger.

Figure 5-9 presents the temperatures that would exist in a rotary
heat exchanger -under flow conditions that are similar to those used in
the next section of this report. For this graph, we have assumed that
the tail gas contains 3 weight percent Oz for an adiabatic temperature rise
-of 713%°, The gas velocities are ch:.r:tated by chemical reaction conditions*

* .
Reguired for the simultaneous chemical reaction and heat exchange
within the countercurrent regeneritor, as calculated in Section 6,
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and 20% of the heat exchange wheel is allotted to the preheat section.
Figure 5-9 indicates that the tail gas enters the system at 100°F aind

rises linearly through the bed to a temperature of 740°F, After the re-
action, the gas temperature is 1453°F, and this temperature drops. to
813°F by the time it leaves the regenerative heat exchanger. The average
temperature of the: solids in the bed varies from 670°F at the cold face

to 1315% at the warm face of the heat exchanger. This is not necessarily
an operable system, but serves to indicate the relationship of the tem-

peratures in the system.
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6. REACTOR MODELING — COMBINED REACTION
AND HEAT TRANSFER

6.1, Summary

We have developed a simplified model to describe the operating
conditions (temperature and reactant concentration) in an adiabatic reactor
with internal heat recovery. The model is based upon a 3-pass reactor.
Heat transfer is mandatory within each stage and among all stages.
Chemical reaction is optional in any pass, and the size of any stage can

be made vanishingly small. This model may therefore be simplified to

cocurrent or countercurrent flow of reacting gases with the preheating
-gases; a simple, single-pass reactor with no preheating section; or a

simple heat exchanger of the type that was discussed in Section 5.

Under cocurrent operation, the model predicts a nearly constant
temperature profile in the solids if higher reaction conversions (greater
than 90% ) are achieved and the Lewis Number (or pseudo-Lewis Number)
is in the range of 0.5 to 2, These conditions are expected with noble
metal catalysts in the NOx abatement reaction system. The temperature
of the solids controls the chemical rate of the catalytic reaction; there-

fore, this system of operation permits the maximum controlled reaction

b -
s
b <
2]
e
4
e
K
B
3

rate and heat release, The system is operable with up to 5% oxygen in

the tail gas without exceeding the maximum temperature limitations of

the noble metal catalysts. External preheat of the tail gas for reaction

R

initiation (lightoff} is not required. The cocurrent mode of operation
appears ideally suited for use with conventional, noble metal, NO_ abate-

ment catalysts,

In countercurrent operation, relatively high solids temperatures can
be achieved for the start of the chemical reaction. This mode of oper-
ation may be desirable with non-noble, metal oxide catalysts with lowez

relative reaction rates and higher temperature limitations,

A complete 3-pass system, with reacting gases passing both counter-
currently and cocurrently to the preheating gas, might prove more desir-
able for the non-noble catalyst under some conditions, Additional work

is required, however, to determine these conditions,

When the model is reduced to indicate the conditions in a simple,
single-pass. reactor, it predicts the operations in the currently available

reactor system,
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In the program. continuation, the model was expanded to incorporate
variation of the reaction rate and the physical properties of the system as
functions of temperature, The reaction rate of methane with oxygen was
taken from Figure 7-10 and includes both kinetic and mass transfer ef-
fects., The revised model, when applied to the simple reactor concept,
predicted bed temperatures at the gas exit end of the reactor which were
high, Based upon the data in Section 7.11, severe catalyst degradation
would be anticipated in this.area. Also, the model predicted satisfactory
operation at preheat temperatures which are lower than those practiced
commercially; perhaps: our experimental reaction rates are high compared
to those realized with ageéd catalysts, When the modified niodel was ap-
plied to the cocurrent regenerative reactor concept, the essentially iso-
thermal bed characteristic could still be achieved. Therefore, catalyst
deactivation should be avoided in this mode. The deviation from a con-
stant bed temperature, however, is more severe in this model when the
operating conditions aré incorrect. This deviation is caused by the com-
pound effect of changing bed temperature and, consequently, changing
re;action rate. The improved model predicts significantly better reactor
operation with decreasing channel size; the effect of bed discontinuities,

however, was not clear-cut.

6.2. Objective

The purpose of this phase of the program was to develop a simplified
model for a regenerative reactor incorporating both exothermic chemical
reaction and heat exchange. This model would predict the reactor oper-
ating conditions. as functions of the mechanical and chemical parameters.
in the abatement system. With inputs of primary experimental data,
this model could be used to design the prototype rotary regenerative

reactor.
6. 3. Introduction

The concept of the rotary regenerative reactor was introduced in
Section 3 of this report. In essence, this device is similar to the simple
heat exchanger discussed in Section 5, but the exothermic chemical re-
action occurs within the device rather than externally. This may be
accomplished for a catalytic reaction in a recuperative exchanger by
catalyzing the walls of the exchanger in only the reaction pass, similar
to Figure 6-1. For the regenerative wheel, one of the components of
the reaction is introduced into the system after the preheat section,
similar to the schematic diagram of Figure 6-2.
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In the combined reactor and heat exchanger, the reacting gases dif- ]
fuse to the catalytic wall, react on the catalyst surface releasing the
exothermic heat of reaction to the solids, and the reaction products
counterdiffuse back into the bulk gas stream, The heat of the reaction
is exchanged from the solids into both the reacting ‘gas stream and the

preheating gas stream according to the laws of convective hez! transfer, L

Figure 6-2 illustrates the reactor as it was origihally conceived,
with countercurrent flow of preheating and reacting gases. Consequently, —

this was the first reactor configuration to be modeled for machine com- -

putation. Subsequently, we generated a model with a 3-streami desigh, .

illustrated schematically in Figure 6-3.

TAIL GAS PREHEAT SECTION }
{ = SEs, IND [
~ gy |
\\ \\ / a
P N !
N K] METHANE ) B

3

~
\\
<
’ \\ .
~< L
L TREATED
~ TAIL GAS
4 ”
FIRST
REACTION —
SECTION i
: ’ A-13-25 ] {
|
Figure 6-3, SCHEMATIC REPRESENTATION OF THREE.PASS . 5{

REACTION SYSTEM AS APPLIED TO THE ROTARY
REGENERATIVE REACTOR

i 1
Fo———

By manipulation of the computational inputs, this model could be reduced
to the original countercurrent. configuration or to a cocurrent configura-
tion in which the reacting and preheating gases pass through the reactor e

in the same direction, The model could be further simplified to predict
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the performance of a simple, one-pass reactor or a heat exchanger without

chemical reaction, In the more complex form, this model will permit
reaction in the second two passes of the reactor, and the proportion of
the reaction completion between these passes can be varied. . Additionally,
additiona} simple heat exchangé area can be included on either face -of

the reactor,

The three-pass reactor had been conceived primarily for- the more
complex application; examination of the results of the countercurrent
reactor had indicated that a third pass might be desirable to minimize
the temperature range 'in the catalyst bed. The unexpectedly ideal be-
havior of the cocurrent reactor was discovered while manipulating the
relative percentage of reaction permitted in the second two passes of the

3-stream reactor.

Although the reactor configurations were studied in the order pre-
sented above, we will present them in this discussion in the order of

increasing complexity:

a. Simple reactor
b. Countercurvent reactor
c. Cocurrent reactor

d. 3-stream reactor

This order of presentation will permit increased understanding of the

systermns,

«

The derivations of the equations were prepared for machine compu-
taticn, with several successive transformations of terms. The output of
the machine computation was used for the various graphs presented in

this gectica, The direct computer input, however, is too complex for

.explaining the system. We therefore rederived equations for each of

these flow schemes (except the three-pass reactor) and reduced these ex-

pressions to the simplified forms presented in the following subsections.

The -equations as derived are applicable for recuperative or regener-
ative operation, However, the small channels, required for reasonable
heat and mass {ransfer coefficients, are representative .of the physical
parameters which could be obtained in the rotary regenerative wheel

reactor, ‘The recuperative reactor, however, shculd not be eliminated
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from long-range consideration because these devices can be made with

[r——
| S

high areas of channel flow between parallel plates. Because the recuper-

ative reactor is continuous, rather than cyclical, it offers a positive

g~
LS e

advantage of no temperature variation at a given point., Secondary acds

vantages include the possibility to tailor the heat transfer and reaction

o m——e
[Ie——

areas separately, catalyzing only the reaction areas, and the absence of
moving parts and seals, The primary disadvantage is the inability to :
‘ compensate for catalyst age or process fluctuations by changing the rela- N
tive fractions of the device in the preheat and reaction zones. This

concept possibly also suffers from manifolding difficulties and cost penalties. ?‘

6.4. Assumptions

Several assumptions are implicit in the simplified mathematical model U
presented later., We first assumed an overall mechanism for the reac- .
tion, with the rate of diffusion controlling the chemical reaction rate. }vi
The chemical reaction occurs instantaneously when the diffusing reactants

reach the catalyzed surface. The heat of the reaction is released in

[ o-—
o ——

that surface and is then transferred to the gas streams by convection.

This model implicity assumed a honeycomb-type catalyst with fully -de-

s

i veloped laminar gas flow. This assumption permitted calculation of the

heat transfer coefficient from the Nusselt Number, which is known to be -
constant under these conditions. The assumption of the diffusion control J
was not restrictive; the equatiions which govern a firsi-order chemical
reaction (of the type expected for this system) are identiczl to those for

diffusion~controlled mass transfer, as will be shown in a later section

on the experimental reaction kinetics. The model is therefore applicable (
to diffusion or chemical kinetic rate control. The restriction of channel )
flow is also not restrictive because the primary catalysts for the service

are supplied in :this form.

The equations are based on an adiabatic reactor, with no heat loss j

from the system. This zssumption is valid because the expected high

g reaction rate, per unit of reactor volume, would result in minimal heat"

L ]
Ro—

loss from the system.
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The equations assume that the cyciical reactor operates at infinitely
fast rotational speeds. Therefore, the temperatures derived in this sec-
tion are those which are the average throughout the cycle. A more
rigorous derivation of regenerative heat transfer, using real cycle times,
indicates. that the ‘heat transfer efficiency will be decreased. Using the
parameters of our system and a rotational speed of 1/2 rpm, the heat
transfer efficiency falls by 5% when compared with the operation at in-

finitely fast speed.

Because the same wheel structure rotates through both the reaction
and preheat zones, the physical configuration of the channels is identical. ,
Aleo, the entire surface of the preheat, as well as the reaction section of
wheel,is catalyzed. Therefore, the methane fuel is not added to the sys-
tem until the rest of the tail gas stream has been preheated in the first
section of the wheel., For our calculations, we assumed that this mass
of methane was negligible and that this fuel injection did not affect the
temperature of the flowing stream. We also assumed that the heat
capacity of the reaction products was identical to the incoming tail gas.
All of these assumptions are reasonable, considering the low concentra-
tion of the reactants. This system also required that the natural gas
does not immediately react with the preheated tzil gas. Rather, the only
reaction takes place heterogeneously on the catalyzed surface and that
reaction is complete to CO; and HO.

The primary limitation in the model is the assumption of constant

chemical and physical properties within the reactor, irrespective of tem-

perature variations, This assumption was warranted at this stage of

the program: The simplified model would be adequate for evaiuating the
feasibility of the reactor concept. The model becomes significantly

more complex by including temperature effects, and we elected to postpone

this additional effort in the preliminary phase of the developnient.

e N

For each computation, we assigned values for the temperature-

]

sensitive variables — heat of reaction, thermal conductivity of the gas, ;

heat capacity, and density. We also specified the reaction rate as a

function of the heat transfer rate. As will be shown, a nearly constant

bed temperature can be achieved under readily obtainable conditions of

gy

cocurrent operation. In this instance, wvariation of the parameters with
temperature is unnecessary. Similarly, if the chemical reaction is
strictly diffusion-controlled, the rate of reaction will not vary severely

L

with temperature and the approximation is reasonable, However, these

g
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parameters must be included as functions of temperature in an improved
system model if we are to deviate significantly from the limitations

above,

6.5. One-Pass, Simple Reactor

c— o=

The case of the :simple, one-pass reactor is presented here to intro-

duce the concept of simultaneous reaction (and heat géneration) on the

5

catalyzed sclids and héat transfer from the solids to the gas. This is
the simplest reaction case, and it provides a basic understanding of the

more complicated concepts which will be presented latér.

FM

Consider the following system: A nitric acid plant tail gas with a

known weight fraction: of -oxygen (Eo)v and excess methane enter a fixed-

o
o

bed honeycomb catalyst at an inlet temperature of To. The methane and
oxygen diffuse to the walls of the hongéycomb where they react on the

catalyst, leaving the heat of reaction in the honeycomb sclids. The CO.
and H;O products counterdiffuse back to the bulk gas stream. Simultane- i
ously, the heat of reaction. is transferred from the solids to the main f

gas stream by the laws of convective heat transfer.

i
B R i
In this system, the rate of reaction is -controlled by the overall rate Li
of reactant and product diffusion, kg” * and the heat transfer is governed

by the heat transfer coefficient, h. ®quations for the temperature of the %(

solid, Ts’ ana the temperature of the gas, T, are presented in detail

m Appendix C-1. The results are — |

T~ To=ght, (1= e D (6-1) i

v :

Hr -OOU{IL {
TS~T0=C—p€°fl-r(1~)k)e : ] (6-2) ‘

* - %
As shown in Section 7, the reaction rate may be governed by ; ’
first-order kinetic laws with the same equations and resulis,
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where —
Cp = gas heat capacity, Btu/lb gas-°F
h = heat transfer coefficient, 'Btu/hr~sq ft-F
Hr = heat of reaction, Btu/lb reactant
kg = mass transfer coefficient, cu ft/hr-sq ft
L = reactor length, ft
T = gas temperature, °F
Ty = initial gas temperature, °F
T, = solids temperature, °F
x = distance into reactor, ft
¢ =1In %/ gf, dimensionless
A = Lewis Number = ‘kg‘Cpp:/h, dimensionless'
p = gas density, 1b/CF
56 = initial! reactant concentration, wt fraction
€f = final reactant concentration, wt fraction

These equations present the temperatures .of the gas and the solid horey-
comb as functions of the axial length down the bed -and the parameters
of the system.

The above expressions were derived for this report; the figures
preseni:ed Jlater were calculated by -simplification of the 3-pass system
(Subsection 6. 8) and rnachine computatidn,

Figure 6-4 -pr‘eséﬁts the temperatare of the sqlids in the simple,
single-pass reactor as a function of the relative bed length- with param-
etef's‘ of the Lewis Number, the ratio -of the mass diffusivity to the
thermal diffusivity in the system, For this graph, we assunied an inlet
gas temnperature of 100%F dnd 5.0 weight percent oxvgen in the tail gas.
At a Lewis Number of 1.0, the bed temperature is independent of bed
length, as would be expected from Equation 6-2. The bed temperature
is equal to the adiabatic treaction temperature that would exist at 109%
conversion of the reactants., This may be only slightly above the
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adiabatic reaction temperature (Equation 6-1 at x = L) at high conversion,
but could be 120°F above the adiabatic reaction temperature at only 90%

converted.

At lower Lewis Numbers, the temperature of the catalyst at the
beginning of the bed can be significantly less than the outlet temperature.
The Lewis Number is a measure of the relative mass to thermal dif-
fusivity of this systemm., At a lower Lewis Number, the reactants cannot
diffuse to the catalyst as fast as the heat of reaction can be carried
away., However, at steady state, the heat released on the solids must
be exactly compensated by the heat removed from the solid. Therefore,
with a higher relative heat transfer coefficient, the temperature differ-
ence between the solids and the gas must deci‘ease_ (T8 must be lower)

because of the reduced heat generation rate.

While the gas passes through the bed, its temperature rises because
of the heat transfer, and the solids temperature correspondingly rises,
At the exit of the bed, the solids temperatures are greater than the adia-
batic reaction temperature and this difference is accentuated by lower
fractional conversions and higher Lewis Numbers, For lower Lewis
Numbers, longer beds are required to achieve the same fractional con-
version because the reaction rate is lower (lower k ). However, Figure
6-4 was prepared on the basis of relative bed length for purposes of

comparison;

The Lewis Number for the diffusion of methane in air at standard
temperature and pressure is about 0.82. Using the scale-up factors
(discussed in Section 7) for the effect of temperature upon diffusivity,
the expected Lewis Number is 0.87%t 1200°F., When this Lewis Number
is substituted inté Equation 6-2, the initial solids temperature for Figure
6-4 should be 1150°F, Therefore, the simple reactor should .operate
in this systermn without any preheat if the reaction is strictly diffusion-
controlled, However, as illustrated by the data in Section 7, the chem-
ical kinetics significantly reduce the rate of reaction. Even operating
at 7 atm pressure, the reaction rate constant is less than 80% of the

mass transfer coefficient; therefore, the pseudo-Lewis Number, based

z
This value of the Lewis Number, in conjunction with the channel
diameter and the theoretical Nusgselt Number of 4. 0,yields a k_ which
is identical to the experimental value reported in Section 7. .
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upon thé averagé rate constant, is 0. 68.

and 5% oXygen in the tail gas, the initial solids temperature is 916°F,
Because the Pasdudo-Lewis Number falls to less than 0.4 at this temper-
ature, the fixed-bed reactor is inoperable without excessive oxygen con-

centraiionis in the tail gas or preheating the inlet feed, This effect

With this pseudo-Lewis Number <

therefore checks operational practice of fixed-bed reactors.

Figure 6-5 was drawn to indicate the probable temperature profile
in an operable fixed-bed reactor with 900°F tail gas preheat and an oxygen

concentration of 2,2 weight percent (1.9 volume percent).
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Under these conditions, the adiabatic reaction temperature is 1422°F,

near the upper limit of conventional noble metal catalysts.

In this case,

the bed temperature varies from about 1250° to 1425°F as the Lewis

- Number increases from 0,7 to 0, 8.

This analysis indicates that the tail

gas preheat could be decreased and the oxygen content increased after

start-up in a conventional fixed-bed reactor.

6. 6.

Two-Pass Reactor — Countercurrent Flow

This concept was the preliminary basis for the project.

It promised

adequate preheat of the inlet tail gas for system lightoff, satisfactory

reactor exhaust temperatures for the expansion turbine, and separation

of the abatement section of the plant from the ammonia burner.

Subse-

quent work with the general model indicated that other reaction modes

were preferable,

However, this was the first system developed, and a

large numbér of the basic graphs relate specifically to this mode of

operation,

Consider a system which is identical to the simple, adiabatic,

countercurrent heat exchange problem discussed in Section 5, except

that the exothermic chemical reaction occurs within the second pass of

the exchanger (now a reactor), instead of externally,

Figure 6-6 illus-

trates this concept schematically, and Figure 6-7 is an isometric diagram

of a countercurrent rotary regenerative reactor for this application.

Q = 0

INLET //j/]/J?/f/////a/;/J/ 77722227
TAIL GAS T Q
T= To l
B — T, Q
TREATED 2 2 CHa
TAIL GAS7T 77 777 7A7 777 777 7772722777

\REACT!ON OCCURS ON
CATALYZED WALL A-13-27

Figure 6-6,
WITH INTEGRAL HEAT EXCHANGE
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Figure 6~-7. SCHEMATIC REPRESENTATION OF REGENERATIVE
WHEEL REACTOR IN COUNTERCURRENT FLOW
The cold tail gas enters the preheat zone of the reactor and is heated by
the hot walls of the channels, The hot tail gas exits the preheat zone,
and the reductant is added. This gas reverses direction and passes back
through the reaction section, countercurrent to the flow of the preheating
gas, The reactor is catalyzed so the exothermic reaction occurs on the
catalyst, releasing its heat of reaction to the walls of the channels,
This reaction heat is then transferred to the prcheat gas and to the re-
acting gases according to the laws of convective heat exchange. The
rate of the chemical reaction (and heat release) is controlled by the rate
of diffusion of the gaseous products or by first-order chemical reaction
kinetics, as. explained earlier.
A derivation of the equations used for the countercurrent operation

is presented in Appeﬁdix C-2. These expressions must be used carefully
becausé different bases were used in this derivation than in the rest of

the computational work, These derivations were prepared for computer
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application. They have been simplified below. The temperature of the
preheating gas, T), is —

ThH_ X

T — T\° = C gf[(l — 1/X)(e ax/L _ 1) +j"-x; x/L] (6-3)
P

The temperature difference between the preheating gas and the. reacting

gas, To — T, is ~

H

I R (6-4)
P

and the temperature of the solids, T g 1is given by —

H

T, - T0 = &5 £ AIm( — 1/ = a1 = N 2X/T
J
o
+ -"-1-9-;?-» %/L + (1 — 1/X) + Nse®) (6-5)

where, in addition to the nomenclature on page 53 —

Ti = gas temperature in preheat section, °F

T = gas temperature in reaction section, °F
T1®° = initial temperature of gas to preheat, °F
M1 = area fraction of reactor in preheat

t/F

area fraction of reactor in reaction

Examination of Equation 6-5 proves that the solids temperature is

linear with axial length when the Lewis Number is equal to 1.0, Under

this condition, the temperature of the solids is nearly identical to the case

for simple heat exchange if the reaction conversion is high, ¥ Therefore,
the graphs presented later at a Lewis Number of 1.0 are also applicable
for the temperature of the solids in simple heat exchange with external

reaction.,

s . s . ~ O (44
When the reaction conversion is high, e~ e¥— 1. The term e

in Equations 6-3 to 6-5 yields a temperature equivalent to 100%
conversion of the reactants, but (e® — 1) is applicable for the true
adiabatic temperature rise,.
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Figure 6-8 presents the temperatures of both gases and the solids in
a countercurrent reactor with a Lewis Number of 1,0,

1400 ‘ )

1300 |- 3 wt % 0 IN TAIL GAS 7
20% OF BED IN PREHEAT ZONE 7

1200 Ve

HOO

1000 |- ADIABATIC
REACTION
TEMP

900

°F

800

700

600

TEMPERATURE, -

500
400

GAS IN PREHEAT ZONE

300

200 |-

100 ¥~-—TAIL GAS INLET TEMP

0 | R 1 . A - 1 i | ] 1.
0 0l 02 03 04 05 06 07 08 09 10

RELATIVE AXIAL LENGTH THROUGH CATALYST BED .
A13-30

Figure 6-8, TEMPERATURES IN CYCLICAL REACTOR WITH
2~-STREAM COUNTERCURRENT FLOW (Channel Flow,
Diffusion-Controlled Reaction)
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Both the temperature of the solids and the temperature of the preheating
gas are linear with axial length. After the tail gas exits from the pre-
heat zone, it is mixed with the methane and passed back through the
rcactor countercurrently. The gas contacts the hot solids and starts to
react, leaving its heat of reaction on solids. This heat is transferred

to both the reacting gases and the preheating gases. The temperature

] of the reacting gases rises rapidly as these gases pass back through the
- reactor. The solids temperature, however, falls because the reactant
- concentration (and reaction rate) decrease. At some point, the temper-

ature of the gases in the reaction zone and the temperature of the solids
are equal. At this point, the reacting gases pass through a maximum
in temperature. The temperature of the gases then decreases with dis-

tance because heat is transferred from the gases to the solids.

In Figure 6-8, the solids temperature profiles are nearly identical
to that presented earlier in Figure 5-9 for simple heat exchange, using
the same gas flow rates and reactant concentration, indicating the simi-
larity between the two cases at the Lewis Number equal to 1.0. In this

system, the temperature of the solids at the original bed inlet is too low

- to maintain a reasonable reaction rate, Techniques to increase this tem-
perature, such as additional uncatalyzed heat transfer area in the wheel

] and a three-pass reactor, will be discussed later. Similarly, the temperature

at the hottest part of the wheel is too high for satisfactory catalyst '

lifetime, even with minimum heat transfer efficiency (large hydraulic

diameter and small preheat area fraction) and low reactant concentration.

This temperature will be -decreased at the lower Lewis Numbers expected

in the operating system.,

Figure 6-9 presents the fraction conversion of the reactants as a
function of the relative bed length. This graph is general and applies to

all of the reaction systems in this report: The logarithmic relationship

is characteristic of either a diffusion-controlled reaction or a first-order

chemical reaction. This graph is drawn for 99% conversion at a rela-

tive bed length of 1.0, the basis for most of the figures presented in

this report.
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Tigure 6-10 presents, the relative space velocity in this system for

99% conversion .as a function of channel diameter, with diffusion control.
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Figure 6-10. SPACE VELOCITY AS A FUNGTION
OF CHANNEL DIAMETER, 99% GONVERSION.
REACTION RATE CONTROLLED BY DIFFUSION.
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This graph is based upon a constant Lewis Number. Therefore the mass
transfer coefficient is directly related to the heat transfer coefficient,.
which, in turn, is a definite function of the channel diameter in laminar
flow. Although the channel diameter does not appear explicitly in these

equations, it is implicit in the size of the reactor for a given conversion,

Figure 6-11 presents the temperature gradients in the countercurrent
bed as a function of the channel diameter (with a Lewis Number of 1, 0).
In this graph, small channel diameters promote greater heat transfer
efficiency, similar to that expected from the simple heat transfer problem.
A channel diameter of 1/8 in. was chosen for the remainder of the work
because 1) it results in reasonably high surface area-to-volume ratios,

2) the temperature gradient is not excessively high, and 3) this size is
one of the standard configurations for commercial honeycomb catalyst

carriers.

Figure 6-12 presents the temperature gradients in the catalyzed bed
as a function of the relative fraction of the wheel in the preheat and re-
action zones. Again, the temperature gradient increases with increasing
fraction in the preheat zone, as would be expected from Equation 6-5.
However, based upon the heat transfer studies, a maximum thermal effi-
ciency is expected when the two area fractions are equal at values of
0.5. In this problem, however, we are maintaining constant conversion,
8o the overall size of the regenerative reactor increases as the reaction
zone fraction decreases. This explains the increasing temperature gradient
at preheat area fractions greater than 0.5. In the limit, at the preheat
area equal to 1.0, the reactor size is infinite, At the other limit, with
the preheat fraction at zero, the equation is reduced to the simple, single-
pass reactor case of Subsection 6.5 (allowing for the slight difference in
nomenclature for these two cases), The lines at various preheat frac-
tions all cross at a single point on this figure. Analysis of Equation 6-5
proves  that this should occur at the adiabatic reaction temperature.
However, the axial length at which they cross is a function of the chem-

ical and mechanical parameters of the system.
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Figure 6-11, TEMPERATURE OF BED IN CYCLICAL
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An area fraction of 20% in the preheat zone was chosen for the re-

mainder of the work with the countercurrént flow reactors. because it :
i

results in the minimum temperature grad%ent that can be practically

réalized, considering the mechanical .configuration of the rotary regen- .

erative reactor, -

Figure 6-13 presents the temperature gradients in the system: as a
function of the oxygen concentration in the tail gas, As expected fromr
Equation 6-5, the température level and temperaturé gradients increase

with increasing oxygen content,

The low témperature of the catalytic sclids at the cooler facé of

the regenerative wheel reactor would be unsatisfactory. The reaction

rate would be lowest in the zone where it is most n‘ecearsary — where

the final traces of oxygen .are being removed and the majority of the NOx
is reduced, -Comnsequently, we consider=d the possibility of incorporating
additional, uncatalyzed length in the wheel reactor to effect simple heat
exchange between the exhaust gases and the incoming tail gas, Figure
6-14 illustrates the results with the: Lewis Number in the reactor section
equal to 1,0. The effect of the simple hedt exchange volume is to in-
crease the level of the temperature in the reaction zone by the amount
of heat exchange accomiplished. Although the temperature of the solids
at the warm face of the reactor is exqessive for conventional noble metal
catalysts, an operable system can be envisioned. Sufficient additional
simple heat transfer area would be included so that the minimum temper-
ature of the catalyzed surface would be about 1050°F, The catalyst in
the: temperature zone of 1050°-1350%F would be conventional, noble metal,
The catalyst in the higher temperature zones would be non-noble metal
oxide catalysts.

The temperature profile appears to be 2 continuous function in both
the simple heat exchange and reaction sections of the combined reactor. -
As discussed above, the solids temperature profile in the regenerative
countercurrent reactor is nearly identical to simple heat exchange when
the Lewis Number is 1,0 and the reaction conversion is relatively high.
For this graph we have assumed identical physical configurations in both
the reaction section and heat éxchange section, including the relative frac-

tions of the wheel in the preheat and reaction (cooling) zones.
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Simple heat exchange at the higher temperatt;re face of the wheel-
reactor would be inmeffectual. The gas temperatures of both streams at
this face are identical, A third alternative, thermal exchange of the
preheated tail gas with the incoming tail gas, was not calculated because
an additional heat exchanger is required. However, a rederivation of
Equation 6-5 incorporating this heat exchange indicates that the initial
solids temperature would be raised and the solids temperature gradient
would be moderated by this technique. Additional work with this approach
would. be justified in improving the countercurrent adiaba@ic regenerative

‘reactor.

The results ,.pres.entéd\ to this point have been based upon .an assumed
Lewis Mumber of 1.0, As explained in detail in the preceding subséc-
tion, the expected Lewis Number for strict diffusion control of this re-
action is about 0,87 at 1200°F, The kinetic data on noble metal catzlysts.
indicate that the pseudo-Lewis Number* will be in the range of 0.5 to
0. 8. Insufficient data have been collected to permit estimation of Lewis
Numberé on non-noble -oxide catalysts, but they probably will be about

the same at higher operating temperatures.

Figure 6-15 presents the ternperature profiles in the reactor as a
function of the Liewis Number: For this graph, we adjusted the fraction
conversion for each Lewis Number so that the beds were the same
actual length., Otherwise, the effect of changing the Lewis Number would
be partiilly obscured by the improved relative heat transfer which would

occur in the longer beds associated with the lower Lewis Number.

When: the results of Figure 6-15 are considered with .additional,
uncatalyzed simple heat transfer area (similar to Figure 6-14), the oper-
ation of the mixed-metal rotary regenerative reactor beconies even more
favorable. Perhaps, with sufficient simple heat transfer volume,

the noble metal catalyst could be eliminated entirely,

Based upon the average effective reaction rate constant as modified
by the mass transfer coefficient,
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6.7. Two-Pass Cocurrent Reactor

The tempeérature profile of the solids in a cocurrent reactor can be
quite uniform under certain, readily achievable modes of operation.
These benefits of the cocurrent reactor were discovered while evaluating

the three-pass reactor concept discussed in the next subsection.

In physical operation, the cocurrent reactor is similar to the counter-
current reactor discussed in the preceding subsection, except that the
preheated gases return to the original face of the reactor and pass through
the reactor in the same directicn as the preheating gases. Figure 6-16

illustrates this concept for a rotary regenerative reactor.

PREHEAT SECTION

REACTION
SECTION

TREATED

Figure 6-16. SCHEMATIC REPRESENTATION
OF COCURRENT FLOW SYSTEM
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A derivation of the equations governing the performance of this reactor
concept is presented in Appendix C-3. A simplification of the equation

for the temperature of the solids is given below:

H

o_ _T 2 — + o-0x/L _ 2 —
Ta-Tl —E‘;go{n1+mé(?nh—_7%1 b e [nzk mll1 +$Zﬂﬁl—:%)-]
N2 — - Al —%Z
-.z'r;,ozx/M_,.I £m(1 * 2M --& Y1 05 B znf- 1)

1 +e2™ a/A

(6-6)

+ [1 + (m2~ m)e

This relationship is relatively complex in its complete form. However,
under certain conditions, it is greatly simplified, For example, when

the fractions of the wheel allotted to preheat and reaction are equal and
the Lewis Number is 1.0, the solids temperature is constant with axial
length -and nearly equal to the adiabatic reaction temperature:

H
Ty = Ti® = = g1 = e™%/(1 - ™% (6-7)
N .

s,
Similarly, when the ratio of the presheat cross-sectional area to the reac-
tion area is equal to the Lewis Number (for Lewis Numbers # 1), the

solids temperature profile is —

H
T, - T = & & (1= e %1 + (n2— m) e 2M20x/ Ly (. =270y 3 (g g

s C
P

As will be shown, this temperature does not vary greatly with axial
length at Lewis Numbers between 0.5 and 2 or with conversions greater
than 90%.

A third simplification is of interest in comparing thé cocurrent
reactor with a simple, single-pass reactor. Both of these reactors
exhibit a constant solids temperature at a Lewis Number of 1,0 if the
area fractions In the cocurrent reactor are equal. We can estimate the
effect of the Lewis Number in the cocurrent reactor by equating the area
fractions., If the fractional conversion is high, the solids temperature
profile is —

0 Hr -0x/L
T, —T:%= 'cf'; go[l ~1/2(0 = A e ] (6-9)
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Notice that the effect of the Lewis Number in Equation 6-9 is only half
as great as we found for the simple reactor in Equation 6-2, In addition,
the effect of the Lewis Number can be counterbalanced over a wide range
by varying thé area ratio in the cocurrent reactor according to Equation
6-8. These points will be presented graphically in the rest of this

subsection.

Figure 6-17 illustrates the effect of varying the preheat zone in the
cocurrent reactor with a Lewis Number of 1. Low preheat fractions tend
to generate higher solids temperature at the front face of the reactor,
while high preheat fractions decrease the temperature at this face. At

both area fractions equal to 0.5, the solids temperature is constant.

Figure 6-18 illustrates the constant temperature profiles with par-
ameters of oxygen concentration in the inlet tail gas. As expected, the
higher oxygen concentration causes a higher adiabatic temperature rise

and a hotter reactor.

Figure 6-19 presents the temperature profiles of both the solids and
the gases in the cocurrent reactor with a Lewis Number of 1.0 and equal
area fractions in the preheat and reaction zones. This graph illustrates
that most of the heat recleased by the reaction is used to preheat the in-
coming gas and that the temperature of the reacting gases is nearly

equal to the temperature of the solids.

Figure 6-20 illustrates the temperature profiles in the cocurrent
reactor at equal area ratios, but varying Lewis Numbers. A lower
Lewis Number tends to decrease the temperature at the front face of the
reactor. Also included on this graph are similar functions for the simple,
single-pass reactor taken from Figure 6-4, Comparing the curves at
equal Lewis Numbers indicates the immediate benefit of using the co-

current reactor,

Decreasing the Lewis Number tends to decrease the temperatuve on
the front face of the reactor, and decreasing the preheat area fraction
tends to increase the solids temperature at that point, These effects
may be counterbalanced. If a reacting system has a Lewis Number less
than 1,0, a reduced preheat area could be used to compensate. Figure
6-21 presents the temperature profile for a Lewis Number of 0. 6 with
varying preheat fraction. This graph indicates that a nearly constant tem-

perature profile might be obtained at a preheat fraction between 0, 35 and 0. 4.
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The maximum temperature variation is plotted against preheat frac-
tion in Figure 6-22 for a series of Lewis Numbers. This graph can be
used to select the preheat area fraction which would force the two faces
of the reactor to equal temperature. The tabulation on Figure 6-22 in-
dicates that the solids temperature will be constant when the ratio of the
preheat zone to the reaction zone is equal to the Lewis Number. How-
ever, this ratio is not precise., For example, at a Lewis Number of
0. 6, the calciilated preheat area fraction using this relationship as 0.375
rather than the 0.372 obse¥ved. The data input for Figure 6-22 is so suf-
ficiently accurate that a slight discrepancy is noted. This difference is

caused by the small effect of the x/L term in Equation 6-8.

Figures 6-23, 6-24, and 6-25 indicate the temperature profiles when
the area ratio of the reactor wheel is equal to the Lewis Number. These
graphs have been prepared for varying Lewis Numbers and degrees of
reaction cornpletion, In general, the deviations from the ideal relation-
ship become more pronounced as the Lewis Number is decreased or the
fraction conversion of the reactant is decreased. In most cases, further
compensation for these deviations could be achieved by slight adjustment
in the relative area fractions in the regenerative reactor. However,
these modifications are not warranted with our simplified model; we should
include the effects of temperature upon reaction rate and physical prop-
erties of the system before we refine these design relationships. In addition,
the data of Section 7 indicate that at least 989 conversion will be
necessary for satisfactory abatement; therefore, the bed temperatures

can be essentially constant in this process.

‘The constancy of the solids temperature in the cocurrent regenerative
wheel reactor is ideal for reaction control, No problems would be ex-
perienced in overheating ‘the catalyst, causing degradation, and there
would be no problems with reaction lightoff with higher oxygen concen-
trafions in the tail gas,

However, the temperature in the reactor is controlled only by the
oxygen concentration. This temperature may be too low for satisfactory
reaction rate at lower oxygen: contents. Simple heat exchange on either
side of the wheel is ineffectual., At the rear face of the wheel, where
the product gases exit, both the preheated gases and the product gases
have similar termperatures so no heat exchange is possible. At the front
face of the wheel, the inlet tail gas can be preheated by ‘the gases which
are going to reaction, but the exchange of heat does not affect the total
quantity of heat which is carried to this face of the wheel by the two

80
INST I TUTE 0 F G AS TECHNOLOGY

s

r—-
—— —

e
*
e smsased




~

RN e PR .
R C RV SN NN R RIS SO SN ST,

Tl b

400

NUMBER FRACTION
S Le  PREHEAT

0.5 0.332
0.6 0.372

350

1 300 |-
& 07 - 0410 }
_.s 250 0.8 0.445 -
200 é
1.
1 b
_ 150 2
. d <2
w %
3 B % 00 :
P ] ;
. 7] (
0 A
H - A b
a ,

t
w
o
j . S
fere B de SMRELTI

i =100 E

', ) -|50 . - '3

N - 4
; Y

-200 |- )
4

~250 L L S SIS W
0.25 030 0.35 040 045

FRACTION PREHEAT .
A-13-41

T VR AT s B S N S

osnrey BN vt B oo

Figure 6-22. TEMPERATURE DIFFERENCE ACROSS ‘WHEEL
VERSUS FRACTION PREHEAT AT CONSTANT LEWIS NUMBERS

z
o
H

I NS TI Y UTE O F G A S TECHNOLOGY

anverf'

4

e o




PEy ot o ANA LY cor,

1300 > 1300
1250 10 J z
& 0.5|LEWIS NUMBER & 7 R
& 1200 ol & 1200 7 LEWIS NUMBER 'j
5 k — 10 o
o o ——— 09 ;
W onso | & nso-t- —— 08 R
2 . : — 07 N %
] W ] et e 0_6 [ 29 N
= - —-— 05 ;
, : —n— 04 L2
100 1100 —— 0.3 ¥J ”
——— (0,2 :.. vy
: —e 0.1 ‘s
Ioso 1 1= 1 1 1 1 1\ { 1 loso } 1 i 1 1 | [ s 1 t.&
00 01 02:03 04 05 06 0.7 08 0910 00 0l 02 03 04 05 06 07 08 09 (0 ; i p
RELATIVE AXIAL LENGTH RELATIVE AXIAL LENGTH oo
THROUGH CATALYST ‘BED THROUGH CATALYST BED j
A-13-47 ‘ A-13-48 U
Figure 6-23. TEMPERATURE IN Figure 6-24, TEMPERATURE IN
2-PASS COQURRENT REACTOR. 2-PASS COCURRENT REACTOR. §
AREA RATIO = LEWIS NUMBER; AREA RATIO = LEWIS NUMBER; : S :
99% CONVERSION 95% CONVERSION I ;
1300 - gr] f
LEWIS NUMBER -
— 10 . PR
1250 f- ——=- 09 SR
- AR
4 1200 |
=1 . :
E i Ty
W 50 priii 1 ‘
L iy |
'U_J .,.,',/ ————— 8l2 A
1100 '7' =
.
osol—ti L ¢ 1.1 4 1 | o
00 0/ 0.2 03 04 05 06 0.7 08 09 10 F
RELATIVE AXIAL LENGTH ‘ } !
THROUGH CATALYST BED -
A-i3-45 3
| Figure 6-25. TEMPERATURE IN 2-PASS COCURRENT ‘ }
REACTOR. AREA RATIO = LEWIS NUMBER; 90% -CONVERSION ) c
}
) t
82
‘ H
INSTITUTE o F G A S TECHNOLOGY




gt S ot {

4
P, | oveeddt S

| vt B =0 S i

o |

gas streams., The only way to increase this téemperature is to preheat
the inlet tail gas. with some other source of energy, perhaps the reaction
products discharging from the reactor. Incorporating heat exchange of
this type, the cocurrent reactor is operable with even low oxygen con-
centrations in the tail gas at temperatures up to 1350°F for conventional,

noble metal catalysts, Higher temperatures may be achieved for use

with non-noble oxide catalysts.

6.8. Three-Pass Combined Cocurrent and Countercurrent Reactor

The three-~pass reactor was conceived as an improvement on the counter-
current reactor. In this scheme, the reaction does not go to completion
in the first reacting pass, as controlled by the quantity of reductant added
or the size of this reacting area. The reacting gases are turned around
again and passed back through the reactor cocurrent to the original flow
of the preheating gas. This flow stream is illustrated schematically in
Figure 6-26, The derivation of the equations for this reactor concept
are presented in Appendix C-4, These equations become quite complex,
so only the important points are detailed. Similarly, these equations

have little obvious meaning, so they are not presented here.

Figure 6-27 presents the témperature profiles of the solids in the
three-pass reactor with a Lewis Number of 1,0, a preheat zone of 20%,
and varying fractions of reaction completion in the first pass. Figure
6-28 illustrates the same reactor with uncatalyzed simple heat exchange
volume on the incoming face of the reactor. Examination of these two
graphs indicates that a variety of temperature profiles may be obtained
by varying the operating parameters in the system. For the NOx abate-
ment system, we would suggest a reactor configuration in which the final
outlet face was relatively hot, This would ensure maximum cleanup of
the final product gas, after the majority of the oxygen had been reacted.
Such a reactor might be achieved with 20% preheat, 80% of the reaction
in the first countercurrent path of the reactor with the remainder in the
cocurrent path, and 4.5 to 5 weight percent oxygen in the tail gas, This
set of conditions 'is not presented in Figure 6-27, but would result in a
slowly rising temperature in the reacting bed, varying from about 1150°

to 1350°F,
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Work on the three-pass reactor was suspended when the advantages
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of the cocurrent reactor became known. The cocurrent reactor probably

gives better reaction control and higher reaction rates than the three-

pass reactor, without the added complexity of double recycle of the gases.
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6.9. Reactor Modeling — Incorporation of Experimental ]
Reaction Rate ¥

6.9.1. Reactor Modeling

The computer program, discussed in Section 6.7, was modified to

sy o v o
Aoy sk dnre o

incorporate the variation of experimental reaction rate with temperature.

This modified model, which is more rigorous than the simplified model
used earlier, permits a more realistic evaluation of the isothermal

reactor-bed concept.

Numerical evaluation of the equations for k 7 at 1 and 7 atm was
determined based on our experimental data; these data are graphed in

Figure 7-10. Knowing that —

PRE VTP LT TP AT, JUUIR R SN 2 m;‘}{-._n_‘v e

1
+ 'E—-ﬁ (6-10)

L
k. T
r g

o Lo

and

B e ek O n

C, SV, (T )
K=ln ?ff RT <"7?°') (6-11)
©

ki o

we can determine the dependence of oxygen conversion on temperature,

pressure, and space velocity.

6.9.2. Simple Reactor

A simple fixed-bed reactor was mathematically simulated. The

CeanemetsSisen kT $ppesn o

expected reactor performance, based on our experimental kinetic studies,

walai s

was evaluated as simple changes were made in the assumed opérating

P X

conditions. A feed composition of 2.5 volume percent oxygen, preheat
temperatures of 600°-1000°F, and space velocities of 30,000-60, 000 hr-?

were chosen, We also tested the effects of changing the physical char-

acteristics of the honeycomb catalyst carrier.

St BT o AR sy Fa s

Figures 6-29 and 6-30 show the solids temperature profile in the bed
for different preheat temperatures. For these graphs, the system was
set up with a feed composition of 2.5 volume percent oxygen, a space
velocity of 40,000 hr~!, a Nusselt Number of 4.0, a channel diameter of
1/8 inch, and operating pressures of 7 and 1 atm. Note the inflection
of the curves at 7 atm pressure (Figure 6-29) between 700° and 600°F,

A similar inflection is noted at 1 atm pressure (Figure 6-30) between
900° and 800°F, At the lower preheat temperatures, the reaction rate

i T At e i At
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is insufficient to raise the solids temperature to a more favorable, higher

level, These inflections therefore may be indicative of the reaction in-

itiation temperatures at the respective pressures,

Figure 6-31 shows the variation of oxygen conversion with space
velocity for different preheat temperatures at 1 and 7 atm. Our earlier
kinetic studies showed that to attain the desired nitric oxide removal,
98-99% of the oxygen must be converted. Such results can be attained
on the model at high pressure and low space velocity. However, at
600°F and 7 atm (not presented in Figure 6-31), conversion is low.
poor performance at these conditions confirms the temperature profile

The

data in Figure 6-29,

One qualification should be made; that is, low preheat temperatures
(lower than those utilized by industry) produce good conversion at higher
pressure, Perhaps the estimated heat transfer coefficient is too low, or
our experimental reaction rate is high compared with that for aged cata-

lysts. Changing these relative rates would decrease the conversion in
our model,

The channel diameter was reduced to 3/32 and then to 1/16 inch to
evaluate this effect on the model, Significantly improved conversions
were attained. Decreasing the channel diameter improves :the mass
transfer rate, in addition to increasing the surface area per unit
volume of catalyst, Therefore, changing the channel size has an expo-
nential effect on the conversion. At 7 atm and a 700°F preheat, the
conversion increagsed from 95.3 to 99.4% when the channel diameter was
reduced from 1/8 to 3/32 inch, By further reducing the channel diam-
eter to 1/16 inch under the same -conditions, a 99.9% conversion was
attained at 70% of the catalyst depth. Under such conditions a higher
space velocity could be incorporated and a lower catalyst volume could

be used,

Another set of runs was made to simulate interrupted channel lengths.

The Nusselt Number and the k_factor were doubled to simulate the ei-
fect of turbulence, The results were interesting, Simulated turbulence

caused improved performance at preheat temperatures of 70961" and above,

At lower preheat temperatures, poorer results were obtained, .caused by
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lower solids temperatures. The heat generated by the reaction was trans-
ferred away from the solids too fast to sustain good conversion on the o

catalyst surface,

P
[N

These two carrier design modifications, as. simulated in the complex

i

model, suggest possible modifications in existing reactors., Reducing the

channel size in the commercial reactor and using the same catalyst load-

-

ing (on an area basit) should significantly improve abatement. A similar

£

effect should be noted in an operable reactor when many thin, nonoriented

layers of the original channel size are used. However, if the present

——,
(A

reactor performance is marginal, the siaggered layer concept can force

reduced reactor performance.

S
L

6.9. 3. Regenerative Wheel Reactor ‘

The primary function of the modified computer program was to simu-

ey
| Y

late more rigorously a cocurrent regenerative reactor (described in
Section 6.7). Inlet gas temperatures of 100° and 200°F were tested at

r—“M"
b e, -

a pressure of 7 atm and a Nusselt number of 4,0, The model indicated

that the system has two stable operating conditions. In the primary i I
stable condition, the oxygen combusted in the reaction zone delivers -
enough heat in the preheat zone to preheat the gas sufficiently; that is, i
the system can sustain combustion. In the secondary stable condition, L

insufficient combustion occurs and the gas cannot be preheated. The out-

let gas temperature equals the inlet temperature, and the resultant con- ’ (

version is negligible.

The major objective in this improved model study was to determine g_ g
whether an isothermal solids temperature could be achieved in the wheel _
reactor., By mathematically varying the space velocity and the fraction U
of the wheel in the preheat zone (similar to Figures 6-21 and 6-22), this
condition was readily attained, We observed, however, that if the space

Facaut
D
s

velocity and/or preheat zone were too large, the system would degenerate

to its secondary stable condition. Therefore, if this reactor configura- L

Lo

tion iz pushéd too far beyond its design operating range, it reverts to

inoperability. *

T e
+ I
[
oo e

Although preliminary analysis indicates that the operating condition is
stable, more detailed study may be desirable to indicate the degree of
operating excursion that can be tolerated.
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In this model, similar to the effect noted in the simplified model,

the isothermal bed is achieved when the ratio of the preheat zone to

reaction zone is approximately, but not precisely, equal to the pseudo- :

Pleney

Lewis Number of the system.. The deviation from a constant bed temp-
erature, however, is more severe in this model when the operating
conditions are incorrect. This deviation i8 caused by the compound ef-

fect of changed bed temperature and, consequently, changed reaction rate,

A bed of layered honeycomb with many discontinuities was simulated
in the model by doubling the Nusselt Number and kg and by not changing :
the reaction rate constant. Under proper conditions, this modification
has a significant effect on reactor performance; in some cases, it more

than halves the amount of unconverted oxygen.

The reaction channel diameter alse was reduced by a factor of 2
in this example. This reduction doubles the heat transfer coefficient,
the mass transfer coefficient, and the surface-to-volume ratio of the

catalyst. This modification greatly improves conversion, as

noted in the simple reactor studies.
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7. REACTION KINETICS STUDIES

7.1. Summary
U The purpose of this phase of the investigation was to determine the

3
:
>4
L
)l'
4

chemical operating parameters of the process experimentally. The cata-
U lyst vendors could only supply design specifications for conventional 8
abatement reactors, but would not provide the kinetic data required for ,

the design of this novel rotary regenerative reactor. The literature pro- ‘,

-~ —
| —
-

vided some ineight into the problem, bhut experimental data were required

for incorporation into our reactor model. t

S

The literature and catalyst vendors indicated that the NO would not

|
be removed until the oxygen was almost completely consumed. The pro- §‘
!

——
R

gram was therefore directed toward determining the characteristics of
the reduction of oxygen by methane over conventional NOx abatement

catalysts,

Matthey Bishop, Inc., supplied a mixed noble metal catalyst of

= "

proprietary composition, supported -on 1/8-in, cell honeycomb, for use

in this work., The data were satisfactorily correlated assuming that the

e
[o————

reaction was first-order in the limiting reactant, in agreement with the

literature, The Arrheniuys correlation with temperature yielded 'an acti-

O
[——

vation energy of about 15 kcal/g-mol., midway between literature values

of 10 and 20 kcal/g-mol. for platinum, At higher temperatures, the *

r“""4

rate of reaction was moderated by the rate of gaseous diffusion within
the channels in the honeycomb. The correlation with pressure proved

that diffusion became a dominant control at higher operating pressures. ;

.

At 90 psig operating pressure, the required space velocity for 99% oxygen w
removal is 27,500 hr-! and for 98% removal is 32,000 hr-!; the rate is :

relatively insensitive to temperature because of the effect of diffusion

o ——
L——

control, The pseudo-Lewis Number at this condition is in the range of

"
O,

0.5 to 0.8. At 1 atm operating pressure, the required space velocity

for 99% oxygen conversion. is 11,700 hr~!, These design criteria are

17

based upon relatively new catalysts operating at 1200°%F and compare to a
space velocity of 40, 000 hi-! recommended by the manufacturer for satis-

factory operation over a l-year period.

“a
e —

The mechanism of NO chemical reduction from nitric acid tail gas
{ has not beén completely determined. Certainly, our data prove that :
' much of the NO is reduced simultaneously as the oxygen is consumed by

methane, However, at high oxygen removal, the methane is incompletely

[Ur—

oxidized. The resulting CO is a more powerful reductant and should
‘ l 87
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increase the rate of NO removal, A conservative interpretation ot cur
data indicates that satisfactory NO effluent concentrations of 150 ppm
should be achieved with 99% removal of the oxygen in the tail gas. With
98% removal of the oxygen, the expected NO concentration in the effluent
is 200 ppm, the EPA standard for NOx emissions, A more optimistic

y
interpretation of our results would predict NO concentrations about half L)

of those reported above. Therefore, space velocities of 27, 500-32, 000

hr-! should be satisfactory for meeting Federal standards for NOx emissions, %ﬂ

We have proposed bed modifications which could increase the design

space velocity by a factor of 2.4, to 66,000 hr~!, Under these condi- '{_ﬂ
_ tions, the pseudo-Lewis Number decreases to the range of 0.3 to 0.5, B
A palladium catalyst from Engelhard Industries exhibited activity ?_ﬂ
’ ,‘ similar to the Matthey Bishop catalyst. However, the Engelhard catalyst
was subject to severe degradation, apparently by fuel cracking and re- 5-
fractory carbon ‘deposition. Some samples of the Matthey Bishop cata<
- lyst also degraded, but the mechanism has not been determined. ; z
- In the program continuation, the Matthey Bishop catalyst was tested
with a hydrogen-rich fuel simulating the gas product from a natural gas ”
: \; reformer, These data proved that the noble metal catalyst is active. for B
the hydrogen-oxygen reaction at temperatures about 500°F lower than re- U

! quired for the more refractory methane fuel, When using the honeycomb

catalyst, however, the cystem is still apparently faced with the same

i

E diffusion barrier., The overall reaction rate expected with the hydrogen

fuel is not significantly greater than can be achieved with an active cata-

N‘
e

lyst and methane fuel, The primary advantage of the hydrogen fuel ap-
pears to be that it can operate at a lower temperature :ito achieve the

same result, thus minimizing potential catalyst degradation caused by

!‘0-—-«:

temperature excursions. These results suggest that steam-reforming the
natural gas fuel might be a satisfactory correction mechanism for those

i

facilities which have NO_ abatement reactors that -are continually plagued

by catalyst deactivation.

.~..,-
[

A non-noble catalyst of cobalt oxide (Co;0;) was tested in this system.

The catalyst showed activity. for the reduction of oxygen with methane or 1
hydrogen, but at temperature levels of approximately 400°F higher than U
required by the noble metal catalyst, The use of cobalt catalyst at 1500%F \

compares favorably with the use of noble metal catalyst at 1200°F, Space )l

velocities of 19, 000-23, 000 hr-! are required for 99 and 98% conversion
of the oxygen in the tail gas, The nitric oxide reduction on this catalyst, ;{
however, is not high, Therefore, the cobalt oxide cannot be directly sub- '
. 88 i,
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stituted for the noble metal catalyst in NO‘x abatement, These results
suggest an attractive alternative: The majority of the -oxygen can be re-
duced with hydrogen or methane over this cobalt catalyst, yielding par-
tially depleted tail gas. This partially treated gas would be low in oxygen
concentration; it therefore could be treated more readily than the original

tail gas. on conventional, noble metal catalysts,

This experimental work was performed to specify the engineering
design of a novel reactor, The data are reproducible and agree well
with predicted behavior, Additional work is suggested with smaller cata-

lyst channel size, and other, non-noble metal catalysts.

7.2. Objective

The purpose of this phase of the investigation was to determine the
rates of the chemical reactions experimentally. as functions of the oper-
ating parameters of the system. These rates would be used in conjunc-
tion with the mathematical model to design the novel rotary regenerative
reactor system.

7.3. Introduction

At the inception of this program, we had planned to obtain catalyst
operating characteristics from the catalyst vendors. However, the ven-
dors were unable to give us the type of data that we required — controlling
mechanisms, activation energies, reaction order, and values of the rate
constant. This type of data is required for the design of the novel

reactor.

Engelhard Industries had earlier spécified its palladium hoxieycomb
catalyst for nitric acid tail gas abatement at a space velocity of 100, 000
hr~!. This sizing basis was used for single-stage abatement reactors
with 900°F inlet tail gas temperature and an oxygen concentration of 2; 6%
or less. However, at the inception of the program, the EPA had just
published. standards equivalent to 209 ppm total NO_ in the product gas.'*
These standards werc not being met in existing plants using methane
fuel, so Engelhard was no longer recommending the honeycomb catalyst;
rather, it was suggesting pelletized catalyst at space velocities of 30, 000

hr™!, The pelletized catalyst could be usable in the novel reactor, but

the low pressure drop characteristics of the honeycomb catalyst are a

definite advantage,

Matthey Bishop, Inc., markets noble metal honeycomb catalysts for

nitric acid tail gas abatement. These catalysts are primarily platinum
89
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based, although other noble metals ara admixed in some proprietary
formulations. Matthey Bishop had originally quoted space velocities of
100, 000 hr-! for its catalyst, but moderated this rating to 80, 000 hr-!
after the publication of the NOx standards. Matthey Bishop prefers the
2-stage abatement process, with interstage cooling or bypassing a portion
of the feed gas. The quoted space velocity is for each stage of the dual
reactor, s8c the effective overall space veiocity is about 40, 000 hr~!
(depending upon the proportion of the gas bypassing the first reactor).

In one version of the 2-stage process, all of the fuel is fed to the first-
stage reactor. The oxygen in that gas is essentially consumed, but the
excess methane appears in the exhaust as CO and H; because of incom-
plete combustion and shifting of the gases on the catalyst. These re-
ductants are more active in the combustion of the oxygen and nitric oxide

in the second-stage reactor.

The. open literature has provided some information on the problem,
A group of articles®!®2'2# in the February 1971 and April 1972 issues
of Chemical Engineering Progress described the operation of existing

nitric acid tail gas abatement units. This problem is similar to NOx
abatement from automotive exhausts, a subject that has been responsible

3% from Ford Motor Company. In particular,

for a series of articles
Shelef and Kummer?® presented an excellent literature review. Also,
Ayen and his co-workers®#789 have gtudied the reaction of NO with a
variety of reductants over copper chromite catalysts, This catalyst was
apparently subject to severe degradation, but this work illustrates the

relative performance characteristics of various fuels,

Primary literature on the oxidation of methane was published by the

32,33 9 The Bureau of Mines reports

Bureau of Mines and Malinsky. 2
activation energies of about 20 kcal/g-mol, for both palladium and plat-
inum catalysts and indicates that the reaction is approximately first order
in methane, the limiting reactant, and very low order in oxygen, the
excess reactant. Malinsky concurs in the reaction order, but reports
activation energies of about 10 kcal/g-mol. for platinum and 20 kcal/g-
mol, for palladium, Both of these sources tested a wide range of non-
noble catalysts. Activity was shown by Cr30;, CuO, Co304 Fe:03;, and
MnO,. These articles show that the catalytic activity varies significantly
with the method of catalyst separation. Also, commercial catalysts,
prepared by those skilled in the art, are superior to nonstandard research

catalysts.,
90
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Researchers at Bell Laboratories’ have recently announced that
certain rare-earth-doped, mixed-metal oxides are catalysts for this re-
action, with an activity approximately equivalent to that of platinum. This
research may potentiaily be rewarding in finding a less expensive sub-
stitute for this noble metal.

A paper by R. D. Hawthorn'? discusses the physical characteristics
of honeycomb-type catalyst carriers and offerss correlations. for heat
transfer, mass transfer, and pressure-drop characteristics. This paper

verified the mixed diffusion and chemical control which we have found:

Our primary problem is to eliminate NOx. The literature had indi-
cated that satisfactory NO concentrations would be achieved only if the
oxygen: concentrations were reduced. It contained contradictory hints as
to whether the reduction reactions with NO and oxygen were simultaneous
or consecutive., Our first problem, therefore, was to evaluate the oxygen
removal with methane and then examine the NO removal to determine if

the reaction occurred simultaneously,

7.4. Theory

The rate of chemical reaction for the reduction of oxygen with meth-
ane is assumed to follow first-order laws, basad upon the literature.
The rate of chemical reaction for a first-order system is directly pro-
portional to the activity, or partial pressure, of the reacting species

according to Equation 7-1,

1 dna
TaTS @ T K P (7-1)
where —
k, = reaction rate constant, Ib-mol, /hr-sq ft-atm
n = quantity of species a, lb-mol,
P, = partial pressure of species a, atm
r, = rate of reaction of species a, lb-mol. /hr-sq ft of catalyst area
‘S = nominal area of catalyst, sq ft
t = time, hr
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For a continuous flow system, at constant temperature, pressure, and
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flow rate —

o

[a
Q
* v
e

> -G _a__ 2

; a7 & ° k, Ca (7-2) i
y where — { J
3 i
C_ = concentration of species a, mol /vol i
4 DA
, G = molar flow rate, mol /hr !_j >
T = pressure, atm U
"' which may be integrated to determine the reaction rate constant over ;
4 the reactor length — U
: C,6 kT
3 g, " ars (7-3) “ :
or 4 ‘:’

3 CO SVO T 770 1k
. k= Wng) grT T, 1) (7-4) 1N
3 where ~ U g
- Cf = final reactant concentration, mo]'. /vol 4;
C o = initial reactant concentration, mol /vol ” |

R = gas constant, 0.73 atm-cu ft/mol -'R

S

SVO~ = gpace velocity, std vol/hr-vol of catalyst

T' = temperature, °R U
T, = standard absolute temperature, R

Ty = standard pressure, atm U
@ = specific area of catalyst, sq fit/cu ft

g s
I

The: reaction rate constant in Equations 7-1 to 7-4 is a function only of

the temperature according to Equation 7-5,

=3
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k_ = Ae B/RT (7-5)

where —

A

pre-exponential factor, mol /hr-sq ft-atm

E = activation energy, kcal/g-mol.
R = gas constant, 1,987 kcal/g-mol, -K
T = absolute temperature, °K

The activation energy, E, is specific for a given reaction over a partic-
ular catalyst, but care must be exercised in using values fro-~ ‘the liter-
ature because different definitions (or unmits) of k. can affect the value of
the activation energy. The value of E in Equation 7-5 varies from ap-
proximately 10 to 30 kcal/g-mol, for most catalytic oxidation-reduction

reactions.

The reaction rate over a‘t honeycomb type of catalyst can also be
controlled by the rate of diffusion of the reactants to the catalyst wall
because the flow regime in the small channels is usually laminar, even
at relatively high space velocities. The rate of diffusion is governed

by Equation 7-6.

1 dna ‘
Tad ©§ 4 T T kg(pa =P (7-6)
where —
kg = mass transfer coefficient, mol /hr-sq ft-atm
P, * partial pressure of a in bulk, atm
Py = partial pressure of a at wall, atm
r*a° rate of diffusion of species a, mol /hr-sq ft

If the partial pressure of the reacting species of the wall, Paw’ is zero,
then Equation 7-5 is identical in form to Equation 7-1 and can be inte-

grated similarly into Eguations 7-7 and 7-8

*
Assuming that thé chemical reaction rate is much higher than the

diffusion rate aznd that the diffusing species reacts instantaneously
when it reaches the catalyst. ’
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In -(-;-f- = —G'%-S- (7-7)

or

. (.F... . _2) (7-8)

The mass transfer coefficient, k , is related to the diffusivity of the
system according to the Sherwood Number, a dimensionless group, which

is essentially constant in fully .developed laminar flow:

- ' -
NSH = kg dH/ D (7-9)
where —
NéH = Sherwood Number, dimensionless
kg' = kgRT, ft/hr

hydraulic diameter of channel, ft

o

D = mass diffusivity of species a, sq ft/hr

According to molecular theory, the diffusivity of the system is inversely

proportional to temperature raised to. the 1.75 power:

T ﬂo
D= DO(T_(;)l.vs -2 (7-10)

where Do = diffusivity at standard conditions.

Therefore, although the mass transfer coefficient is a function of
both the temperature and the pressure, the rate of mass transfer is

independent of pressure:

"o T
kg m NDO -ﬁ— (-,i,"— 0:75 (7-11)
o] (o]

The exponential temperature relationship for the rate of mass transfer

cannot be readily distinguished from an Arrhenius relationship with an

apparent activation energy of about 1.1 kcal/g~-mol. In other words, a

system with low apparent activation energy might be channel-diffusion
controlled, and uniform pressure data will not be sufficiently precise to

prove diffusion or kinetic control. High apparent activation energies,

however, are indicative of kinetic control.
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The overall rate of reaction in this system will probably change from
kinetic to diffusion control as the temperature or pressure is increased.
In the region where both controlling parameters exert influence, the par-
tial pressure of the reacting species at the wall, Paw’ is not zero, but

rather is the controlling pressure for the chemical reaction rate:

r i .
Taa = = KglPy — Pay) = — K (o, - :Ta;;)* (7-12)

At equilibrium, the chemical reaction rate and the diffusion rate must

be equal and -~

=—~Kp (7-13)

where —

1 1 1
P
K kr kg

More conveniently, we divide by pressure and define the new term Km -

1 1 1
el e I v (7-14).
m
where
C K
In =2 = ==
C:f GJ/S

In this relationship, kr is independent of pressure and. the overall chem-
ical reaction rate increases with increasing pressure. However, for the
diffusion portion of the control, the quantity kg‘ﬂ is independent of pres-
sure and the rate of diffusion is therefore not a function of pressure.
The average reaction rate constant, Km’ increases with pressure until

the diffusion control becomes predominé.nt.

7.5. Bench-Scale Equipment and Test Procedure

The experimental hardware for the bench-scale tests is shown on
the process flow and P&I drawings (Figures 7-1 and 7-2), A nitrogen
sttream was humidified (D1) and sent to an electric heater (E1l) where the
gas was heated to the range of 900°-1600°F, Oxygen and nitric oxide
were blended in specially designed mixers (M1 and M2) consisting of
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blocked stainless steel tubes with perpendicular orifices, inserted into

a tee in the flowing nitrogen line. The fuel was injected in a similar
nozzle (M3) constructed of alumina to avoid methane cracking. The va-
sulting stream was forced through eight close-coupléd ‘tube glbows for
mixing, and the prehcated gas was sent to the reactor (R1l). After reac~
tion, the tail gas was cooled and. vented into a forced-air exhaust,

There were two sample points. One sample was taken at the inlet
to the reactor with a cooler (E3a), a knockout pot (D2} to determine
water balance, and a desiccant pot (D4a) to ensure a dry sample to the
analyzer train. The outlet of the reactor was similarly sampled with
the addition of a scrubber (D3) instead of a knockout pot. The water in
the scrubber was analyzed for traces of NH; and HCN in the treated

tail gas.

Either of the sampling points could be analyzad continuously for
oxygen, methane, carbon monoxide, carbon dioxide, -and nitric oxide,
The oxygen analyzer was a Beckman Model 742 electrolytic cell with
full scale ranges of 1%, 5%, 10%, and 25% O.. We measured CO, COg,
CH,, and NO on Beckman Model 315D NDIR analyzers, each with three
measuring ranges., Midway through the program, additiénal MSA NDIR
analyzers were obtained for CHy, COz and CO.

The experimental reactor was a l-in. -diameter tube which was éex-
ternally resistance-heated to maintain an adiabatic condition. The heat
rate to the reactor was controlled so that there was no temperature
change from the inlet to the exit of the bed when preheated nitrogen was
flowing. We measured the bed temperature with three shielded thermo-
couples located at the inlet, center, and exit of the catalyst honeycomb.
Calculations of radiant and convective heat transfer coefficients indicate

that these thermocouples should measure the bed temperature,

The honeycomb itself was supported on a 1/2 in, bed of 1/8 in.
alumina pellets to improve the uniformity of gas flow to the honeycomb.
The pellets were supported by a perforated plate of stainless :steel.
Midway through the program, an additional perforated plate was used
between the pellets and the honeycomb to eliminate channel blockage
problems.
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Nitrogen from the plant LN, supply was gasified, pressure-controlled,
and metered into the system, It was humidified at controlled tempera-

ture for water addition.

The- Oz, NO, and CHy flow rates were established by measuring the
xgus concentrations in the feed sample, The fuel was plant-supply natural
gas. which had been desulfurized and compressed for storage. Sulfur con-
‘tent of this gas, if any, was too low for measurement (less than 200
parés per billion). The oxygen was compressed, breathing grade from the
Tinde Division of Union Carbide Corp.A, and the nitric oxide was obtained
from Matheson Gas Products Co. Photographs of the test station and

‘the gas analyzer train arc presented in Figures 7-3 and 7-4.

TEMP
CONTROLLERS . FUME

REACTOR

PRODUCT GAS
KNOCKOUT
POY

PRODUCT
GAS
COOLERS

FLOWMETERS

ELECTRICAL
COl*TROLS

RECORDER

Figure 7-3. REACTOR TEST STATION
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0, CO CO, CHg NO

RECORDER *~

Figure 7-4, GAS ANALYSIS STATION

In operation, the reactor was charged with a catalyst sample which
was 1/2 in.,, 1 in., or 2 in, long, depending upon the operating condi-
tions. The operating temperatures of the reactor and the gas preheater
were preset between 600° and 1400°F, The flow rate of the simulated
tail gas to the reactor was set at 71.7, 143, 286, or 572 std cu cm/s.
When these flow rates are combined with the catalyst volumes, the ef-
fective space velocity varies from 10, 000 to 320, 000 cu ft/hr-cu ft of
catalyst,

Most of the tests were conducted at atmospheric pressure. The
pressure-dependence relationship was determined by also operating at

pressures of 10, 20, and 30 psig.
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The feed gas used for these tests was low in oxidant concentration
to minimize the rate of exothermic heat releasé in the reactor. Our
standard gas mixture contained 1% O, 1000 ppm NO, and 0.58% CHg
(10% excess CH4 over stoichiometric requirements). Some of the earlier
tests were operated without the NO component (with reduced CHg addition)
‘because we- were shaking down the equipment and operating procedure.

PO KN Ty WP NI

Biank tests were run by paBsing the standard feed gas mixture
through uneatalyzed hicheycomb,. The reaction rate constant at 1400°F
was 3 orders 47 maghitudé lowet than the walug for .catalyzed solids;

and the reactant conversion at ‘900°F was immeasurable (<5 ppm),

PRV IO
PRPRA 2 IS N

7.6, Experimental Results — Engelhard Catalyst

SN

Engelhard Industries supplied a commercial 'NOR :abatement catalyst

o Wy

in which the active ingredient was palladium. The palladiuth was sup-
ported on a corrugated honeycomb made of cordierite manufactured by
American Lava Division of 3M Co. The honéycomb has approximately
1/16-in, triangular openings, and the catalyzed mass ‘is ta,n compared

PERN R S

with the white carrier. :
3

Four samples of catalysts were tested: One sample yizlded ‘the pre-
liminary data presented in Figure 7-5; the other three samples poisoned

rapidly, apparently by deposition of refractory carben, y
S AR

7.6.,1. Sample 1 ~ System Checkout ;

The initial 3-in. -long section of Engelhard catalyst was used for the
system checkout. The original methane analyzer was inoperative at that ;
timé and the backup analyzer had not yéet been obtained, so the first data
were preliminary. This system was started in an oxiciizing atmospheié

(1% O:), and a low flow rate of méthane was introduced to the system.
The methare reacted and was converted to COz and H0; no signif-

icant amounts of CO were generated. At higher methane flow rate, when
nearly all of the oxygen had been conguined, some carhon monoxide was
generated, In each test, the oxygen consumed was balanced with the :
measured production of CO and CO;, and the hydrogen in the CH; was ,

oxidized to H:0.

101

TECHNOLOGY

I N ST ITUTE O F G A

SR A R LS T et




S A R

P SRITEN o
5 ‘A"l"é;’

2000

1000

100

o

APPARENT REACTION RATE CONSTANT,mol/hr-atm-cu ft
[T

Figure 7-5. EXPERIMENTAL REACTION RATE :
CONSTANT FOR ENGELHARD CATALYST ;

INST I TU

S

[ Wb
SIE I N YN T RCRERT s

2
s

.A_hi..__*.. Av.

o L b des 2aty

—= = ., T

e EXPECTED: P
= RANGE L 2
| OF kg 4, ;
L Svg + hr7! [
O 160,000

1

f o

A 80,000
0 40,000

| APPARENT Y

— E=l [ 3

— (FROM.SLOPE)

N [ .
N\

i \ 1

=

L 1 1 H 1 1 |

413 12 I 10 9 8 7
tx 100, °F
| | | | | |
0.5 0.6 0.7 0.8 0.9 1.0
1000, on"!
- 'R

ol

o T

&=

A~13-147

i

102 | :

TE o F G A S TECHNOLGOGY I




ot I e

3

This sample of catalyst was started up several times as the system
was checked out. Toward the end of this period, we noticed that the
catalyst did not have the same high degree of oxygen removal. When
removed from the system, the catalyst was generally black as contrasted
to its initial light-tan color, We suspected carbon deposition, perhaps
from improper initial operating conditions; and proceeded to test another

sample of the catalyst.

7..6.2, Sample 2 -~ Rate Data

The second test with the Engelhard Catalyst was made with a 1-in,-
iong section of the ‘honeycomb., A series of 12 data points was collected.
They are presented in Table 7-1 and are correlated in Figure 7-5 as an
Arrhenius function. In this test, the feed contained 1% O; (for reduced
temperature rise), no NO, and 10% excess CHy over the stoichiometric
quantity required for oxidation to carbon dioxide. The data were corre-
lated as a first-order reaction in oxygen, Although Figure 7-5 is based
upon oxygen removal, the data on the amount of CO and CO; generated
can be analyzed to give a nearly identical graph. The graph indicates
an apparent activation energy of about 11 kcal/g-mol, in the lower tem-
perature range with some tail off at higher temperatures, perhaps caused

by diffusion control,

A band for the expected range of the mass transfer coefficient, k ,
is presented in Figure 7-5. This estimate is based upon the channel
diameter; the Sherwood Number, a constant in fully déveloped laminar
flow; and temperature extrapolation of the diffusivity of the methane in
the air. This is a tenuous extrapolation on only a theoretical basis,
but should indicate the order of magnitude of the diffusion coefficient.
The coefficient can also be estimated from the experimental data at
1300°F and the reaction rate ‘constant, kr (extrapolated to 1300°F), This
value is 1160 mol/hr-atm-cu ft, just below the calculated band.

7.6.3. Samples 3 and 4 — Catalyst Poisoning

Additional data were required to establish the position on the Arrhenius
graph (Figure 7-5) more definitely, Also, data at elevated pressure were
necessary to evaluate this effect, Tests 3 and 4. were run on additional

samples of Engelhard catalysts to provide these data,
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The third test with the Engelhard catalyst was run on a fresh, l-in,-
long section of honeycomb, This sample was cut from the block of
catalyst adjacent to the sample which was used in the preceding test.
The performance of this catalyst sample was unsatisfactory. At lower

temperatures, the conversion constant was 1/2 to 2/3 of the value pre-

sented in Figure 7-5. When the temperature was increased in succeeding

tests, the rate constant did not correspondingly increase. At lower space
velocities, the reaction rate was almost constant with temperature, but

at the maximum space velocity, the rate constant at 1300°F was only 1/3
of that indicated in Figure 7-5. If the highest space velocity data are
adjusted to a constant temperature (by an apparent activation energy of

11 kcal/g-mol.), the apparent rate constant decreased by a factor of 2
during the 5 hours of testing, The apparent degradation at lower space
velocity was more severe., In contrast, the data of Table 7-1 (catalyst
sample 2) can be adjusted to constant temperature by the activation en-

ergy, and decrease in rate constant is not uniform nor nearly so severe.

When catalyst sample 3 was removed from the reactor, it was black
with apparent deposited carbon, similar to catalyst sample 1. In con-
trast, sample 2, when removéd from the reactor, was not coated with
the black deposit and, perhaps, was slightly lighter in color than the

virgin catalyst,

A fourth test was run specifically to check for age. A catalyst
sample, taken from the main block adjacent to sample 3, was placed in
the reactor and operated at a space velocity of 80, 000 hr-! at 1100°F.
The feed was 1% O with 0,55% CHy (10% in excess of stoichiometric
requirement), The initial rate constant of this test was about 75% of
that achieved with sample 2. The oxygen conversion fell over a 5-hour
period by 50%. At this time, we stopped the methane feed and watched
the bed temperature for an indication of a carbon burn-off over the pal-
ladium at 1100°F in 1% oxygen. No temperature rise was observed dur-
ing a 30-min period. When the fuel was reintroduced, the degree of
conversion was even poorer than before, indicating that the carbon had
not been removed but rather that the catalyst sample further degraded.
When the catalyst was removed from the reactor, it too was black with

apparent carbon deposition,
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i These findings disagree with the experience reported from the Engelhard
Industries laboratories, It generally found that any carbon deposited by

5 catalytic cracking of the methane feed can be readily oxidized over the
palladium catalyst at temperatures as low as 700°F, The reason for ,
ekcessive carbon deposition could not be explained either because we had
adequate mixing of the feed gas and a measured quantity .of fuel so that
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. the methane was not greatly in excess.

Three of the four catalyst samples of Engelhard catalyst exhibit
excessive poisoning by methane cracking and carbon deposition, One
sample, however, operated "normally," indicating promise for the cata-

A lyst, However, we did not attempt to solve this problem because cata- C

At v

lysts from other manufacturers had not exhibited this severe poisoning. L
We suspended testing on the Engelhard palladium catalyst because of the [

>,

carbon deposition problem.

o B

3 7.7. Experimental Results — Matthey Bishop ]
' Catalyst With Methane Fuel { (

Matthey Bishop, Inc,, of Malvern, Pa., supplied a Type THT-2
catalyst on 1/8-in, Du Pont hexagonal honeycomb. This catalyst compo- U
sition is a proprietary mixture of noble metals and has not been analyzed,

In appearance, the material is a dark-gray coating deposited on the white H

vy K6 F e o WS B o

mullite honeycomb,

T, S

7.7.1. Catalytic Oxygen Reduction :H

7.7.1.1. Correlation With Space Velocity

The first tests with this catalyst were made in a l-in,-diameter U
reactor with catalyst depths of 1/2 and 1 in., Space velocity was varied .
from 20,000 to 320, 000 hr-!, and the temperature was varied from 700° U
to 1300°F in 200°F increments. The feed gas contained 1% O and 0.55%
CHy (10% over stoichiometric) in nitrogen, as measured by the same
instruments that indicate the output gas composition. The feed in this
test did not contain nitric oxide. The results of these tests are listed [
in Tables 7-2 and 7-2a and are presented graphically in Figure 7-6 as
the output oxygen concentration against the standard space velocity. 0
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Table 7-2, Part 1. DATA ON MATTHEY BISHOP CATALYST

, k (O2)
Svo, hr-! 1b-mol./
Time, hr Temp, Oz % NO, ppm  hr-atm-cu ft
0 1.0 (Feed) O --
0 700 320K 0.99 -- 9.5
(1/24n, catalyst)
0.5 700 240K 0.985 -- 10. 8
1.25 700 160K 0.97 .- 14,5
1.75 700 80K 0.93 - 17.2
2 700 40K 0. 87 - 16. 6
2.5 900 40K 0.72 - 39.1
3 900 80K 0. 855 -- 37.3
3.25 900 160K ‘0. 92 -- 39.7
3.5 880 240K 0.985 -- 10. 8
3. 65 900 320K 0.99 - 9.6
4 1100 320K 0. 88 -- 121
4,33 1120 240K 0. 81 -- 150
0 1100 160K 0.70 - 170
(Shutdown, new
1/2-in, catalyst)
0.5 1100 80K 0.48 - 175
0.75 1100 40K 0.19 -- 198
1. 25 1310 320K 0.73 - .300
1.5 1300 240K 0. 61 - 350
1,75 1310 160K 0.53 - 302
3.25 1310 80K 0.24 - 340
3.5 1310 40K NR -- ~-
0 Feed -- 1.0 -- -
0 700 160K NR - e
(I-in. catalyst)
0.5 700 120K 0.96 -- 14, 6
1.0 700 80K 0.98 -- 4.8
1.5 700 40K 0. 92 -- 9.9
2 700 20K 0. 80 -~ 13,3
3 900 160K 0.95 . 24,4
3.75 900 120K 0.92 .- 29.8
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Table 7-2, Part 2. DATA ON MATTHEY BISHOP CATALYST

k (O2) i
. Sv, hr-! 1b-mol./
Timf, hr Temp, °F “o 0z, % NO, ppma  hr-atm-cu ft ; f
4 900 80K 0.89 - 27.8 0
4,25 900 40K 0.76 - 32,7 -
4.5 900 20K 0. 54 -- 36.7
5.5 1100 160K 0. 92 -- 39.7 S
6. 25 1100 120K 0. 74 -- 107 -
7.5 . - 1100 80K 0.52 -- 156 1
8 1100 40K 0.21 -- 186 o
9 1100 20K 0. 08 -- 150 E
9.5 1300 160K 0. 62 - 228 ool
10 1300 120K 0,44 -- 293 IRE
10,5 1300 80K 0.25 -- 330 il &
11 1300 40K 0.07 -- 316
11.5 1300 20K NR -- -- RIS
-- 1.0 (Feed) 750 - ¥k
(1-in. catalyst) U B
1300 40K 0. 06 40 313
1300 80K 0.24 160 318 [
1300 120K 0.52 - 310 218
1100 40K 0.20 300 179 r
1100 80K 0.48 370 163 St
1100 120K 0.71 540 114 .
1200 160K 0: 91 570 42 L
(2-in. catalyst) §
1200 80K 0. 86 570 33 L
1200 40K 0.14 190 219 ‘:
1200 20K 0. 05- 100- 167- b
0. 02 50 217 oy
1400 80K 0. 67 600 89 :

(580 extrap.) U

1200 80K 0. 86 650 33 :

( extrap. basis = 215)

1000 80K 0.95 685 11,4 (74) § z

800 80K 0.99 710 2.2 (14.3) N

600 20K 0. 90 650 5.8 *‘]

700 20K 0. 86 685 8.4 E

108 M
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Table 7-2, Part 3, DATA ON MATTHEY BISHOP CATALYST M
k (O2) ;
Sv, hr™ Ib-mol, / K
Date Temp, °F ° 0z, % NO, ppm hr-atm-cu ft
2-in, catalyst a
9/3z/72 1.0 (Feed) 1000 -
600 20K 0. 995 900 0.279 !
700 20K 0. 97 910 1. 67
800 20K 0. 97 920 1. 67
900 20K 0. 98 960 1.25 \
1000 20K 0. 87 1000 7.76 :
1100 20K 0. 65 1000 24,0
1200 20K 0.46 1000 43.3
1300 20K 0. 44 1000 45,7 ‘
1400 20K 0.24 890 79. 5
9/16/72 l-in. catalyst ,
1100 40K 0.36 625 113.8 ?
1200 40K 0.19 520 185.0 ;
1300 40K 0.13 480 227. 3 K
1400 40K 0. 07 430 296. 0 :
9/19/172 700 40K 0. 95 830 " 20.8
800 40K 0. 98 850 18.1
950 40K 0. 71 750 32,1
1140 40K 0. 35 400 _ 102.1
1200 40K 0.25 325 125.2
1400 40K 0.13 150 211. 4
109
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Figure 7-6. OXYGEN REMOVAL AS A FUNCTION OF
SPACE VELOCITY EOR MATTHEY BISHOP CATALYST
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For a constant temperature, the data form a straight line on the
semilog graph. This exponential relationship is correct if the reaction
follows first-order rate laws. Therefore, our assumption of a first-order
reaction is satisfactory. The apparent rate constant at high gas velocity
was low and a function of true velocity rather than space velocity., This
~ was probably a mechanical problem caused by blockage of the honeycomb
channels by the 1/8-in, alumina gas distribution pellets, This problem
was eliminated in later tests by covering the distribution pellets with a
sheet of perforated plate.

7.7.1.2., Correlation With Temperature

In later tests conversion data were collected as functions of space
velocity, temperature, and pressure. Figure 7-7 presents the data
collected with the Matthey Bishop catalyst as an Arrhenius graph., These
data form a band on Figure 7-7 varying .by #50%. In general, the earlier
data tend to fall near the top of this band while the later data operate at
lower rate constants. This discrepancy may be caused by two separate
batches of catalyst from the supplier, or it may reflect our greater
experience with the experimental .system. In either case, we shall dis-
regard the earlier data; the use of the lower data provides a more con-

servative design basis,

The data near the higher edge of the band on Figure 7-7 can be
reasonably compared with the Engelhard data because they were generated
about the same time. ‘Comparing Figure 7-7 with Figure 7-5, the ap-

parent rate constants are similar for these two catalysts.

7.7.1.3. Estimated Mass Transfer Coefficient

Also included in Figure 7-7 is a band indicating the estimated mass
transfer coefficient, k , for the 1/8-in, honeycomb, based on the dif-
fusivity of methane in air. The coefficient was calculated from Equa-
tions 7-9 and 7-10, using the Sherwood Number. The lower edge of this
band assumes a Sherwood Number of 4,0 for fully developed laminar flow,
The upper edge of this k_ band is based upon a Sherwood Number of 6. 6,
predictéd from the correlation of R, D. Hawthorn'? which includes en-
trance and exit effects in the honeycomb structure. This band is based
on ‘methane diffusivity; the oxygen diffusivity is similar., For the reac-
tion products, the counter-diffusivity of the water is higher, but the
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diffusivity of the carbon dioxide is lower. Conceivably, a blanket of
carbon dioxide could cause a decrease in-kg below the values indicated

in Figure 7-7.

7.7.1.4, Correlation With Pressure

The reaction constants are correlated with pressure on Figure 7-8

according to Equation 7-14,

<
b=
o —-—
£ S 20 |-
-
of. 1000°F
£ 18}
- A
" 16
Q )
x 7
- - PR
< -~
< ”~
% e
2 12
o 1200°F
w 10}
E a
* g
5 1400°F
= “A
-~
Q 6r -~
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¥ 4 — P
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Figure 7-8, INVERSE REACTION RATE CONSTANT VERSUS
ABSOLUTE PRESSURE (Matthey Bishop Catalyst)
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Data at 1000° and 1400°F show good correlations; data at 1200°F exhibit
scatter. The intercepts of these lines give the chemical rate constants

at zero pressure, Because the chemical rate constant is independent of
pressure, the intercept is the true chemical kinetic reaction rate constant,
independent of diffusion effects. The mass transfer coefficient, k_, for
the diffusion effects can be calculated from the slopes of the lines of

Figure 7-8.

Figure 7-9 is an Arrhenius plot for the reduction of oxygen with
methane over the Matthey Bishop catalyst. It contains the conservative
data from Figure 7-7, along with the extrapolated values of kr and kg’
as determined from Figure 7-8. The activation energy for the chemical
reaction rate is 14.5 kcal/g-mol., a reasonable value for the methane-

oxygen reaction over an unknown noble metal catalyst,

The calculated@ mass transfer coefficient is 450 mol /hr-atm-cu ft
at 1200°F, which agrees with the value extrapolated from the methane-air
diffusivity at a Sherwood Number of 4,0. This agreement has not, how-
ever, proved this value of the Sherwood Number. The temperature ex-
trapolation is tenuous, and the effects of slower diffusing spzcies such

as CO; have not been considered.

7.7.1.5. Design Rate Constants

Figure 7-10 presents the design rate constant as a function of tem-
perature with parameters of absolute pressure. This rate constant in-
cludes a pressure term according to Equation 7-14, so the diffusion line
in Figure 7-10 presents a constant barrier to increased rate. Based on
the design rate constant from Figure 7:10, the required space velocity
for 99% conversion of the oxygen at 1200°F and 7 atm absolute pressure
(about 90 psig) is 27,500 hr~t. At 1 atm pressure, the maximum space
velocity is 11,800 hr™!, The rate is increased with temperature at the
lower pressure., It is relatively insensitive to temperature at the higher
pressure because of the effects of diffusion control, If 98% oxygen re-
moval is satisfactory, the indicated space velocities are 32, 000 and
15,000 hr~!, respectively, at 1200°F.
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The value of the Lewis Number can only be estimated from Figure

7-10. Although the reaction rate constant for combined diffusion and

—

TSI TAT

chemical control is now known, we still have no proof for the value of
the Sherwood Number, If the Sherwood Number were known, the Nusselt
Number, and hence the heat transfer coefficient (for use in the Lewis
Number), could be accurately estimated. In fully developed laminar flow, n
the Sherwood Number should be equal to 4, 0; however, entrance effects
in this catalyst may raise the value of the Sherwood Numbers to nearly 7.
We therefore calculate only that the Lewis Number will be in the range
of 0.5-0,8 in this system at 1200°F and 90 psig. These values are sup-
plied as an input to the mathematical modeling and pilot-unit design

e N e )

programs.

7.7.2. Catalytic Nitric Oxide Reduction

Tables 7-2 and 7-2a list the nitric oxide concentrations in the treated tail
gas, and Figure 7-11 presents the nitric oxide removal as a function of the- A
oxygen removal using the methane fuel over the Matthey Bishop catalyst. E
The data scatter significantly, but a line has been drawn through the
lower data, giving a conservative design basis. Using this line, 95%
nitric oxide removal will be accomplished at 99% oxygen removal. On

this basis, a feed gas containing 3000 ppm NOx would be reduced to 150 -

ppm, a reagsonable factor of safety under the Federal requirement of -

209 ppm. These requirements would just be met at ‘an oxygen removal

of 98%. |
Figure 7-11 is not founded in theory. Rather, the Arrhenius rela- -

tionship and pressure dependency should be plotted. However, the nitric (]

oxide combustion data scattered too widely; relationships of the type de-
rived for the oxygen could not be used for the nitric oxide, In general,
we would expect Figure 7-11 to have theoretical validity only if the
methane-nitric oxide reaction had the same activation energy as the
methane-oxygen reaction, and if they were both affected similarly by the diffu-
sion barrier. The majority of the data in Figure 7-11 are in the oper-
ating temperature range of 1000%-1400°F so the temperature effect is

minimized, However, the nitric oxide reaction should not be as limited,
theoretically, as the oxygen reaction by diffusion because the reaction

rate constant is much less. Therefore, we would expect that a higher rela-
tive nitric oxide removal could be achieved at higher operating pressures.

However, the nitric oxide removal data scatter and do not support this
. 118 i
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reasoning, Similarly, at high oxygen conversions, the product gas con-
taihs carbon monoxide (and presumably hydrogen caused by the water-gas
shift reaction), These are stronger reductants and should improve the
rate of nitric oxide reduction. This reasoning suggests that high excess
fuel rates are desirable but, again, the data do not necessarily support

this hypothesis.
7.7.3. Effect of Modified Honeycomb

This analysis indicates that the reaction rate at 7 atm absolute
pressure is definitely limited by the diffusion process. The overall rate
of mass tr‘ansfer can be increased by decreasing the channel size of the
honeycomb., If the channel size were halved, the mass transfer coef-
ficient (per unit area) should be theoretically doubled, Also, the area
for mass transfer is increased per volume of bed. Even allowing for
the decreased effects of entrance and exit turbulence upon the Sherwood
Number, halving the channel diameter should increase the overall rate
of mass transfer by a factor greater than 2.0, On this basis, a signif-
icant increase in the hourly space velocity should be possible for the

same reactant conversion.

An alternative bed modification employs the concept proposed by
Hawthorn!? — deliberately introducing discontinuities into the honeycomb
structure to promote turbulence. If the bed were constructed of many
thin layers of honeycomb with misaligned channels, the value of the
Nusselt and Sherwood Numbers could be doubled. This effect would be
more pronounced at high bed L/D ratios, causing higher linear velocities.

Either of the two modifications above could double the heat and mass
transfer rates, If the value, k_ , from Figure 7-9, were doubled, the
space velocity required for 99% conversion of O; at 1200°F and 90 psig
inéreases to 45,000 hr~!, Incorporation of both modifications might

increase this design basis to 66,000 hr~!,

'The incorporation of these modifications into the rotary regenerative
reacior would affect the engineering design because the pseudo-Lewis
Number would be reduced. Although k_and h have been increased pro-
portionally, the chemistry of the catalyst is unchanged and thé pseudo-
Lewis Number decreases. A 40% reduction, at the 66, 000 hr™! design

basis yields pseudo-Lewis Numbers in the range of 0,3-0,5,
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7.7.4. Catalyst Degradation

‘ Although the Matthey Bishop catalyst maintained nearly constant
activity in any series of tests, certain samples of catalyst did not give
good performance. When removed from the reactor, these samples
were a light-tan color. The walls of the hexagonal cells were notably
thicker than in the virgin catalyst,. apparently from the formation of a
scale. The original dark-gray catalyst was still present under this
scale,

Figure 7-12 is a photograph showing a used catalyst that behaved
normally, a sample of catalyst that developed the scale, and a virgin
catalyst.

Figure 7-12. CATALYST SAMPLES. FROM LEFT: USED, ACTIVE
CATALYST; USED, DEGRADED CATALYST; AND VIRGIN
CATALYST, NOTE THE LIGHTER COLOR AND THICKER CELL
WALLS ON THE DEACTIVATED CATALYST, '
The samples were not analyzed to determine the nature of this scale
because of our agreement with the manufacturer of this proprietary

catalyst mixture.
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7.7.5. Catalytic Manufacture of HCN, NH,, and CO

The possible manufacture of other pollutants was checked. The
water from the product gas scrubber, downstream from the reactor,
was tested for HCN and NH;, Hydrogen cyanide was not found with a
sensitive spot test, and ammonia was not detected by odor. However,
when the sample was causticized, the vapors activated moist litmus paper.
The odor suggested that an amine, rather than ammonia, was present.

The concentration, however, was low,

Carbon monoxide could be generated in the reactor. The CO con-
centration was a function of the oxygen conversion and the quantity of
excess methane used. Based upon these data and the operation of the
cyclic reactor (Section 8), we expect CO concentrations in the treated
gas of about 800 ppm when opei'a’cing at design conditions with 10% excess

fuelu

7. 7. 6. Summary — Matthey Bishop Cat%.lyét and Methane Fuel

In summary, nitric acid tail gas containing 3000 ppm NOx will be
reduced to 150 ppm, 25% below the Federal standards, when the oxygen
removal is 99%. This oxygen removal can be achieved at 90 psig and
1200°F at a space velocity of 27,500 hr-!. Under these conditions, the
conversion is relatively insensitive to temperature or pressure. At 1
atm (absolute) operating pressure, the required space velocity for 99%
conversion is 11,800 hr~! at 1200°F, and the conversion increases with
temperature and pressure. The Federal standards could be precisely
met at 98% oxygen conversion, which requires space valocities of 32, 000
and 15,000 hr~! at 7 atm (absolute) and 1 atm (absolute) pressures, re-
spectively., These design conditions are conservative because of the in-
herent factors of safety in Figures 7-9 and 7-11, as discussed in the
preceding paragraphs. Incorporation of proposed bed modifications might
increase the design space velocity to 66, 000 hr~! for 99% reduction of
the oxygen at 90 psig and 1200°F,

7. 8. Experimental Results — Matthey Bishop Catalyst
and Hydrogen Fuel

A few exploratory tests were made with hydrogen-containing fuel,
simulating a reformer effluent. The operation of the carbom monoxide
and oxygen analyzers was erratic in these tests, so absolute data cannot
be presented. However, the nitric oxide concentration was reduced by
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a factor of 2, compared with tests with the methane fuel, at the same
10% excess fuel rate, Nitric oxide concentrations as low as 30 ppm
were observed at 1000°F and a space velocity of 40, 000 hr-!. Additional

work was done in this system in the contract extension; those results are

presented in Section 7,11,

These results, although tentative, indicate a potential solution for
those nitric acid plants which have abatement systems that operate un-
satisfactorily, Steam-reforming of the methane fuel converts this re-
fractory reductant into more reactive species, Considering the heat
required for the reforming reaction, the total methane load for the plant

would be approximately equivalent to a present facility using 70% excess

CHy fuel.
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The use of hydrogen-containing fuels suggests two additional alter-
natives for the new plant, The exhaust gas from the catalytic abatement
unit contains enough heat above 1000°F that it can supply the endothermic

heat of a low-temperature reforming reaction. Commercial, non-nobie

=

catalysts exist which will probably function satisfactorily in this service,
although they have not been developed for this use, The expected gas
composition from a low-temperature steam-reforming reactor using these
catalysts is about 65% Hi, 12% CO2, 10% CO, and 13% CH, a highly

. '~; § active fuel for this application. A second alternative is to incorporate

TSI

=TS AEIRET PO

the steam-reforming reaction into the wheel reactor. The catalysts

e
&

which are active for the methane-oxygen reaction are also active for
the reaction of methane and steam into cazrbon dioxide and hydrogen.
The total quantity of methane to be treated is relatively small compared
with the volume of tail gas, so the required fraction of the wheel ‘area
will be low, even at low effective space velocity., There is adequate
heat available in the wheel for this duty because the overall thermody-

i.mgi - ——" | m w‘
e AT

namics of the "black box' remain unchanged.

7.9. Experimental Results ~ Cobalt Oxide Catalyst

Du Pont provided a catalyst of cobalt oxide (Co304) deposited on 1/8-
in. hexagonal honeycomb. Cobalt oxide was chosen for this catalyst because of
its activity for the reaction as reported by Malinsky®® and the Bureau of
Mines, 3% in addition to our earlier work at IGT. A relatively heavy

deposit of Co;04 was used to minimize the cobalt-support phenomenon

ST P el kAL

noted by the Bureau of Mines., Consequently, the catalyst had a dark-

black appearance as contrasted to the white ceramic honeycomb.
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The results of our preliminary investigations are presented in Table
7-3 and Figures 7-13 and 7-14., The Arrhenius relationship of Figure
7-13 for the cobalt oxide catalyst also includes the band from Figure 7-7
for the range of data with the noble metal catalyst, The cobalt oxide

is active for the reaction, although at temperatures approximately 400°F
higher than was found with the noble metal ca’calyst. In other words, at

any temperature, the reaction rate constant for the cobalt oxide is'about
10%: of the rate obtained with the noble metal. This is not a severe
depreciation, considering that the non-noble catalyst is not yet limited

by the rate of diffusion in the channel pores. Assuming that the same
diffusion characteristics are present with both catalysts, the cobalt oxide
catalyst would operate at 7 atm (absolute) pressure with about 40% of the rate
of the noble metal catalyst at temperatures of 1200°-1400°F. In addition,
the non-noble metal oxide catalyst is probably not so severely temperature-
limited as the platinum catalyst; therefore, it can operate at Ligher tem-

peratures to further reduce the difference in the reaction rates,

Figure 7-14 illustrates that the ratio of nitric oxide conversion to
oxygen conversion is less for the Co3;04 catalyst than for the noble metal

catalyst, This factor requires further investigation, particularly at

higher oxygen removals,

‘Based upon these preliminary data, the cobalt oxide catalyst is prom-
The cobalt catalyst should enjoy a sizable price advantage over

ising.
This differential should increase in the future

the noble metal catalyst,
because of an expected upward pressure on noble metal prices caused by

demand for automotive emission catalysts.

The required reactor for non-noble oxide catalysts is about 250% of
the size for noble metal catalysts with the sarne aperating conditions.
Thé cobalt catalyst can probably operate at higheér temperztures, further
re&uc;i_x;g this size difference. Another -approach to -this catzlyst is the
usge of reformed. natural gas fuel, as discussed in the previcus subsection,
for improved reaction rate and nitric oxide removal,

Further work with this catalyst was done under the contract extension;

those reésults are presented in Section 7,10,
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2 ' Table 7-3, DATA ON Co304 CATALYST
{I k (C2)
Sv,, hr~! 1b-mol../
'i Temp, °F Oz, % ‘NO, ppm hr-atii~cu ft
1,0 (Feed) 1000 2-in. bed

} 1200 20K 0.78 890 3.8

» 1200 10K 0. 42 750 24.1
\ 1200 40K 0. 90 930 11,7

3 1000 10K 0. 85 915 4.5

3 1100 10K 0.-81 1000 5.7

§ 1200 10K . 6.78 860 6.9

1300 10K 0.40 775 25.5
ﬁ, 1400 10K 0.24 710 40,0
1560 10K 0.20 670 44,8
i 1600 10K 0.13 660 47.8
;4 200 10K 0. 41 850 29.2
Ail
)
v 3 }

;

i
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Figure 7-13. REACTION RATE CONSTANT FOR CH¢-O: X
REACTION OVER Co0304 CATALYST
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7.10. Additional Experimental Results —
Cobalt Oxide %atalyst

An extension of the contract provided for additional work on the

cobalt oxide catalyst. The purpose of this work was to determine if

this non-noble catalyst could be applied in nitric acid plants for reduction
of NOx emissions. If applicable, substitution of this catalyst could re-
sult in decreased operating costs compared with the currently used noble

metal catalysts.

The results of this work indicate that the cobalt oxide is active for

the reduction of oxygen with methane or hydrogen. However, nitric

oxide reduction on this catalyst is not high. Therefore, the cobalt oxide
cannot be directly substituted for the noble metal NOx abatement catalysts.
However, these results do suggest an attractive alternative: The major-
ity of the oxygen could be reduced with methane over this cobalt catalyst,
yielding a partially treated tail gas., This partially treated gas would be
low in oxygen concentration, so it could be more readily treated on con-
ventional, noble metal catalysts than the original tail gas, The catalyst
would have particular applicability to the first bed of the two-stage cata-

lytic reduction process where it could be less expensive,

Exploratory tests, using a hydrogen-rich fuel simulating a reformer
product, proved that the cobalt oxide catalyst (with H: fuel) could be more
active for Oz-reduction than the noble metal catalyst with methane fuel.
‘This alternative for oxygen reduction, in conjunction with the NOx reduc-
tion over noble metal catalysts using reformed gas (Section 7.11), sug-
gest that this approach may be practical for those facilities which now

have unsatisfactory abatement equipment.

In other tests, we found that the cobalt oxide catalyst had essentially
no activity for the reforming, water-gas shift, and methanation reactions
but that the catalyst appears to be active for the selective reduction of
nitric oxide with ammonia. However, when we operated that system at
higher temperatures, we found that the ammonia was oxidized to addi-
tional nitric oxide. Perhaps this :catalyst has application for the replace-
ment of the platinum-rhodium gauze in the original ammonia burner in

the nitric acid plant.
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7.10,1. Catalytic Ox)ir&en Reduction —
Methane Fue ’

The cobalt oxide (Co304) catalyst, as described in Section 7.9, was
supplied by Du Pont as a hedvy, black deposit on 1/8-inch hexagonal
honeycomb carrier. This is the same carrier used with the Matthey

Bishop noble metal catalyst described in detail in Section 7.7.

The experimental apparatus and techniques used in the test work
under the contract extension were the same as described: in Section 7. 5.

A catalyst depth of 1 inch was used in the l-inch reactor for these tests,

" The primary data on oxygen reduction were obtained with a feed gas con-

taining 1, 0% oxygen and 0.55% methane (10% over stoichiometric re-
quirements), as determined by the same instruments that measure the
product gas composition. In later tests, while evaluating NO, abatement
characteristics, 0.1% nitric oxide was added to the feed and the methane

concentration was increased to account for this oxidant.

7.10.1.1, Correlation With Space Velocity

The feed gas space velocity, measured at standard conditions, was
varied from 10, 000 to 40, 000 hr-! at 1200°%F, The data are listed in
Table 7-4 and presented graphically in Figure 7-15,

Table 7-4, ADDITIONAL OXY GEN-REDUCTION DATA
ON COBALT OXIDE CATALYST-CHy FUEL

k(oz)l
Sv . hr™! 1b-mol. /
Temp, °F o’ Oz, % NO, ppm hr-atm-cu ft
- - 1.0 (feed) 1000 .-
1000 40, 600 1.0 -- 0
1200 40, 000 0..88 -- 14.0
1500 40, 000 0.46 -- 85.9
1200 40,000 - 0,85 -- 18,1
1200 20, 000 0. 76 - 15.3
1200 10, 000 0. 55 . 16, 6
1200 20, 000 0.78 -- 13,8
1200 10, 000 0. 63 ~- 12.9
1200 40, 000 0. 86 - 14,2
1200 20, 000 0.76 -- 13.9
1200 10, 000 0.77 - 9.9
1200 5, 000 0. 63 - 6.4
1200 40, 000 0. 90 -= 11. 7
1040 20, 000 0. 96 - 2.4
1180 20, 000 0. 875 -— 12,0
1350 20,000 0. 70 - 20,0
1080 20, 000 0.92 -- 4.8
127b
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Figure 7-15. OXYGEN REMOVAL AS A FUNCTION OF
SPACE VELOCITY FOR COBALT OXIDE CATALYST
This figure also contains the data for the noble metal catalyst (from
Figure 7-6) at the same temperature. Data from the cobalt oxide cata-
'lyst form a straight line on this semilog graph, confirming our assump-
tion of a first-order reaction. As expected from earlier work, the
oxygen conversion with the cobalt oxide catalyst is lower than we had

obtained with the noble metal.
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7.10.1.2. Correlation With Temperature

The data from Table 7-4, together with the earlier data from Table
7-3, are plotted in Figure 7-16 as an Arrhenius graph. The data form
a reasonably straight line with an apparent activation energy of about 18
kcal/g-mol., slightly greater than the experimental value (14.5) for the
noble metal catalyst reported in Section 7.7.1.4. The Arrhenius graphs
for both the cobalt catalyat and the noble metal catalyst are compared in
Figure 7-17. The lines for the two catalysts are similar, with a 400%
500°F advantage for the noble metal catalyst. However, at this time we
believe that the cobalt catalyst will not degrade as rapidly as the noble
metal catalyst at higher temperatures, and may, therefore, be operated

in: a higher temperature range to obtain maximum activity,

The line for the noble metal catalyst in Figure 7-17 exhibits a tail-
off from linearity at higher temperatures {lower inverse temperatures).
As was explained in Section 7,7.1, this deviation is caused by the effects
of mass transfer limitations. These effects are not evident with the
cobalt oxide catalyst because of the lower relative activity of the Co304
for this reaction, We would expect, however, that the diffusion effects
would become noticeable at temperatures of 1600°-1800°F where the rela-

tive reaction rate would be higher,

7.10.1, 3, Corrélation With Pressure

Table 7-5 presents the data on oxygen reduction with methane fuel
over the cobalt catalyst at various pressures. We attempted to corre-
late these data according to the relationships presented in Section 7.7.1.4.
However, as discussed above, the pressure effect is small, The effect
of pressure could be readily masked by small variations in temperature

and other data scatter. Therefore, these results are not graphed.

We expect, because the same physical geometry is used in both the
cobalt and the noble metal catalysts, that the mass transfer coefficients
will be similar, Therefore, the expected decrease in reaction rate at
1500°F caused by mass transfer effects, compared with simple kinetic
control, is 50% at 7 atmospheres operating pressure and 10% at 1 atmos-
phere.. At 1200%F, the decreases are 20% and 3% at 7-atmosphere and

l.atmosphere operating pressures,
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Figure 7-17.

~1 .Press.,
& Temp, °F Svgyhr psig
- 1100 20, 000 0
1250 20, 000 0
{” 1250 20, 000 20
; 1320 20, 000 20
1080 20, 000 20
"\ 1080 20, 000 7
[ ] 1250 20, 000 7
. 1100 20, 000 30
1280 20, 000 30
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COMPARISON OF COBALT OXIDE AND
NOBLE METAL CATALYSTS ON METHANE FUEL

Table 7-5. COBALT OXIDE CATALYST DATA WITH PRESSURE.

k(OZ)v
ib-moi. /
0z, % hr-atm-cu ft
0. 85 9.1
0.75 16.2
0,74 7.1
0. 63 11.0
0. 89 3,1
0.95 2.0
0. 85 6.2
0. 87 2.6
0.70 6.4
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7.10.1.4, Design Rate Constants E
The experimental reaction rates for the cobalt oxide catalyst, from , ‘1
Figure 7-16, have been combined with the expected effects of mass 1_‘
transfer, according to the preceding subsection. Design space velocities '

H |
were then calculated for 7 atmospheres (absolute) operating pressure ﬂ :
using the first-order reaction equations presented in Section 7.4. These oo
space velocities are presented in Table 7-6 for temperatures of 1200° ”
and 1500°F for 98 and 99% conversion of the oxygen in the inlet tail gas. =
For operation at 1 atmosphere pressure, the space velocities should be H
decreased by a factor of 6 at 1200°F and a factor of 3.5 at 1500°F, [

Table 7-6, DESIGN SPACE VELOCITY, COBALT o1
OXIDE CATALYST AT 7-atm PRESSURE U %
Oxygen Conversion, % i
98 99 }
Temperature, °F —Space Velocity, hr-l- 3
1200 7, 800 6, 600 ‘ ’
1500 23, 000 19, 000
‘ 3
The use of cobalt catalysts at 1500°F compares favorably with the ); ;
use of noble metal catalyst at 1200°F. At 7 atmospheres operating pres-
sure, the reactor size required for the same conversion is only 40-50% U
greater for the less expensive, non-noble catalyst. )
7.10.2. Catalytic Nitric Oxide Reduction ”
[ 2N
Tables 7-3 and 7-7 present the nitric oxide conversion over the P
cobalt oxide catalyst with methane fuel. L
Table 7-7, NITRIC OXIDE CONVERSION COMPARED WITH O, CONVERSION -
{
k(Oa), L
SV hr-—l lb"molo /
Temp, °F o’ Oz % NO, ppm hr-atm-cu ft i
- - (]
1080 20, 000 0. 86 985 8.6
1180 20, 000 0. 72 985 18.0 .
1290 20, 000 0. 60 985 28.3 L
1390 20, 000 0.49 980 39.8 g

i

)
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Figure 7-18 presents these data graphically by correlating the NOx con-

vergion to the oxygen conversion,
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Figure 7-18, FRACTION NITRIC OCXIDE REMOVED VERSUS
FRACTION OXYGEN REMOVED (Cobalt Oxide Catalyst)
Also included in Figure 7-18 is the line representing thé data for the
‘Matthey Bishop noble catalyst. These data illustrate that the nitric
oxide conversion over the cobalt oxide catalyst is not high. Approximately
3-5 times as much NOx will remain after treatment with the cobalt oxide

catalyst as compared with noble metal catalyst treatment.

Although the cobalt oxide catalyst is not as active as the noble metals,
for nitric oxide removal, it is definitely preferable for oxygen removal.
We therefore suggest that both of these catalysts could be used in an NOx
abatement facility, each catalyst operating where it can be used to most

advantage, The first catalyst in this system would be cobalt oxide,
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operating at higher temperature and relatively high space velocities

(30, 000 hr-!) to remove the majority of the oxygen from the system,

A cocurrent regenerative reactor would probably be desirable in this
application for maintaining the reaction temperature while preheating the
inlet tail gas. The treated gas from this reactor, containing approxi-
mately 3000 ppm each of NOx and O at 1500°F, would be cooled in a
waste-heat boiler to the operating temperature of the noble metal cata-
lyst. Here, the nitric oxide would be removed along with the remainder
of the oxygen. The oxidant concentration of this stream is now low, 8o
temperature excursions in this catalyst would be minimized. This fixed-
bed reactor should have improved operability and catalyst life time when
compared with NO_ abatement reactors in use at present, The exit gas
from this reactor would be 1200°-1300°F, a reasonable inlet temperature

for existing turbo-expanders.

7.10.3, Catalytic Reduction — Hydrogen Fuel

A few exploratory tests were made for oxygen reduction over the
cobalt oxide catalyst using fuels simulating the product of a natural gas
reformer (79.7% hydrogen, 20% carbon dioxide, and 0.3% carbon
monoxide). With 1% oxygen and 0.1% nitric oxide in the feed gas, the
required hydrogen fuel addition is 2.3%. Because we did not have a
hydrogen analyzer, this flow rate was set by measuring the CO: concen-
tration in the feed gas and rat.oing the hydrogen flow rate by the mass

spectrometer analysis of the cylinder mixture,

Table 7-8 presents the oxygen reduction, and Figure 7-19 presents

the reaction rate constants for the hydrogen-oxygen reaction as an Arrhenius
graph., The cobalt oxide is an active catalyst for this reaction, achieving

over 50% removal at 570°F and 90% rernoval at 920°F.

Table 7-8. COBALT OXIDE CATALYST DATA
WITH REFORMED GAS FUEL

k(Oz), /
-1 1b-mol.
Temp, °F SV hr Oz % hr-atm-cu ft
570 20, 000 0.47 39.8
650 20, 000 0.26 72.8
740 20,000 0.18 93.2
850 20, 000 0.13 111, 4
920 20, 000 0.10 126.0
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The line representing the data in Figure 7-19 is tentative, When the
data were first analyzed, the low point at 570°F was disregarded as
spurious. However, after the hydrogen data of Section 7.11 were
analyzed, this datum point had added meaning. Apparently, the catalyst
can be activated with hydrogen fuel; performance greater than the min-
imum can be achieved after activation, This subject is discussed in
greater detail in Section 7.11. The line drawn in Figﬁre 7-19 indicates
an activation energy of about 14 kcal/g-mol., in line with the methane-
oxygen data. A line with a much lower slope could be drawn, but it
would not indicate the minimum reaction rate, without activation of the

system.

Figure 7-20 presents the relative reactivities of the noble metal
catalyst with the methane fuel and the cobalt catalyst with the hydrogen
fuel., This graph illustrates the high reaction rates that can be obtained
with the hydrogen-oxygen system over the cobalt oxide catalyst.

The majority of the tests on hydrogen fuel did: not contain nitric
oxide in the feed, Some of the preliminary tests, not recorded in Table
7-8, did utilize nitric oxide. As was experienced with the méthane fuel,
the nitric oxide reduction over the cobalt oxide catalyst was not high,
even at higher oxygen conversions,
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7.10,4, Catalytic Effects — Ammonia Fuel

A few tests were made with armmonia fuel in the oxygen-nitric oxide
system. In these tests, we were looking for the selective reduction of
nitric oxide with ammonia, without substantial oxygen reduction, as re-
ported in the literature for the catalysts.®?? At a space velocity of
20, 000 hr™}, the nitri¢ oxide content of the treated gas decreased 25%
at 390°F and 42% at 430°F. At high temperatures, the nitric oxide con-
centration rose, ‘indicating a temperature criticality for the selective reo.
action of nitric oxide with- ammonia, Perhaps, at lower space velocities,
this catalyst would be applicable for significant reduction of nitric oxide

with ammonia at about 400°F,
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At temperatures. approaching 600°F, the nitric oxide concentration

had reached its initial input value. At hifher temperatures, nitric oxide

‘,.
S

is gencrated in the system, indicating that the ammonia was being oxidized

Y & f to nitric oxide by the oxygen in the simulated tail gas. Perhaps this

cobalt oxide catalyst .could be active for the initial ammonia burner in

f N )

v

the nitric acid plant, replacing the expensive platinum-rhodium gauze.

7.10.5. Catalytic Effects — Other Reactions

The various fuel streams were passed over the catalyst at temper-

— =

atures of 500°-1300°F to examine their activity for other reactions.

A feed stream containing excess moisture and 0. 6% methane was

tested at a space velocity of 4000 hr-! for the reforming reaction —

-

CHy + H2O = CO + 3H: (7-15)

(g

There was no apparént manufacture -of carbon monoxide (less than 5 ppm)

during these tests. These space velocities (the lowest we can practically

e

use on our setup) may be too high, and the maximum temperature tested
is relatively low for the reforming reaction, yet some carbon monoxide

should have been observed if the catalyst has significant activity.

L

Apparently, the cobalt oxide is relatively inert for the reforming reaction.

We tested for the reverse water-gas shift reaction:

[ CO, + Hx = CO + H;0O (7-16)
with a feed gas containing 2% hydrogen, 0,5% carbon dioxide, and 75
N ppm carbon monoxide in nitrogen., Again, the carbon monoxide :concen-
! tration measured in the effluent did not change significantly {rom the !

o

inlet value over the entire temperature range at a space velocity of

>y

4000 hr-!, We assume, therefore, thal the cobalt oxide is not active as

Y aadnd
X

a -catalyst for :this reaction,

vy
L

The same conditions used in the preceding paragraphs were tested

for the two methanation reactions —

o
| S

CO + 3H; # CHy + H0 (7-17)
-y CO; + 4H, = CH, + 2H0 (7-18)
I
-4
{
)
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In these tests, the carbon monoxide concentration did not change from
its initial value of 75 ppm and no methane could be detected, indicating
that the catalyst is not active for either methanation reaction,

7.11, Additional Experimental Results —
Matthey Bishop Catalyst

An extensicn of the contract specified additional work on the Matthey
Bishop noble metal catalyst. The purpose of this work was to determine
if reforming of the natural gas fuel into a hydrogen-rich. mixture would
be a suitable approach for correction of those facilities which have nitric
oxide abatement reactors that are not performing satisfactorily. Also,
additional work was directed toward catalyst degradation studies, and
exploratory tests were made to determine the activity of this catalyst
for other reactions that might take place in this system. The results of
this work indicate that the noble metal catalyst is very active for pro-
moting the reduction of oxygen with hydrogen, Measurable reactions
occurred at temperatures as low as 175°F., This increased activity,
however, -does not prove that hydrogen fuel will result in improved NOx
reduction; the hydrogen-oxygen reaction is still apparently limited by the
same mass transfer barriers that prohibited increased rates with the
methane-oxygen reaction. A substitution of hydrogen for methane would,
however, permit operation at lower temperatures where catalyst degrada-
tion, caused by temperature upsets, would not be severe. Alternatively,
the gystem could be operated with higher oxygen concentrations, with
hydrogen fuel, without exceeding the upper temperature limits for the

catalyst.

The results of the catalyst dsgradation studies were not clear; appar-
ently, the catalyst can be degraded by short exposure to elevated temper-
ature, but gradual degradation was not noted, within the accuracy of the
data, during 48-hour life tests,

In other exploratory work, the catalyst showed significant activity for
the selective NH;-NO_ reaction at temperatures of about 400°F, At higher
temperatures, the ammonia reacted with the oxygen to generate additional
NOx. This catalyst had no measurable activity for promoting the reform-

ing, methanation, or water-gas shift reactions,

12Tm
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7.11.1. Catalytic Oxygen Reduction — Hydrogen Fuel

The oxygen-reduction characteristics over the Matthey Bishop noble
metal catalyst were evaluated using a fuel that simulated the effluent of
a natural gas reformer. This fuel is rich in hydrogen, a more reactive

species than the natural gas,

Natural gas, -or methane, can be reacted with water over nickel

catalysts at temperatures of about 1500°F in a process called reforming:
CHy + HO = CO + 3H; (7-15)

The carbon monoxide (CO) produced can be further reacted with water to

fotm additional hydrogen in the water-gas shift reaction:
CO + H,O0 & H, + CO» (7—19)

Equation 7-19 is equilibrium-limited; therefore, the carbon monoxide
concentration in the product gas cannot be driven to ppm quantities.
Rather, the product gas after reforming and shifting, with high water

ratios, might have the following composition:

_‘Zo_
Hydrogen 79.7
Carbon Dioxide 20.0
Carbon Monoxide 0.3

Packaged chemical plants to make hydrogen using these reactions are

commercially available.
The reduction of oxygen with methane —
CHy + 202 = CO, + 2H0- (7-20)

requires one-half unit of methane for each unit of oxygen., When hydrogen

is the reductant —
2H, + O ® ZHO (7-21)

two units of fuel are required for each: unit of oxygen. Therefore, for
oxygen reduction, one unit of :methane is equivalent to four units of hy-
drogen, This is the same watio f hydrogen to methane thai is obtained
in natural gas reforming. Therefore, ‘the initial methane consumption

should be the same for both reaction paths. The natural gas reformer,

however, requires significant additional energy input because Reaction 7-15
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is endothermic. This. energy is usually supplied in the form of additional ”

natural gas — an addéd expense which would reduce the thermal efficiency

e SR NUC ST - S FR, P ITe 9 O oK

of the abatement process, P, L. Romeo® of Engelhard Indusiries has U 1
patented a novel reformer which is located in the initial ammeonia burner 3{;
: ¥
of the nitric acid plant. This means of heat recovsry may regain the g'] ‘;1
YN
i efficiency which is normally lost in reforming, ' !
2 ol
. The experimental reactor arrangement was similar to that used earlier m ¢
oJ

in the methane fuel studies; this apparatus is described in detail in
Sectiéon 7.5. The primary difference from the original setup was that

[~
[Ag—
PN

e the fuel was a gasecus mixture of hydrogen, carbon dioxide, and carbon
-;,'f' monoxide simulating a reformer effluent. The stoichiometric hydrogen

requirement for a gas containing 1% oxygen is 2% hydrogen. A nitric B
3 -oxidé concentration of 1000 ppm requires an additional 1000 ppm of hydrogen, s

Saee

Adding 10% excess fuel, the required total hydrogen concentration is “
about 2,3% .in the gas stream. Our analytical instrumentaiion, however,

FENE NS T

| 2 did not provide means for measuring the hydrogen concentration directly. ”
"‘5;[- Therefore, we set the concentration of hydrogen in the feed gas by meas- .
' uvring thé carbon dioxide comtent and ratioing the hydrogen content according

VS

’
rp—an
| S

to the composition as analyzed by the mass spectrometer., The -overall

; ; resultant mixture fed to the catalyst sample had the following composition: vl

R / % o
R - Oxygen | §] 3
A : Nitric Oxide 0.1 ! 3‘;
Hydrogen 2.3 r

‘Carbon ‘Dioxide 0. 67 i B

Carbon Monoxide 0. 009 a

j

[
b

The hydrogen, carbon dioxide, and carbon monoxide are not in the strict
proportions. expected from. the natural gas reformer because of the in-

accuracy of the purchased gaseous mixture.

The gas mixture listed above was reacted over Matthey Bishop )
Type THT-2 catalyst, 0,86 inch in diameter by 1 inch long, at space ..
velocities of 13, 000-30, 000 hr™? in the temperature range of 140°- 640°F H

3 (
-
L
1270 i
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» 7.11, 1,1, Correlation With Temperature
: The data for the catalytic reduction of oxygen with reformed gas fuel :
= are presented in Table 7.9 and are graphed as an Arrhenius function in s
3 {- Figure 7-21.
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The data exhibited a2 "shot gun' scatter with little correlation in the testing
from day to day., Within a given day's testing, the data exhibited Arrhenius

slopes varying from about 4 to 13 kcal/g-mol Further study revealed
that data taken with an ascending témperature-time profile exhibited the

high apparent activation energy, while lower values were obtained when

il

the data were taken on a descending temperature schedule, Apparently,

therefore, the catalyst was subject tc an activation phenomenon, When

i

the catalyst was' activated by bperating‘;at a higher temperature, the data
taken immediately following at a lower temperature showed higher reac-
tion rates than would be expected if the catalyst had previously been
cooler. We, therefore, selected the data of June ‘26, with an ascending
temperature schedule, as representative of the kinetic behavior which

might be expected from this system. The activation energy for these

-~ R - ]

data is approximately 13 kcal/g-mol., in agreement with the activation

energies for the other oxidation-reduction reactions studied in this program.

The activation phenomenon apparently was also present with the
hydrogen fuel and the cobalt catalyst, discussed in 7.10, In our first
analyses of that preliminary data, we had drawn a line through the majority

g a8 s o
& g
& N

of the data with an activation energy of approximatcly 5 kcal/g-mol,

However, when the activation phenomenon was discovered in the work of

this subsection, the single datum point at low temperature took added
significance: Apparently the hydrogen fuel was causing an activation
phenomenon also on the cobalt catalyst. Figure 7-22 compares the
Arrhenius graphs for the hydrogen-rich fuel -over both the noble metal
and cobalt oxide catalyst, The noble metal catalyst apparently has a
temperafure advantage of about 350°F ovéer the cobalt oxide catalyst.

Figure 7-23 compares At:he methané znd hydrogen-rich fuels on the

nobis metal catalyst. The activation energy for the two- fuéls on the

samé catdlyst are similar, and the hydrogen-rich fuél enjoys a temper-

f s

ature advantage of about 500°F over the methane fuel.
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7.11,1,2, Correlation With Space Velocity
and Pressure

£

| The activation phenomenon discussed in the preceding subsection
! prevented the generation of meaningful data on the correlation of the

reaction rate with space velocity or pressure. The activation was not

3 mny
F—1

readily reproducible, and the variation in activation masked the effects

of these wvariables,

The purpose of the pressure correlation was to define the degree

of diffusion control of the reaction, according to mass transfer limitations,

{ wremesny
3
[ ———— L ———

frne

The methane-oxygen reaction was largely controlled by diffusion at higher
operating pressure (Figure 7-10), A similar diffusion barrier should o

P

exist for the hydrogen-oxygen reaction, as presented in the following

discussion, Referring back to Figure 7-23, we note that none of the

o
[

H.-O: data violates the barrier which would have been imposed by mass

transfer limitations, assuming the same diffusion barrier existed for the

~y
—

hydrogen fuel as was present for the methane fuel. This mass transfer
barrier was initially calculated on the basis of the diffusivity of methane

==

through nitrogen and verified experimentally, Hydrogen is a faster-

e a *
f
 ar———

{

diffusing molecule than methane; however, the diffusivity of oxygen is

similar to that of methane and that species could be the controlling factor.,

f !

Similarly, counter-diffusivity of water vapor is required for both reac-

tions, and carbon dioxide could set up a diffusion barrier for both reac-

7
tions. Therefore, the mass transfer limitation impgsed upon the methane- [
oxygen reaction might be similar tc the barrier imposed upon the
hydrogen-oxygen reaction, assuming a reformate fuel. ;P

9%

The calculated mass transfer barrier was verified experimentally in

Section 7.7.1,4. We therefore know that such a barrier exists., The cause }

of the barrier — methane, oxygen, carbon dioxide, or water vapor — is
unknown. Such a barrier should logically also exist for the hydrogen- '&

oxygen reaction, The location of this mass transfer limitation, however,

could not be proved in this subsection, Certainly, the mass transfer il
limitation should not be lower than that for the methane fuel, because no U
slower-diffusing species are present in this reaction, Perhaps thé mass

transfer limitation for this veaction will permit a higher rate; however, fJ

for conservative design, we should assume that the mass transfer limita-
tion is the same as was measured for the methane-oxygen reaction,
127u
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The methane-oxygen reaction was largely controlled by the mass \

transfer barrier at higher operating pressures, If the mass transfer

o SR e e
2

barriers are similar, the overall rate of the hydrogen-oxygen reaction
cannot be much greater than the methane-oxygen reaction at elevated

pressures and temperatures of 900°F and greater., Our estimate, based

SR

on Figure 7-10, is that perhaps a 25-30% increase in the reaction rate

. 3 J constant (and the design space velocity) would be possible with the hy-
‘ drogen fuel. The chemical reaction rate would be high under these con-

B ditions, and only the mass transfer barrier would be active.

Therefore, a system which was designed to operate with methane

fuel at 1200°F, 7-atm absolute pressure, and a space velocity of 27,500

—

3 hr~!, could possibly operate at the same temperature and pressure with )
3 . the hydrogen fuel at a space velocity of 35,000 hr~!, Alternatively, at

W
e
e .

the lower space velocity, the oxygen concentration in the effluent would
be about 30% of that obtained with the methane fuel.

—

The observations in the preceding paragraph do not prove that hydro-

gen has marginal utility as fuel in this system, Rather, the reverse is

1

indicated, when system operability is considered. The hydrogen-oxygen
system can be operated at lower temperatures to achieve the same oxygen

conversions. The use of lower temperatures eliminates the catalyst de-

N P
I y,}.}';” A,‘,
o m———y ;FN-‘-"
| | Sy

gradation from temperature excursions. For example, a 200°F temper-

ature rise (which is quite possible if the tail gas oxygen content increases

{ i

by one percentage point and high excess fuel is used) would cause severe
degradation if the catalyst had been operating at 1400°F, but little effect

i 4

would be noted if the nominal operating temperature were 900°F.

The use of hydrogen fuel permits higher oxygen concentrations in the

tail gas because the reaction initiation temperature is lower. For exam-

r

ple, with methane fuel, the maximum inlet oxygen concentration to a
single-stage, simple reactor is about 2.5% because the inlet gas temper-
ature must be 900°F to ensure reaction stability. With higher oxygen ?

concentrations, the temperature of the catalyst would exceed the limits

imposed by degradation, With a 300° or 400°F inlet gas temperature,

however, much higher inlet oxygen concentrations may be tolerated without

v

danger of degradation,

]
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The hydrogen-rich fuel also offers significant advantages when used
with honeycomb catalyst of smaller channel size, In this case, the mass
transfer barrier is raised to much higher levels. With the methane fuel,
the natural reactivity of the methane-oxygen reaction causes a significant
limitation when the mass transfer barrier is increased to higher values.
However, the higher reactivity of hydrogen fuel may be used advantageously
in this situation. ﬁesign space velocities of 100, 000 hr~! might be used

for 99% oxygen reduction at elevated temperatures and pressures,

7.11.1, 3, Catalytic Nitric Oxide Reduction

The squares in Figure 7-24 present the data obtained on the catalytic
reduction of nitric oxide using a hydrogen-rich fuel, This graph is a
copy of Figure 7.11 and presents the nitric oxide removal as a function
of the oxygen removal. Also presented in Figure 7-24 are additional
data with methane fuel which were collected during the catalyst aging

studies discussed later.

The hydrogen-rich fuel appears to have the same activity for reducing
nitric oxide as the methane fuel. In general, the data points for the
active catalysts fall in the same range as the other data. Therefore,
the same design basis can be used for the hydrogen-rich fuel as was
used for the methane fuel: 98% oxygen removal will just meet the Federal
emission requirement of 209 ppm; 99% oxygen removal provides a reason-
able factor of safety,

7.11, 2, Catalytic Nitric Oxide Reduction —
Ammonia Fuel

A few exploratory tests were made to examine the selective removal
of nitric oxide in the presence of oxyvgen using ammonia fuel. According
to the literature,?? nitric oxide will react directly with ammonia fuel in

the presence of oxygen according to the following reaction:
3NO + 2ZNH; = s5/2N; + 3H.O (7-22)

This reaction is enhanced in the presence of oxygen because the following

reaction can also take place:

NO + NH; + 1/40, # N, + 3/2H,;0 (7-23)
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Figure 7-24. NITROGEN OXIDE REMOVAL
OVER MATTHEY BISHOP CATALYST
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Isotopic labeling studies have proved that the nitrogen formed in Reaction
7-23 is made by a union of nitrogen atoms from the nitric oxide and the
ammonia, The selective reduction of nitric oxide by ammonia takes
place because the catalytically bonded nitrogen from one species reacts
with the nitrogen from the other species, rather than requiring the union
of two chemisorbed nitrogen species as is required with the general re-
duction 'of NO by other fuels.

The cornpeting reactions, consuming ammonia for oxygen reduction,

are as follows: .
4NH; + 30, - 2N: + 6H:0 (1~24)
4NH; + 50, — 4NO + 6H0 (7-25)

Reaction 7-24 consumes oxygen with the formation of atmospheric nitrogen,
but Reaction 7-25 is the initial reaction considered for -the fixation of
nitrogen from ammonia into nitric oxide, These reactions can compete
with the catalytic reduction of NO for the consumption of the ammonia

fuel.

Table 7-10 and Figure 7-25 present the exploratory data that were
gathered on the system. The experimental setup was similar to the -
earlier tests, except ammonia was used as the fuel., Ammonia was sup-
plied at iriple the stoichiometric requirement of nitric oxide, according

to Reaction 7-23,in these tests,

The datz proved that the ammonia has significant activity for the
selective removal of nifric oxide at temperatures of about 400%F over
the noble metal catalysts, Greater than 50% nitric oxide removal was
obsexved at 390°F at a space velocity of 20, 000 hr-!. Greater removals
might have been expected at lower space  velocities or higher pressures.
At higher temperatures, the nitric oxide removal décreased and, in fact,
nitric oxide was generated at tzmperatures greatér than 800°F, This
noble metal catalyst is apparently effective at higher temperatures for -

Reaction 7-25, the manufacture of nitric oxide from ammonia.
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Table 7-10. EFFECT OF AMMONIA FUEL WITH

MATTHEY BISHCP CATALYST

(Feed Composition: 1.0£0,, 1000 ppm NO,

3000 ppm NHj, Balance Nz)

-1

Dave Temp, °F Svo’ hr
6/12 200 20K
6/12 300 20K
6/12 390 20K
6/12 470 20K
6/12 640 20K
6/12 820 20K
7/13 350 20K
7713 710 20K
7/13 800 20K
7/13 900 20K
7/13 990 20K

127z
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Oz %
0.96
0.86
0.77
0.70
0.76
0.52
0.90
0.9¢
0. 66
0. 63
0, 88

NO, ppm

§90-
490
410
850
620
620
570
450
>1000
>1000
>1000
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Figure 7-25. EFFECT OF AMMONIA FUEL

7.11,3, Catalytic Effects ~ Cther ‘Reactions

Exploratory tests were made to determine if the Matthey Bishop
noble metsl catalyst has significant activity for other reactions that

might occur in the carbon-hydrogen-oxygen system. A feed gas of the

foilowiig comiposition was fed to the reactor at temperatures of 8009 to

1¥06°F and spacs velocities of 5000 to 20,000 hr™l,

Jo_
fdydrogen - 2.05
Garbon Dioxide 0. 60
Carbon Monoxide 0. 0085
Njtrogen (Balance)
127aa
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No change in this gas composition was noted during the testing, indicating
that the catalyst was relatively inactive for the methanation and water-gas

shift reactions:
CO + 3H: = CH; + H:0 (7-'1-7).
CO; + Hz = CO + H;0 {716y

In this test work, we paid particular attention to the concentration of

carbon monoxide to determine if it was being manufactured or consuined,

The other reaction which was checked over the catalyst was the

reformin_g of methane:;
CHy + HO » CO + 3H; (7-15¥

This is the reverse of the methanation reaction, The dry gas fed to the
reactor contained 0,57% methane in nitrogen, and the nitrogen had been
humidified at 150°F. The moist gas should therefore contain about 25%
water vapor, greatly in excess of the quantity required for the reforming
reaction, No carbon monoxide was detected in the effluent gas stream

at a space velocity of 20,000 hr~! and temperatures of 630° to 1090°F,

We therefore assume that this noble metal catalyst is not highly active

in promoting the reforming reaction. Certain noble metals, such as
ruthenium, are active for the reforming reaction in this temperature range,

but our tests did not indicate activity for the Type THT-2 catalyst.

These tests appeared to contradict the results of other investigators,’
who claim that the system equilibrates for the water-gas shift reaction
after partial combustion, Perhaps the other investigators used a differ-

ent catalyst or the reaction was catalyzed by the test equipment.

If the water-gas shift reaction does not equilibrate over this catalyst,
a system can be designed to minimize the effluent carbon monoxide con-
centration, In this case, the natural gas fuel would be reformed and
shifted at a high water/gas ratio to minimize the carbon monoxide con-
centration., After reaction with the oxygen and Nox at 10% excess fuel

ratio, the resulting effluent should be less than 300 ppm carbon monoxide.
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'7.11,4, Catalyst Degradation Tests

The subject of catalyst degradation in Nox abatemeént descrves an
exhaustive study. The resulte of our initial program, as reported in
Sedtion 7.7.4, could not offer causes for degradation, In the additional
study. reported here, we iatentionally subjected the catalyst to extreme
operating conditions to determine possible modaa of degradation, These

extremes were as follows:

Catalyst aging

Fuel deprivation

Oxidant starvation
Loss of preheat temperature

[ J
® Temperature excursions

These conditions were onlv exarnined on a q;:alitat‘ive basis; time did not

permit a thorough analysis of these variables,

Tables 7-11A to 7-11D present the data which were collected in these
catalyst degradation studies. Long-term examination of catalyst degradation
could not be examined within the scope of the program. Rather, the critical
48 hours after catalyst start-up-was investigated for catalyst aging. The
results of 2-day tests are presented in Figurev7'-26,‘ in addition to Tables 7-11A
to 7-11 D.

The first life test was made at 1200°F with a spidce velocity of
20,000 hr~!, These conditions should result in stable operating charac-
teristics. As ‘indicated in the .graph, the test started with relatively
low oxygen removal but stabilized with about 90% reduction of the oxygen
in the tail gas. No apparent degradation was ncted for the catalyst on
this 44-hour test. At the conclusion of the life test, the méthane fuel
was discontinued for 1 hour, After reintroduction of :the fuel, the oxygen
concentration in the output gas climbed, indicating that the catalyst had
degraded. However, in examining later data, thiVs degradation was. ap-
parently temporary. Next, the oxygen concentration in the tail gas was
temporarily discontinued, After reintroduction of the oxygen, tne cafalyst
activity for the oxygen removal was not apparently impaired, but the
nitric oxide concentration in the exhaust was increased. Next, the tem-

perature of the feed gases was dropped ta 330°F for 1 hour. After tha
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 Table 7-11A. LIFE STUDY OF MATTHEY BISHOP CATALYST (New),
~ RUN NO. 1, AT 1200°F AND A SPACE VELOCITY OF 20,000 hr-!
(Feed Composition: 1.040,, 0.56%CH,, 1000 ppm NO, Balance N,)

" . Outlet Concn

hr Q_zx % NO, ppyﬁ T k{Oz)
1 o0.30 260 --
2 0.30 190- -
3 0,30 210 -
4 029 160 -
%19 170 92.5
6 0,17 180° 98,7
7 0.%5 200 105, 7
g8 0,14 180 109.5
9 014 180 109.5
10 0,14 180 109.5
11 0,14 180 109.5
12 0.4 150 109.5
13 Q.21 220 86.9
14 0,12 190. 118.1
i5.  0.08 150 140. 7
16 0,13 130- 113, 7
17 016 160 102.1
18 .0.10 110 128.3
19- 0.10 60 128.3
20 0,08 100 140.7
21 - - -
22 o .- —
23 - - .
24 0.11 160 123.0
25 0.12 130 118, 1
26 0.22 190 84,3
27 0.22 580 84.3
28 0.11 120 123, 0
29 0,00 100 134,11
0 00 200 118.1
i1 0,11 210 123.0
NS TITUTE

Remarks

O2 cell was bad;
Ignore

Check feed flow
rate; OK

Culi bad

Outlet Concn

02 % NO, ppm k(O3
0.10 200 128.3
0,11 200 123,0
0.12 210 118.1
0.12 210 118.°
0.-08 140 140, 7
0.11 160 123.0
0.18 170 113.7
0.14 210 109.5
0.16 230 102.1
0.14 210 109.5
0.13 210 113,7
0.16 240 102.1
0,16 210 102.1
CH, off
0.20 340 90
O, off
0.22 600 84.6
Temp. to 310°F
0.21 690 86.9
Temp to 300°F
0,10 250 128.3
B-24-331
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Figure 7-26. OXYGEN REMOVALS; LIFE TESTS

—— (=

preheat temperature was increased, the oxygen and nitric oxide removals
were similar to the preceding test. The preheat temperature was again
decreased to 300°F for an hour. But after this test, the oxygen and

o ———
———
e

nitric oxide removals improved, indicating that fuel deprivation, oxygen ) :

starvation, or loss of preheat temperature cause only a temporary loss H

of catalytic activity for the oxygen and nitric oxide removals in this

system. U i
The next test was conducted at an elevated temperature of 1500°F, t

In this test, we encountered difficulties in start-up, including a power ?{

failure, and the catalyst may have been subjected to extreme conditions

which were not noted, However, as indicated in Table 7-11 and Figure E“
7-26, the general performance during this 48-hour test at 1500°F and a
20,000 hr~! space velocity was constant but relatively poor. Much greater - ‘
oxygen removals would have been expected at this temperature of operation; SIS

perhaps the catalyst was degraded during the first 6 hours of testing.

127hh ‘

I' NS TITUTE 0O F G A S TECHNOLOGGY

T W e

SR L ot i e R~

i SR o o



L )

v i
N re——

In the next two ‘tests, the catalyst was subjected to temperature
swings, always returning to the base temperature of 1200°F. In the

first of these tests, the catalyst showed no degradation when subjected

to temperature swings of 1400% 500° and 1500°F. The final temperature
of 1600°F showed lower performance, although the difference may not

have been significant, ¥

In the second test with ternperature swings, the performance of the
catalyst apparently degraded after the first swing to 1500°F. Good oxygen

removals were not obtained after the fifth hour of testing.

The results of the catalyst degradation tests were not conclusive,
Apparently, catalyst age, in the critical short term, is not important.

Also, the deprivation of fuel, oxygen, or preheat temperature is not

significant. In the second of two tests, locally high temperatures caused
catalyst degradation; however, these effects were not noted in the first

of these tests. Apparently, locally high temperatures can cause perma-
nent catalyst degradation, even if these temperatures are experienced only
for a short time, However, this effect is nct consistent, and the primary

variable may be in the precise technique in which the catalyst was

prepared.

The performance of the oxygen analyzer was often erratic at low
oxygen concentrations, The preferred data for high rate constants

were taken in at high space velocities and lower oxygen removal,
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8. CYCLICAL REACTOR OPERATION

8.1, Summary

A pair of fixed-bed reactors was operated cyclically with thermal
regeneration. This operation simulated the expected performance of the
rotary regenerative wheel reactor. The operation of the cyclical fixed-
bed reactors was satisfactory, demonstrating the feasibility of the rotary

regenerative reactor concept.

During the reaction cycle of this system, 0.’3% NO was chemically
reduced with methane to 16 pp&n. Simultaneously, 99.5% removal of
the oxygen in the simulated tail gas was achieved, agreeing with the pre-
dictions of the kinetic study. Even with a degraded catalyst on one test,

the EPA specifications of 209 ppm NO were achieved.

The cyclical reactor was operated with equal reaction and preheat
times, simulating a rotary reactor with a 50:50 proportioning between
the reaction and preheat zones. The temperature on the front face of the
reactor, while operated in the cocurrent mode, was less than the tem-
peratures deeper in the reactor. This effect was more pronounced with
the degraded catalyst. This temperature decrease confirms the temper-
ature profile predicted by the modeling study. Similarly, the greater
temperature decrease with the degraded catalyst confirms the predictions

at a lower reaction rate and hence a lower Lewis Number.

The only subprogram goal which was not achieved was the determina-
tion of the cyclical bed temperature variation using rezl cycle times,
Measurements indicated a temperature range of about *10°F, but calcu-
lations indicate larger spreads, Perhaps the thermal inertia of the
temperature measurement was too great to record larger variation at

the relatively short cycle times,

8.2. Objective
The purpose of this phase of the program was to operate a fixed-bed
reactor in a thermally regenerative cycling mode, simulating the perform-

ance of the proposed rotary regenerative reactor in cocurrent operation,
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8. 3. Introduction

The feasibility of the rotary regenerative reactor is best tested with
fixed-bed reactors operating in a cyclical mode with regenerative heat
recovery. The fixed-bed reactors can be more readily instrumented than
the rotary reactor — thermocouples can be inserted into the reacting bed —
and variations in the cyclic parameters can be readily accomplished by

altering the settings of a timer mechanism.

The cyclic reactor is a fixed-bed reactor incorporating heat recovery
by alternately passing the reacting and cold gases over the bed. In this
case, the bed is fixed and the gases are changed by valves, In the
rotary regenerative reactor, on the other hand, the gas flow ducts are
stationary and the bed is moved between the ducts. This difference is

explained in more detail in Section 3.

The fixed-bed reactor, operated cyclically, was used for the experi-
mental program. However, in industrial practice, the fixed-bed regen-
erators are operated at longer cycle times. The resulting temperature
extremes would be unsatisfactory for this process. Also, fixed-bed regen-
erators in this process would require valves to operate at 1200°-1400°F,
beyond the range of ccnventional equipment. This concept was useful,
however, in this program for simulating the expected performance of the

rotary regenerative reactor.

Outputs from both the modeling subprogram (Section 6) and the reac-
tion kinetics subprogram (Section 7) were used in designing the cyclical
tests. The reactor modeling subprogram indicated that the preheat (or
cooling) cycle of the fixed-bed reactor should be about 40-45 seconds if
the reaction cycle were 1 minute because the Lewis Number of the sys-
tem should be about 0.7, The kinetic study indicated that the design
space velocity should be about 11, 800 hr-! for achieving satisfactory
oxygen and nitric oxide removals at 1200°F operating temperature,
Operation at higher pressures would more closely duplicate the present
operating systems and permit higher space velocities, but atmospheric-
pressure operation was selected because of ease of operation and the

availability of pressure scale-up techniques.
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8.4. Experimental Apparzatus and Procedure

Figures 8-1 and 8-2 present the process flow and the P&I drawings
for the cyclical feaction system. This system is similar to the experi-
mental apparatus used for the kinetic studies except that a pair of parallel
reactors is used. These¢ reactors are interconnected with four 3-way
valves; either reactor could be fed a cold nitrogen stream oxr the pre-
heated tail gas readv for reaction. Similarly, the exhaust from either
reactor could be directed to the gas analyzing system or to the vent.

Figure 8-3 is a photograph of the reactors and valving.

The poppet valves (Figure 8-4) were custom designed and constructed
for operation on hot yaszs, and they had operated satisfactorily in an
earlier application. The poppet valves were constructed from automotive
exhaust valves, ground into boron nitride seats. The valve stems passed
through close-fitting tubing fittings for guides and were sealed on the re-
verse side with flexible bellows welded between the valve siem and the
valve guide. The diameter of the bellows was equal to the diameter of
the valve, so the gas pressure on the back of the valve was counter-
balanced. The valve was spring-loaded in a normally open position and

was closed by a heavy-duty solenoid actuator.

Figure 8-5 is a schematic diagram of the electrical circuitry used
to actuate the valves for cycling the reactors. The primary timer cir-
cuit sets the cycle time for the reaction portion of the paired reactors.
Each activation of this circuit reverses the operation of the 3-way valves
in the systemm. Thus one reactor is reacting the preheated simulated
tail gas with methane while the other is being cocled by nitrogen. With
the next activation of the timer, the functions of these two reactors are
reversed. The second timer circuit was used to determine the length
of time, during the cooling cycle, that the cold nitrogen was flowing.
Additional solenoid valves were used on the cold nitrogen feed and vent
lines; these valves were controlled by this timer. Therefore, although
the reacting gases might flow for 1 minute, the cooling gases might flow
for 45 seconds, with the cooling reactor dead for the remaining 15 sec-
onds of the cycle. The third timer circuit was used to reinitiate the

other two timers and had a time delay of leas than 1 second.
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The system was operated to balance the heat flow in the output of

the cooling reactor witl{"@he heat flow in the input to the reaction section.
In other words, the product of the flow rate, time, and average temper-
ature was adjusted so that the quantity of heat in the product gas from
the preheat reactor equalled the quantity of heat in the input gas to the
reaction section. This balance would duplicate the operation of the rotary
regenerative device, The external heat rate to the reactors was con-
trolled to approach adiabatic operation. The voltage controllers were

set to minirmize temperature viriation from the front to the back of the

bed while vpreheated nitrogen was flowing,

In general, the experimental procedure was similar to that used in
the kinetic subprograra. The simulated tail gas, however, contained
5.2% oxygen 1{!},‘; volurae) and 3000 ppm nitric oxide. The methane fuel
was again added' at 10% excess (over stoichiometric requirements for
combustion to Cég; and H;0), or 2.95%. This gas stream was humidified,
preheated, and blended similar to the system used in the kinetic study
before it was fed to the cyclical reactors. ‘A secondary gas stream of
nitrogen was used in another metered and controlled circuit for the al-

ternate reactor in the cyc.e.

The catalyst used in this subprogram was the Matthey Bishop TMT-2
noble metal mixture deposited on 1/8-in, ceramic honeycomb. The over-
all program was based on conventional, noble metal catalysts, and this
formulation had provided satisfactory data in the kinetic subprogram.

The catalyst samples were 2 in, in diameter by 1 in, deep. Based on
the preliminary output of the kinetic studies, the reactors were operated

at a standard space velocity of 10, 000 hr-t,

8.5. Results

The paired, fixed-bed reactors were operated in a cyclical mode,
with regenerative heat recovery, to simulate the operation of the proposed
rotary regenerative reactor, The feasibility of this concept would be
evaluated in ‘these tests:

a., Determine the operating temperature of the reactor with high oxygen
removals and resultant high adiabatic reaction temperature.

b. Demonstrate satisfactory nitric oxide concentrations in the product
gas with 3000 ppm NO in the feed, thus checking the output of the
kinetic subprogram.
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c. Determine the magnitude of the cyclic temperature swings in the bed
corresponding to real periods of reaction and cooling.

d. Evaluate the axial temperature profile in the bed in cocurrent opera-
- tion, checking the output of the reactor modeling subprogram.

The cyclical reactor operation could therefore evaluate the viability of

ot it

N the basic work and demonstrate the feasibility of the continuous, rotary

% regenerative reactor,

% &

Three of the above subprogram goals were achieved. Detailed eval-
] uation, however, was not possible because shakedown problems iimited

= the number and range of tests that could be conducted.

The cyclic reactors were operated with 5.2% (by volume) oxygen in
o the simulated tail gas, This concentration corresponds to 5.9% by weight, z

- for a calculated adiabatic temperature rise of approximately 1400°F. The

reactor was operated with this simulated tail gas preheated to 1200°F in
the reaction mode and ambient nitrogen in the cooling or preheat mode;
average bed temperatures ranged from 1200° to 1450°F, proving the ‘basic

regenerative heat exchange concept.

The data for the four tests in the cyclical reactor subprogram are

AP S

presented in Table 8-1. The first three tests were conducted with cata-

lysts which had been used in the system during the shakedown tests;

these catalysts had apparently degraded. The ‘last test was conduéted

] with a fresh catalyst’ sample. All of these tests exhibited relatively

high removals of oxygen, yet the operating temperatures were not ex- ’
- cessive, On the contrary, the average bed temperature in the first test 'I‘
& was relatively low at about 1200°F, indicating insufficient external heat /

to mairtain the adiabatic reaction temperature,

- The kinetic data for these tests are shown in Figure 8-6 as an

- Arrhenius plot. Also included on this g_raph‘ is the line representing

the average performance of this catalyst at 1 atm pressure as deter-
mined from Section 7. The rate data for the first three tests fall sig-

=y

nificantly' below the expected behavior. However, when the catalyst

sample was replaced for test 4, the expected kinetic behavior was essen-

}

tially achiéved.
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Table 8-1, SUMMARY OF DATA FROM L ;
CYCLICAL TEST SUBPROGRAM i
. |
Test No. 1 .2 3 4 ” |
— {
Cycle Time, min -
Reaction 2 2 2 1 -
Preheat 2 2 2 1 {
Feed Gas =
. ;
Standard Space Velocity, hr-! 10,000 10,000 10,000 10,000 v
Composition, vol % N -
o 5,2 5,2 5.2 5,2 :
NO 0.3 0.3 0.3 0.3
CHy 2.9 2.9 2.9 2.9 -
i
Product Gas Composition -
03 ppm 1600 1500 1000 300 £
NO, ppm 310 300~ 210 16 i
CHy, ppm 2500 1000 1500 1009 "
CO, ppm 300 290 500 800 |
COz % 2. 65 2.7 2. 65 2. 65 | |
Temperature Range; °F
|
Bed Entrance 10 +10 +5 +£10 L
Bed Center +10 +10- x5 10
Bed Exit £i0 5 5 +5 ,‘
Mean Temperature, °F -
Bed Entrance 1190 1350 1495 1310 L
Bed Center 1210 1380: 1540 1330 .
Bed Exit 1230 1410 1560 1340
|
Apparent Catalyst Condition —————Degraded———— Active L
¥
L
U
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The two samples of catalyst which were removed from the paired

reactors after test 3 appeared to have suffered the type of degradation

discussed earlier in Subsection 7.7.4. The cell walls were thicker, with

the catalyzed surface apparently covered by a ceramic scale,

The nitrogen oxide removals are graphed in Figure 8-7.A
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The three data points for the degraded catalyst lie precisely on the line
for minimum performance predicted from Subsection 7.7.2, The EPA

standards of 209 ppm were met in one of these tests, even with degraded

catalyst., The data point for the fresh catalyst showed much better per-

formance, with 99.5% removal of the nitric oxide content at a similar l

oxygen conversion, Thesc data prove that satisfactory nitric oxide con-

versions may be achieved using methane fuel in the regenerative reactor. ;

BT et e et A

The carbon monoxide concentrations in the effluent product gas were

el

o st

satisfactorily low. The highest measured CO concentration was 800 ppm,

et

e e

only 40% of the currently permissible CO concentration in large indus-

trial furnaces. This carbon monoxide concentration was achieved by using

it g

minimal excess fuel in the reaction.

The temperature of the bed must vary during the operational cycle.

T <R RO A oy i

This effect was expected, but could not be predicted in our simplified

model, which assumed infinitely fast rotational speed. Unfortunately, our

griSes

e M e e

data might not define the magnitude of the temperature cycles, The

measured fluctuation (Table 8-1) is about *10°F; however, approximate

=

calculations predict much greater variation. The measured cycling may

o

be in error because high time constants (or thermal inertia) could mask

g e Ben an

the true temperature with short cycle time.

e
=4

" e

Mechanical problems in the hot valves forced us to operate the

R TN

paired reactors with equal cycles of preheat and reaction. This cycle

a‘ -

o

schedule corresponds to a rotary regenerative reactor with equal areas

in the preheat and reaction zones. Our reactor modeling subprogram
(Section 6) had predicted that the temperature at the bed inlet should be

lower than the remainder of the bed in this chemical system with a 'ﬁ\‘i

| S5
“-L

e,
NIE Pt
oE

ol

Lewis Number less than 1.0. This effect was observed experimentally,

The effect was more pronounced with the degraded catalyst than with

j%i the fresh catalyst. This observation is consistent with theory; a greater

temperature difference from the front to the rest of the bed in this sys-
T tem is caused by a lower Lewis Number, The lower Lewis Number is
= caused by a lower reaction rate which, in turn, is consistent with a de-
~: graded catalyst. This effect would be counteracted on a rotary reactor
s by changing the fraction of the reactor which was in the preheat zone.
2
i
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These reactors were operated with 5.2 volume percent O in the tail

gas for an adiabatic reaction temperature rise of 1400°F. The design

reaction temperature of 1200°F would be reached at 4.1 volume percent
0,. Even lower oxygen concentrations could be used at the design reac-
tion temperature by preheating the tail gas either in the ammonia burner

or by exchange with the treated tail gas.
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"9, DESIGN OF A PILOT-UNIT ROTARY REGENERATIVE REACTOR

9.1. Summary

This phase of the program was charged with the conceptual design
of a prototype rotary regenerative reactor capable of processing 1000
SCF/hr of simulated tail gas, We designed a versatile reactor sized
for operation between 300 and 1200 SCF/hr, depending upon the configura-
tion used. The reactor design incorporates a movable partition between
the preheating and reacting zones, Adjustment of the ratio of these two
sections can compensate fvr variation in the chemical characteristics of
the system. The reactor wheel is 7 in., in diameter with incremental
depths. of 1, 2, or 3 in. The deepest wheel would process 1000-1200
SCF/hr, based upon the output from the reactor modeling and kinetic
subprograms, If propésed bed modifications are included, the pilot unit

reactor might treat 2800 SCF/hr o tail gas to 150 ppm NO_.

Concepts are presented for both cocurrent and countercurrent flow
of reacting gases with the preheating gas. In the cocurrent mode of
operation, the wheel should operatec at nearly constant temperature as pre-
dicted by the mathematical model. The countercurrent configuration was
developed to demonstrate the concept of mixed metal catalysts and uncat-
alyzed heat exchange area, as presented in Subsection 6. 6. At this time,
the operation of the countercurrent system is more conjectural than the

cocurrent system, but offers promise for the longer term.
9.2. Objective

The purpose of this phase of the development program was to prepare
a conceptual engineering design of a prototype rotary regenerative reactor.
This reactor should be capable of processing 1000 SCF/hr of simulated

nitric acid tail gas.

9.3. Inputs
9.3.1. Concept

The idea for the rotary regenerative reactor was the heart of this
program, It was first introduced in Subsectica 3.5 as a countercurrent
device, The ideal bshavior of the cocurrent reactor, with its constant
temperature profile under certain conditions, was discovered during the

course of the program. This concept was introduced in Subsection 6. 7.
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5 9.3.2. Reactor Modeling L ]
% The reactor modeling subprogram was presented in Section 6, The . '
output of that program specifies the physical configuration of the rotary i f
device. B A

When the reaction is operated cocurrently on the wheel, with the =

preheating and reacting gases passing through the wheel in the same
direction, the axial temperature profile can be nearly constant, This
will occur if the ratio of the area in the :-»eheat zone to the area in the
reacting zone is equal to the Lewis Number (or pseudo-Lewis Number)
| of the system. The experimental reaction rate, as determined in the
kinetic subprogram (Section 7), indicates that the process is controlled
by both the chemistry of the system and the rate of diffusion of thz reac-
tants. The pseudo-Lewis Number will be in the range of 0..5-0.8. ‘

Therefore, for operating cocurrently, the reactor should be constructed o]
with a movable partition between the prehext and reaction zones permitting

1]
PORRIR N B > : 4 . <
SRR A B e Bl 2t N e R D it L A A S S

|
the area fraction of the preheat zone to be varied between 33 and 45% of {
the total cross-sectional area of the reactor wheel,

When operating in the countercurrent mode, the axial temperature ]
gradient in the bed is minimized when the area fraction of the preheat
zone is the smallest. However, practical considerations limit the min-
imum size of the preheat zone to about 15-<20% of the total wheel area.
Even with this small preheat fraction, the temperature on the hotter face .
of the countercurvent wheel reactor is too high for operation with noble ‘
metal catalysts, Also, with low oxygen concentrations in the tail gas,
the temperature of the cooler face of the wheel may be too low for a suf- .
ficient reaction rate. Therefore, the front face of the wheel contains
uncatalyzed heat exchange area for elevating the temperatures on the
catalyzed surfaces, For use with a tail gas containing 4% oxygen, the
wheel would be 4 in., deep with 1 in, of uncatalyzed honeycémb, 1 in,
of noble metal catalyst, and 2 in. of non-noble catalyst, which will oper-
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e e S NS 2 sarain LI N e o RaXRA N SR Fons o

e

07 SR EV L

ws? 1%

ate at higher temperatures,
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9.3,3. Reaction Rate

The experimental program, discussed in Section 7, produced data
that proved that the noble metal catalyst can operate satisfactorily.
Oxygen removals of 98-99% should be realized at 1200°F and 90 psig at
standard space velocities of 27, 500-32, 000 hr-'. The expected NOx con-
centration in the effluent under these conditions is 150-200 ppm.

These results can be used directly when the reactor wheel operates
in the cocurrent mode. This temperature would be reached in the reactor
if the tail gas contained 5. weight percent oxygen (or with lower oxygen

concentrations and externai preheat).

The operation in the countercurrent mode is more difficult to esti-
mate because the temperature is continuously varying through the bed.
Also, the higher temperature sections of the bed use less active catalysts
which have not yet been fully characterized. At present, we estimate
that a space velocity of 20,000 hr-! would be adequate to process the tail

gas.

9.4, Wheel Sizing

The pilot unit rotary wheel reactor was sized at 7 in. in diameter
by 3 in, deep. The inside diameter of the wheel was chosen at 2 in.,
to allow for the drive shaft and the seal against the wheel., This reactor
size, coupled with 60% average area in the reaction zone and a design
space velocity of 27,500 hr~), gives a flow capacity in the cocurrent mode
of 1000 SCF/hr, This space velocity should result in 99% removal of
the oxygen in the tail gas and an effluent NO concentration of :about 150
ppm, with an operating temperature of 1200°F. Higher flow rates are
obtainable with reduced efficiency; flow rates of 1200 SCF/hr will be
possible without exceeding the EPA NO_ standards.

If the bed modifications proposed in Subsection 7.7.3 are included
in this design, the space velocity increases to 66,000 hr™! at 1200°F,
Also, the area in the reaction zone increases to about 70% becausé of
the reduced pseudo-Lewis Number. These factors increase the capacity
of the pilot unit to an estimated 2800 SCF¥/hr at 150 ppm NO in the exhaust.

In the countercurrent mode of operation, an additional inch: 6f wheel

depth is required for uncatalyzed heat exchange volume, A greater
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fraction of the wheel area, about 85%, is available for reaction, The
7-in, - diameter by 4-in.-deep wheel can process 1000 SCF/hr at a design

space velocity of 20,000 hr-!, based on catalyst in the reaction zone.

9.5. Conceptual Reactor Mechanical Design

The drawings presented with this section of the report are conceptual;
they are not finalized, Although they are drawn to scale with a 7-in,-
diameter reactor wheel, they are not dimensioned because mechanical
engineering considerations may dictate changes in the construction of the

pilot-unit reactor.

The figures illustrate the construction of 2 countercurrent reactor.
The construction of a cocurrent reactor is similar, and ‘the differences

will be detailed later in this subsection.

Figure 9-1 is an exploded isometric view of the rotary wheel reactor

illustrating the se¢ven primary pieces.

® The primary component of the reactor is the catalyzed rotary regen-
erative reactor wheel, labeled "E'" in Figure 9-1. The catalyst
honeycomb is mounted in segments in a carrier to compensate for
thermal expansion. Wheels of different depths would be constructed
to test the effects of gas flow rates over a wider range.

¢ The wheel is rotated by a concentric shaft, labeled "A." The
wheel is keyed to this shaft, and the shaft is externally driven by
chain and sprocket, reducers, and a variable-system drive (not shown
in the drawing).

¢ Two headpieces, labeled "B,'" fit against the catalyst wheel, Seal
material on the headpiece flange rubs aygainst the rotating flange of
the catalyst wheel, minimizing gas bypassing, The headpieces con-
tain a fixed partition, part of the mechanism for separating the
reactants from the preheating gases within the reactor.

® Two movable partitions, labeled "C,'" are mounted within the head-
pieces. The movable partitions are welded to heavy-walled tubing
which fits concentrically on the drive shaft, but does not novmally
rotate. The movable partition has seal material around its outside
edge to ride against the inside of the headpiece, forming part of
the gas seal between the preheat and reaction gases, A similar
seal on the fixed partition rides against the tube of the movable par-
tition, and both partitions have seal material facing the catalyst

Wheela ‘

e The last major part of the reactor is a spool piece, labeled "D,"
mounted between the two headpieces and around the catalyst wheel,

Spool pieces of various depths (1, 2, 3, and 4 in,) would be con-
structed to correspond to different catalyst bed depths.
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The reactor, as sketched in Figure 9-1, includes support legs for
centering the movable partition (and hence the drive shaft and catalyst
wheel)., The support legs use seal material at the moving points for
bearing surfaces. The primary difference between the countercurrent
reactor, as shown, and a cocurrent reactor is the positioning of these
support legs. In the configuration shown, the movable partition may be
varied to allow preheat fractions of 12-37% before interferénce of the
partitions with the support legs., For the cocurrent reactor, a pair of
fixed support legs would be used, attached to the headpiece perpendicular
to the fixed partition. These support legs would ride against the tube
of the movable partition, permitting movement of the partition which
would allow from 33 to 67% of the reactor area in the preheat zone.
This configuration would provide adequate support for the movable parti-
tion and drive shaft, yet permit more than sufficient movement for the

movable partition.

The tubes of the movable partition would extend through the centering
bearings in the headpiece. They would be keyed to interconnected lever
arms for locating the movable partitions. Set screws in the bearings

would be used to fix the position when adjusted.

The drive shaft, keyed to the catalyst wheel, would extend through
the tubes of the movable partitions. It would be positioned by self-
centering outboard bearings, external to the headpieces of the reactor.
The shaft would be driven, through gear reduction, by a variable-speed
motor., The satisfactory operation of the cyclical reaction indicates a

design speed of 0.4-4 min/rev.

The metallic components of the rotary regenerative reactor would
be manufactured of Inconel for maxiraum strength at the temperatures
which might be encountered with non-roble catalysts in the countercurrent
mode, The seal material is a sintered, high-nickel alloy. This mate-~
rial will compress and abrade to conform to the catalyst wheel surface,
yet has minimum pore -volume for high resistance to gas flow across the

seal,
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Figure 9-2 is a sectional view through one of the reactor headpieces,
illustrating the relative location of the partitions and support legs in the

countercurrent reactor.

Figures 9-3 and 9-4 are axial cross-sectional views through a head-
piece illustrating the fixed partition and the movable partition, in assembly.
These views show the location of the seals riding against the catalyst
wheel, the movable partition, and the inner surface of the headpiece.

This simple seal arrangement should be adequate for the small pilot-unit
reactor using a catalyst wheel with low pressure drop characteristics,
A more refined sealing technique would be required for a larger, semiworks

rotary regenerative reactor,

The remaining drawings .in this section“illustrate the method for
locating the catalyst segments within the rotary wheel (Figurés 9-5 and
9-6), the connection nozzles on the head of the reactor (Figure 9-7), and
a support base welded to the spool piece (Figure 9-8). Details of the
outboard bearings and center shaft drive mechanism have not been prepared.
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Determination of Equilibrium Composition of N-O System

Assume: NO, NO,, eic. =noles of named species
NO;, NG, ete. = initial moles
K¢ = equilibrium constant of formation of subscripted species
as determined by nonlinear least mean squares regression

analysis of primary data

Material Balance Equations:

Nitrogen _
N> + O+ 1/2NO + 1/2NO; = Nziﬁ- N"Oi +1/2 NOi +1/2 NOzi

Oxygen
Op + NO, + 1/2N,0 + 1/2NO = Ozi+ NOy; + 1/2 N;O; + 1/2 NO;

Total
Total = N; + N;O + NO + NO; + O,

Equilibrium Equations: _
) (Oz) (N2 (Total)-1/2

N, = (K; yo,
NO = (K; yo) ()12 (N)¥2 i
N0 = (Kg . o) (02) 1/2 () (Total) /2 :
Initial Values: ’s
Ny, =0.962 *,

O, =0.035
NOz; = 0.0015

g

NO, =0. 0015
Nin =0.0

Read: NO, , NO , N,O
Total Total Total

Determination of Equilibrium Composition of C-H-N-O System,
Assuming Combustion of NO. with CHj

Assume: NO, CHy, H,0, etc. = moles of named species
NOi, CH4i, Hin, etc, = initial moles
Kf = equilibrium constant of formation of subscripted species.

Ignore higher hydrocarbons, amines, etc.

163 Preceding page blank
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Material Balances: l
Carbon
COz + CO + CHy + HCN = COzi + (3()i + CHy; + HCN, b
Bydrogen ;
4CH, + 3NHs + 2Hp0 + 2H; + HON = 4CH,, + 3NHy, + 28,0, + 2Hy, +HON, i

* Y v M 12‘7 ’",:i%

Nitrogen !( .

HCN + NH; + NOz + NO + 2,0 + 2N = HCN, + NHj, + NO,; + NO, +2N;0; +2Np,

Oxygen
2NO, + NO + N,O + 2CO, + CO + H,0 + 20, =

2NOy; + NO, + N;O, + 2C0, + CO, + H2O, + 20z

-

Total
Total = N, + N;O + NO + NO; + O, + Hz0 + Hp + GO, + CO + CHy+ HCN+ NH;

-

Equilibrium, Equations: .

f S8t e o Ak - . »
i3 20 NEL R - - NS PN (. N

N 1

Basis: N;, CO, CO;, H,O
Reaction: N =1/2 N; + 2 CO, —2CO . ‘ .} :

LYY

NO; =K (GO (COY2(No)¥? (Total) 1A 3

- 2 { 2 :

K = (e no,) Beco) Keco,) [ :
Reaction: NO =1/2N; + CO; —CO H
NO =K (COz) (COY? (Mp)V2 (Total)V? T

- -1 “ 4

K2 = (Krno) Eeco Beco,)

Reaction: N0 = N + CO, — CO [l
NO = K; (M) (CO;) (CO)? T

- ‘ 4 SR

K =(Kpn,0) (Keoo) (Keco,) [

Reaction: H, =H,0 + CO~CO, S
H, =K (H0)(co)(co;)? ﬂ L

- -1 -1 L

Reaction: CH; = 2H,O + 4CO — 3COC;, ) Lis
CH, = Ks (H;OF (COY* (CO;)® (Total)® g

- .\ 3 -2 Y -4 ; E i}

Ks = (Keop,) (i)’ (Keyof? (Ko Vb

S

164 _ f
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~ Reaction: O, =2CG;—2CO
0z =K (CO,)? (COY2 (Total)
Y = (K 2 (K <2
Ke = (Kgcol (Beco)
Reaction: NH; = 1/2N; + 3/2H,0 + 3/2C0Q —3/2C0,
Ml = Ke (12 (5,002 (00} ¥2(COJ¥* (Fotal)?
L N e /2 -3/2 y-3/2
Kr = (Ben,) Koo, * Kpo ™ (K, o)
Reaction: HCN = 1/2N; + 1./2H,0 + 5/2C0 — 3/2C0,

HCN = Ke (N)V2 (1,012 (COY/2 {CO,)"*{Total) ™
Ko = Repron) Ky, # i) ™2 Ky, o) ¥V

= ¢ £

Input:
Ng; = 0.962 Hzi = 0
Ozi = 0.035 COi = 0
NOzi= 0.0015 COZi =0
B NOi = 0.0015- Nin = 0
H;_»Oi:= 0.070 NHs;.' =0
HCNi =0

CHy, = (1 + xs) (1'/’»202'i + 1/2Nin+ 1/’4N0i)

I R

0.2, 0.1, 0.05, 0.0Z, 0.0 -
~0.2,~0. 1, 0,05, ~0.02

NO,
Total — H;0

Let xs =

N 3

I S SN S St Y S RN

Read 2ll 12 components as , etc.

If unstable at xs = negative, derive similar equilibria equaticris based on
1\‘}.2’ Co;) Hzo, Oz-

=3
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Consider a 8ystem of adizbatic, countercurrént heat exchange with an
external chemical teaction as illustrated below. The cold- feed gas enters
the system at temperature {Ifa. It is heated in the adiubatic exchanger
(no heat 19ss to the surroundings). At point x in the exchanger, the gas
in the préheat section (Section' 1) has Dbedn heated to temperature Ti. At
the end of the exchanger, ‘the prehedted gas température is ‘i‘p. The gas
fhen reacts -exothérmally and: ddiabatically to a reaction temperature ’I‘R.
The ;gases pass_back through the exchanger in ‘Sectiun 2, countercurrent
to the flow in Section 1. At ‘point x, the gas témipérature is T and the
‘8olids :separating the Sections 1 and 2 are at teripérature T,s‘ The gas

finally leaves the system at a temperature T

3 d’xA A /?L 7:0 / QL s o

oo o Ilnf 7
" - Ts1y : REACTION
i R ZONE
T ﬁ{‘ ‘:TR .
s IR -
0 —5+— POSITIVE. A
Let
Aci, = crogs-sectional area of section i, sq ft
Asi = heat transfer surface area of section i, sq ft
T, = temperature of gas in section i, o
G, = flow rate in section i, lb/hr-sq ft
Fi = .mass flow in. section i = GiAci’ 1b/hr
qp_i = héat capacity of gis in section i, Btu/1_b-°F
Ct = heat capacity flow in sec‘;'cion 3= Ficpi’ Btu/hr-%F
h, = heat tranofer coefficient in sectitn i, Btu/hr-sq ft-°F
160  Preceding page blank
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The heat transfer surface in each section is proportional to the

| e } 4
P Y P T O SN o ot

cross-gectional area in that section:

1

Ae;i Aci .
YA A (B-1)
81 C1l

gy

e IR Swtont o

In this problem, the heat is transferred between the individual gas
streams and the solid surface, At steady state — '

h, A (T, ~T)=0 (B-2)

A 30 1
!
POV

¥
L

!

e

The temperature gradients in Sections 1 and 2 are —

IR Y

h A :
dTl - N 81 —_ % e
dx C L (TS Tl) (B"3) L ;v
i3
and ‘§° '
h A ~b g
d Tz _ 82 _ 1
& -G T (g~ T (B-4) ’ 5
The- temperature difference gradient can be derived from the above
eguations: f] i
L :
A A hZA_. :
Y (T2 — T1) _ _ RYD T X c1 c2 8i ., |
‘E o = (Tz rl)(Cx + Cz) LAci ZAci T, (B-5)
] . =
i where h = h; = h; by the mechanical configuration of the heat exchanger. —
% However, in this countercurrent flow, Cz = —Ci. 3
Therefore,. T, — T is constant. -
Ta~Ty =T,-T -
=T, - T
R P }
From Equations B-2 and B-6 — ...l
} 1
'I‘s - T = (Tf.‘— TO) Acz/ EAci {B-7) A
And from Equation B-3 - B ?
-
3
|
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T = & AL (T— T) + T_ (B-8)
i.

Temperatures 'I‘p and TR can be determined at x = L.

in this system, the heat exchange surface is generated by a honey-
comb., With reasonable flow rates, fully developed laminar flow exists

and the Nusselt Number is constant and equal to 4. 0.

hd

H _ :
=40 (B-9)
where k is the thermal conductivity of the gas and dyy is the “hydraulic

diameter of the channel, By definition of hydraulic diameter —

Nu =

A = 4L A _/dy (B-10)

With these factors, Equation B-8 may be written in terms of the physical

congtants of the system, at x = L:

T =T +aalmk s €2 (T, - T ) (B-11)
p o TC_d °F/LTA _TA . TA f o
p H ci ci
By substitution, the heat exchange efficiency, 7 —
T —-T
‘n = —-R———-——o . (B-].Z)
T, - T
R o
A A
_ 4 Nuk C1 c2
M= 10+ e =F/TSA . TA . TA ) (B-13)
p H c ci
where —
F/L zAci = flow rate/unit volume of exchanger, lb/hr-cu ft
Aci/rAci = fraction of exchanger in preheat
Acz/EAci = fraction of exchanger in cooling
Nu = Nusselt Number = 4,0 for fully developed laminar flow
in circular channels
k = gas thermal conductivity
Cp = gas heat capacity
171
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APPENDIX C-1l, Derivation of Equations ~ Diffusion-
Controlled Reaction With Heat Transfer
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Consider a simple reactor with the ¥eaction rate controlled by the rate
of diffusion of the reactants to the catalytic wall. The reaction occurs on the
catalyst, and the heat of reaction is released into the sclids and convectively

transferred to the gas under laminar flow conditions in the reactor channels.

In the system below, the cold gas enters the reactor at temperature, Ty;

flow rate, G, 1b/sq ft; and reactant concentration £o; weight fraction.

| SR,

Te, &t

A-23-270

cross-sectional area, sq ft

surface area, sq ft

heat capacity flow, Btu/hr-°F

GA C
c p

heat capacity, Btu/lb-°F

mass flow rate, lb/hr-sq ft

heat transfer coefficient, Btu/hr-°F

heat of reaction, Btu/lb reactant

mass transfer coefficient, cu ft/hr-sq ft

heat release at surface, Btu/hr

gas temperature

Preceding page blank
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To = initial gas temperature

T, = solids temperature
p = gas density

reactant concentration, wt fraction

3
=. Liewis Number = K C h
by Lewis Number = K, p, C, /

The temnperature gradient in the gas stream is determined by the heat
balance:
aT moo
‘CWL_ hAs (Ts T)
At steady state, the heat release to the solids is 2qual to the heat transferred:
Q =hA (T —-T)
8 s'’'s
and the heat release is a function of the concentration:
Q =H K A p ¢
The reactant concentration gradient is —
, d¢ - . Ao b Y p o=
GA, dﬁif -Kg Ay Pg = )i £ =0

o -Kg A Qg x/G‘Ac

- x/L
= gpe” c/
let:ta =K A p /GA o = Bghs g
L C/c
p
B =H KgAgp £, «C _ KeAs PCp
Q =Be -ax/, hA:s" hAs
8
= X
_dT_ 1 - o x/L
IxJi°C " Be
__B - ax/
T 'I“) akerr (1—~e L
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APPENDIX C-2. Derivation of Equations — Diffusion-Controlled
Reaction With Regenerative Heat Exchange (Countercurrent Flow)
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Consider a system similar to the simple heat exchange problem

presented earlier, except that the exothermic chemical reaction takes

Sty BRI RS K

place in Section 2, rather than externally., The reaction occurs on the
surface of Section 2, perhaps catalytically, and the rate is controlled

by diffusion of the reactants to the surface.® Note that the heat exchange

surface in Section 2 is also the diffusion surface. The heat is generated

on that surface by the chemical reaction and is transferred to the gases

a L e ke v e S

by the laws of heat exchange under laminar flow conditions,

St

In the system illustrated below, the cold feed gas enters the system
at temperature T1% It is heated in Section 1 of the reactor with no heat
loss to the surroundings., At point x, the inlet .gas has heen heated to
T, and at the end of the reactor, the temperature is T;f. The gas im-
mediately returns back through Section 2. By the convention of the figure,

the gas temperature at this point is T," and the reactant concentration 1

P T S W A S

(weight fraction) is §o. At point x, these parameters are T and &i and §

at the end of the reactor, T;.f and Ef.

dx
| | /QL =0
T|° 1";{ < T|f7
T! |
v i 5
i -
t . : § Tz°. €°
T2 el e .
& - -
1 |~=posiTve
A-23-269

The equations for diffusion-control are identical to first~order
reaction rate control, so: the derivation is also applicable in that
gituation,

Preceding page blank.
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&

Let
Aci = cross-sectional area of section i
A . = surface area of section i
)1
Ti = gas temperatu‘l:: in section i
Ts = gurface temperature
¢ = reactant concentration, weight fraction
Gi = flow rate in section i
Cpi = heat capacity in section i
Ci = heat capacity flow in section i
= GA. C.,
i Tpi
hi = heat transfer coefficient
Kg = mass transfer coefficient
pg = gas density
Qs = heat release at surface
Hr = heat of reaction
= hydraulic diameter of channel
Nu = Nusselt Number = h dH/k
A = Lewis Number = k C /h
wis Num g pg p/
K = thermal conductivity of gas
dH = 4 Aci L/Asi: d‘H assigned
h = Nu k/dH; Nu = 4 in laminar flow
K = Ah C ; X assigned
g /Pg Cp g

Using the positive direction toward the right, the temperature

gradients in the two sections are ~—

3Ty _
G 3R/n T WAy (T, — )
and
3T
G S =~ s A (T, ~ T
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%
At steady state, the heat release is equal to the total heat transfer: &
|
Ehi Asi(Ts - Ti) = Qs (C-2-3) \
The heat release is — %
Qg = H, (reaction rate) (C-2-4) 3
The reaction rate is the diffusion rate: %
i
rate = Kg ASa pglE — ﬂis) (C~2-5) /
3 ;
- GaAcz 3 x/L :
At g_=0
' Kp A x/GA_L :
E= Ee 8B 5 €2 (C-2-6) ‘
Let
o = Kg Pg Asz/Gz Aca (C,-2-7) ‘
B=H, K, A, Py £ (C-2-8) :
ax/L :
Be + Ih, Asi T, . :
Ty = Th A (C-2-9) :
i sl
From Equations C-2-1 and C-2-2 —
h, A h A
(T~ T 8
_%::7—1)- TTT¢C: : (Ts" T2) - Ch = (Ts = T1) (C-2-10)

Let
2 . "
n; = hi As1’/. Z h As. (C-2-11) :
j=1 i '

- i

Ny =g [/ A+ 1/heA )] (C-2-12) d

;
From C-2-9 — é
B oLy h A, (T, ~ T, 3.

- T. = ] -2~ :

T, = T; = — TEA (C-2-13) g
i ,
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(T = Ta) _ /M o Moy tOx/L_ - -5
. zx T Y - —B(CI + -—c-i) e Ntu('l’z T )(1 C?_) (C-2-14)

= gL ; Nz, =N, (1 -
Let 7, = ~B + s v, = N {1 - /)

Y v
a ox/L a
T = T) = o e — e (@
'yb + O ‘)’b + a
because
T, = T;fatx= L

From Equations. C-2-1 and C-2-13 -

Y Y */Ly  (c-2-17)

h A
=} o
C ax;ri‘ = Th zl [Be x/ L + ha AS (TZ - Tl)]
i“si 2
N, 7 ax/L Y
- 0 M tu ‘a, e 1 a
ﬁeale

Te " mA_ Tha tMh+nT:
81 S2

_gﬁeaax/L

= h; Asx ¥ hz ASz + (M + n2) Ty + N(T2 — Th)

Equations C-2-17, 19, and 21 define the temperatures in the system.

7'a=%(m+m)=%§

lcif = [cel andh =t = by —
t
%
- - B
(T2 T‘)x=0 T Ca
INSTITUTE 0O F

=0

(C-2-15,16)

. %
L N A

D

(C-2-18)

- /L
e X)x —
%

(C-2-20)

(C-2-21)

At

e

{-»Wn\ r—-—-}
R N RN

Ly (c-2-19).

oA

nered

ey

(ea— 1) = adiabatic temperature rise
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APPENDIX C-3. Derivation of Equations — Diffusion-Controlled .
Reaction With Regenerative Heat Exchange (Cocurrent Flow) 3
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Consider a system of regenerative heat and reaction in cocurrent flow, i

‘. |
i { } ag illustrated by the schematic diagram below. This system is very similar by
to the countercurrent system, so only the differences in the derivations will a
: !
\l i .
} [ be presented. ;
‘ ;
] [ :
M i
iy U 7

2
i

i
I
e B
B ST % P - %
e e = [ 3¢
| |
=

_ T
& & T, £ ‘
2 % 2 t
~ = POSITIVE
A o ) A-23-208
_ - 1
(] oF T;}'L- +h,; As; (Ts -~ T,)
. N |
| Rate = G, Acz Y7 —-Kg Pg —Asz £

] § & e~

| 8= B Ky Ay 0,8,

' - -ax/L ,

. 'Ts' (Be * 2:hi. Asi Ti)/zhiAsi

1 h A

. aa('l;:z ._1).- +-——-—Z- (T -~ T) - __.c.:__L (T _-Tl')

. N2 m

. Bl ) |
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'yb = Ntu (1 + GQ/C2)
Ya e"ax/L+be % x/L
Y @ .
N .
+ mB - Ya tu o _ -0y _

Tz'— Tl =

N
- (1-e-7D)
b

me Y N
_m.0 a tu __-ax/
T1-—T1 +(C1C! +yb_a Py )(1 e- I,

o - x/L
= )

1
+b N,
tu( b

_ax/L
T = = e
8 hl A51+ hz AS

+ {na+ m2) T1+ M2 (T2 —T)y)
2 -

7a =-Cﬁ_(n'2—ni); ‘)‘b=2Ntu

T, is constant at Mz = My = 1/2, x = 1.0,and equal to the adiabatic reaction

temperature.

T is nearly constant at X = M1/
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APPENDIX C-4. Derivation of Equations —
Three-Pass Operation
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lc]

d. =1i C. >0
1 1
d = -1if C; <0
C.=G. A .C ..
i i ei pi
arT,
C; 57T = by A4iTg = Ty

hAsi
hi ZA ;= L AGITA, = ny —— = 0y
d 'I‘i
di—a-;_-= O’i(Ts—Ti)
-K p A .6, ¢ & = 1 if reaction
glg sl 17 i
= 0 if no reaction
4.C d ¢,

= K C /n
A g Pg P/

S, = A0,
1 1
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Q = zi;hAsi(Ts_Ti) B ?KgpgAsi 6iHr gi

..;
e )
4 pee e

EO’i(Ts - 'J;i) = zl; A Hr (J‘i 6i €i/Cp -

, L
B; = \H,0/C_ = &, H /C_ !
2 ~T) = )
i°i(Ts T,) ?Biaigi _

g - g0 101

i

3- boundary conditions:

e e LRy F o PRI e B 2 58 Ve o D, AN

elo go - €lf - go

0= g0 e g e

(=]

]

(o)
R

I R St

(=4
[
i
fon
[2 1Y
(.9
1
|
—t

=+ 1

o
w
n
ot
&
|
et

it

f -
£20 ~ & = £30 ™™

£s°

[T TP V. Y AL N

Assign £9 &0, Esf

68, £ e & 4 6383 £5° e” %3V 1

-a.6, y/di .o )
- T6Rt0%9e 11 ‘ Ry

H
1]

RCIHY VPP

i"1°1

To eliminate Ts: = *
, -o, 6. y/4q, -
L 4,dT./dy = Z6R.E0e T 27 1
. 1 1 «+ 1 171 —~J
1 1 i
4

a, dT, 4, dT, :
=2t =2 =Ty — T .
G‘i dy o dy 1 i :
d(T, ~ T1) aT -a. 6. y/d, ] *

T ai —2 + T4 —== 558,60 1 1 7
i dy it Wy T
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6, R £.0 R Za. (T, - T
_ dTy _ _ i i°>i I it T
i dy T4, Tq,
1 -1
.} ) d . d- dl Zdj(Tj - Tl)'
i (T"Tl) +(T"Tl)"‘—."'5.'; TN
% i j
) -a.b, y/d,
§ d __;_ E JBJ£10 e JJ J
J == 6;“' ) =d
) da  dy, 4 d d
= A T = — (=2 . =L
I az2 02 (O’a 0'1) E-if bz 2 O )/?d
L.J
d d
= — (2 8Ly
\ az = — —3' & ) ZHL bs . (03 Ox)/ di
“‘I d d
agz = — (X~ <b) da.
{ i
)
d d
= ...3.. 1
) a33 3 ( l) 2;'5:
L
~ aze(Tz — T1)' + (Tz — T1) + az (T3 — T1)' = b2S
- az2(T2 — T1)' + (T3 — T1)+ ags (T3 — T1)' = byS
B o) = (33232 _ o 7. — To) 4 23 (T, — _baag
N (T3 — T1) = ¢ e ag2)(Tz — T1)' + s (T2 = Ty) + (bs Y™ )S
- Let
i ez = lags + 222 — agz + axn)
= ey = [azz + 3331
. S +[e? — de2 /2

2ex

f.=b, 6. 8. &. + by — by) 6.8, £.%¢./4.
55 b2 858565+ (3 by — asa b) 048, £0a/d,

= fi/(ea aiz aia,'d," —e o Gi/di + 1)
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T, — Th =Aémly +BeDzY+ZTrie

1

Ty — T

i

[T 2 0
+ (by — b2 -;:—) 32613355 e

Boundary

Ty -~ T 1

0aty
0

n

Ty —Tz= 0aty
(Ts ~ Ty) — (T2 ~ Ti) = Caty=

da
(=

: (é.%,

(?z“"‘ ﬁi-

s 4y
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dydaTy _ _ - _ 4z
&) & (Tz ~ T1) — 55

-0, b, y/d4

-a, b, y/d,
R

0

(T2 - i)t (FER —ag) + (T~ T)

(T, - T1}

2

ay

d - = A Dyy e _B__ D2y :
o) (T T,°) = e 5o € o tEre
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